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Abstract

:

In this study, CO2 and SO2 captures from post-combustion flue gas from a pulverized coal-fired power plant were evaluated using deep eutectic solvents (DES) to replace existing mono-ethanol amine (MEA) and CanSolv technologies. The system design of the DES-based CO2 and SO2 capture was based on the National Energy Technology Laboratory’s (NETL) 550 MWe pulverized coal-fired power plant model using Illinois #06 coal. Two of the most studied DES (choline chloride and urea at a 1:2 molar ratio and methyltriphenylphosphonium bromide (METPB) and ethylene glycol at a 1:3 molar ratio) for CO2 and SO2 capture were evaluated for this system analysis. Physical properties of DES were evaluated using both density functional theory (DFT)-based modeling as well as with documented properties from the literature. A technoeconomic assessment (TEA) was completed to assess DES ability to capture CO2 and SO2. Both solvents were able to fully dissolve and capture all SO2 present in the flue gas. It was also found from the system analyses that choline chloride and urea outperformed METPB and ethylene glycol (had a lower final cost) when assessed at 10–30% CO2 capture at high operating pressures (greater than 10 bar). At high system sizes (flow rate of greater than 50,000 kmoles DES per hour), choline chloride:urea was more cost effective than METPB:ethylene glycol. This study also establishes a modeling framework to evaluate future DES for physical absorption systems by both thermophysical and economic objectives. This framework can be used to greatly expedite DES candidate screening in future studies.
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1. Introduction


Carbon capture from post combustion coal-fired power plants and processing facilities will be vital in reducing the amount of greenhouse gases emitted by the energy sector in the U.S. State-of-the-art carbon dioxide (CO2) capture technologies have been primarily focused around amine-based solvents, which accounts for more than 30% capital costs at 700 Million USD (2011) for a 550 MWe power plants [1,2]. This additional cost for carbon capture reduces power plant overall efficiency from 39.0% to 31.2% [1,2]. Moreover, monoethanolamine (MEA), as well as other amine-based solvents, can degrade from a variety of contaminants found in gas, such as SOx or NOx, or through thermal degradation [3,4]. Furthermore, unfavorable side reactions can occur that severely reduce the selectivity of the solvent by causing precipitation or forming inert species that reduce the overall effectiveness of the carbon capture process [5]. The replacement of the amine-based solvents can account for an additional 10% increase of CO2 capture cost [1,2,6]. Moving to a physical absorption process with a solvent that does not react with the common oxygenated species (oxygen, CO2, SOx, etc.) found in flue gas can greatly reduce the cost of carbon capture from both power plants and other industrial processes that produce CO2.



Deep eutectic solvents (DES) are a class of unique solvents comprised with hydrogen bond donors (HBD) and hydrogen bond acceptors (HBA), which minimizes melting points as well as influence other physical and chemical properties of individual substances [7]. Various DES including choline chloride and urea (ChCl:Urea at a 1:2 molar ratio) and methyltriphenylphosphonium bromide and ethylene glycol (METPB:EG at a 1:3 molar ratio) have been reported to be effective for CO2 capture [7,8,9,10,11]. At pressures below 10 bar, ChCl-based DES have been shown to dissolve CO2 at proportions of up to 0.3 moles CO2 per kg of solvent via physical absorption [12]. Chen et al. demonstrated that even simple DES pairs made of dihydric butanols and propanols are able to dissolve 0.14–0.18 moles of CO2 per kg of solvent at 5 atm of pressure [10]. Even a full-scale evaluation of DES has recently been completed on the upgrading of biogas and a review of CO2 removal from gas [13,14]. Chunya et al. found that certain DES can outperform dimethyl ether of polyethylene glycol for biogas upgrading, but that the system was highly sensitive to the viscosity of the selected solvent [13]. Other DES, as well as ionic liquids, have also been shown to capture SO2 at an even lower pressures with higher selectivities than CO2 [15,16,17]. In the case of flue gas remediation, separate processes are used to remove SO2 (FGD unit) and CO2 (carbon capture unit), where a DES-based solvent process could remove both gases in a single process. Though these various studies show promising results in regard to utilizing DES as a more efficient solvent, they are not able to be applied outside of the specific DES that were studied. The field of deep eutectics is both promising and difficult as there are nearly infinite combinations of HBAs and HBDs that can synergistically interact. More advanced screening and evaluations tools must be established, else efforts and resources will be spent fruitlessly on investigating solvents that could be ruled out as ineffective early on in a study.



To the authors’ knowledge, no study on the economic viability of DES for SO2-CO2 capture in a powerplant has been reported. Therefore, basic conclusions on a DES absorption system viability or more complex points such as system sensitivity to thermophysical parameters cannot be made. Furthermore, as the discovery and documentation of DES continues, it is necessary to set thresholds that must be met to achieve an economically feasible process using DES. This study aims to both evaluate currently known and documented DES for SO2-CO2 capture from a 550 MWe powerplant as well as establish the required thermophysical properties thresholds that must be met to consider a DES for further evaluation as a SO2-CO2 solvent. Choline chloride and urea at a 1:2 molar ratio and METPB and ethylene glycol at a 1:3 molar ratio were considered as the baseline solvents for evaluating this study. Both solvent combinations have been studied extensively and have relatively well documents thermophysical properties [8,18]. This study seeks to establish the basis for evaluating DES in physical absorption processes through both fundamental equations as well as an economic analysis framework. Both of these components will be useful for preliminary screening of future DES, as manual evaluation without some sort of framework would be extremely tedious and wasteful.




2. Materials and Methods


2.1. Characteristics of Flue Gas and Baseline Process


The properties inlet flue gas stream for this process was adopted from a model evaluation of power plants performed by the National Energy Technology Laboratory (NETL) in order to compare the DES-based absorption system with the current technology [2]. This evaluation included a technoeconomic assessment of various power plant configurations, and case study B11B (550 MWe, pulverized coal, subcritical powerplant with carbon capture) serves as the baseline for this study [2]. The flue gas stream has a mass flow rate of 2,687,126 kg/hr, with a mass composition of 0.88% argon, 13.76% CO2, 8.31% water, 73.45% N2, 3.4% O2, and 0.2% SO2. SO2 is removed via a wet flue gas desulphurization (FGD) process using a calcium spray that forms gypsum. The SO2 deficient gas is then sent to a carbon removal unit. The carbon rich flue gas a dual-stage absorption-stripper system that uses chemical absorption (MEA-based) to remove the CO2. Overall the baseline system removes more than 99.9% of SO2 and approximately 90% of the CO2. The flue gas stream that enters this eutectic solvation process is taken before either of the flue gas treatment processes, and as such enters at 143 °C and atmospheric pressure.




2.2. Modeling of Deep Eutectic Solvents


Thermophysical properties of DES are not always readily available yet required for the system analysis. Molecular modeling using various software that utilize density functional theory (DFT) can be used in substitution of experiments to estimate these properties. A density function theory (DFT)-based molecular modelling software, CosmoTherm, was used in this study to model DES and estimate thermophysical properties for the DES. CosmoTherm’s TmoleX module was used to create COSMO profiles for DES components. The choline cation as well as the methyltriphenylphosphonium cation were modeled using the Tri-Zeta Valence Polarizable (TZVP) parameters. COSMO profiles of DES are the energetically favorable configuration of the components. TZVP parameter set was selected as it is more flexible and precise when considering electrostatic interactions between molecules. By using the COSMO parameter selection along with the TZVP parameter set, the modeled DES molecules are considered as ideal conductors. On the other hand, chloride, bromide, urea, CO2, and SO2 molecules were used from COSMO’s existing TZVP library. This allows the DES components to capture the correct electronic nature that reflects DESs’ macroscopic behavior such as gas absorption. COSMOThermx18’s gas solubility option was used for determining Henry’s law constants [19,20]. Modeled parameters, as well as other parameters taken from the literature, are shown in Table 1. Though all properties in Table 1 were modeled for this study, those found in the literature supported by experimental data were used preferably when available, with modeled parameters filling in gaps between or beyond the reported experimental conditions [18,21,22].




2.3. Process Model for CO2 Absorption


Dual-Stage DES-Based Absorption System


Both DES selected for this study readily dissolve SO2 more selectively than CO2, even when the flue gas containing only 0.2 vol% SO2 compared to 13.76 vol% CO2. Therefore, a dual-stage system was conceptualized to remove SO2 prior to CO2 from the flue gas. This would also allow the gas capture system to replace the CanSolv system from the NETL model that is used to capture SO2 before the flue gas is sent to the carbon capture unit [2]. The simplified layout of this design is shown in Figure 1, while a detailed layout with heat recovery units is shown in Figure 2. For the purpose of a preliminary screening model, two major assumptions were made:




	
Henry’s law is valid for all absorption and desorption steps. This is justified by keeping the mole% of SO2 and CO2 below 3%.



	
Absorber 2 operates at twice the pressure of absorber 1. This ratio was selected as it was found to be the most efficient in regards to energy demand over a wide variety of CO2 removal rates.








These two assumptions limit the possible applications for most DES systems above 2 and below 30 bars in absorber 2 (where Henry’s law is considered valid with less than 2 mole% solute, and where pressure is above atmospheric). Equations (1)–(3) can be used for determining the removal of CO2 from the feed flue gas from both absorbers. Pressure in absorber 1 is determined from the highest system pressure (which occurs in absorber 2).


   (  Absorber   1  )   N  c  o 2   D  =  (    0.5 × P  H  × C ×  N  DES    )  ×  (     N  c  o 2   0     N  G   t o t a l      )   



(1)






   (  Absorber   2  )   N  c  o 2   D  =  (   P H  × C ×  N  DES    )  ×  (     (   N  c  o 2   0  −   0.5 ×  N  c  o 2   0  × P   H ×  N  G   t o t a l     × C ×  N  DES    )    (  N  G   t o t a l   −   0.5 ×  N  c  o 2   0  × P   H ×  N  G   t o t a l     × C ×  N  DES   )    )   



(2)






    (  System  )   N  c  o 2   D  =  (   P H  × C ×  N  DES    )  ×    (    0.5 ×  N  c  o 2   0     N  G   t o t a l     +    (   N  c  o 2   0  −   0.5 ×  N  c  o 2   0  × P   H ×  N  G   t o t a l     × C ×  N  DES    )    (  N  G   t o t a l   −   0.5 ×  N  c  o 2   0  × P   H ×  N  G   t o t a l     × C ×  N  DES   )    )    



(3)




where,    N  c  o 2   D    is the moles CO2 dissolved in the solvent per hour, P is the pressure in the second absorber in bar, H is the Henry’s law constant inbar/(mole frac), C is the total number of components per mole of DES (#HBA + #HBD),      N  DES     is the number of moles of DES used per hour,    N  c  o 2   0    is the number of moles of CO2 in the feed gas, and    N  G   t o t a l     is the total moles of gas in the feed stream. This is simply a Henry’s law constant calculation that is expanded for a two-stage system in series. Note that pressure in Equations (1)–(3) refer to the pressure in absorber 2, as it will be consistent with all references to the two-stage absorption model unless otherwise stated. These methodologies will focus primarily on CO2 removal efficiency, as both DES remove more than 99% of SO2 even at low temperatures and low pressures. This assumption is further validated by extensive literature covering absorption phenomena of SO2 into various DES [11,15,23].



1. Gas Compression and Drying



The feed flue gas used was consistent with that used by NETL’s 550MW model plant with approximately 90,000 kmoles of flue gas per hour—of which, 13.76% is CO2 [2]. As CO2 absorption is a physisorption process, flue gas needs to be compressed prior to entering the absorption column, whereas the state-of-the-art system (e.g., CanSolv) does not require a compressed feed. The required pressure is determined from Equations (1)–(3) through iterative numerical solution methods. ASPEN Plus V9 was used to model the number, cost, and duty/power requirement of the compressors needed to achieve the desired operating conditions (the pressure of each absorber unit). Consistent with those designed in the NETL model, the compressors modeled here had mechanical and thermal efficiencies of 97% and 89%, respectively [2]. ASPEN modeling was completed using the Soave-Redlich-Kwong (SRK) property set with default binary interaction parameters. Compression was simulated using the default compressor module using the Polytropic ASME method. Equation (4) shows the power required for compression as a function of operation pressure (which is the pressure in the second absorber).


  P c  (  kw  )  =   10    (  −   1.4  P  + 5.4  )    +  (     N  c  o 2   D     N  c  o 2   0    × 14 , 400  )   



(4)




where, Pc is the compressor power,    N  c  o 2   D    is the moles CO2 removed from the feed stream per hour, P is the pressure in the second absorber in bar, and    N  c  o 2   0    is the number of moles of CO2 in the feed gas. The constants in this equation are based off of both the NETL case B11B and ASPEN compressor model [19]. This includes compression of the final product CO2 gas, which is also done in the state-of-the-art system. For a simplified estimation of gas cooling demand, it is assumed that the power required to cool the gas is twice that of the compression power, which was determined from the ASPEN simulations. Heat is recovered from the compressor outlets through heat exchangers that heat various other streams in the system. Figure 2 shows these heat recovery steps. Following compression of the gas, a solid sorbent is used to dry the feed gas in order to preserve the DES solvent, as both DES are hygroscopic [7,24,25]. This unit is modeled as multiple cycled packed bed reactors where overall system performance is considered as constant, and the regeneration energy of the sorbent is assumed to be the latent heat of vaporization of water at atmospheric conditions. Heat duties for both flue and product gases cooling and drying were calculated but found insignificant (at least two orders of magnitude lower) when compared to the other heating duties of the process and the power required for compression and free water removal.



Following the compression and drying process, the feed gas is fed at the specified pressure and 65 °C into the first absorber system. Approximately 93% of the water is removed in the compression process, and overall 99.8% of water is removed before the first absorber by using a desiccator. This results in a flow rate of 9 kmoles water per hour into the absorber unit, which is more than 5000 times lower than the mass flow rate of the DES. Water removal from the DES was not approximated in this analysis since its flow rate was so low and existing literature has concluded that water does not react with the DES examined here, though it can impact thermophysical properties at very high mole fractions [18,21].



2. DES Pumping and Heating



In the process modelling, DES are considered incompressible fluids at constant densities. There is minor change in density over the examined temperature range (25–100 °C) and pressure range (1–50 bar) observed in the literature, but this has minor impact on the overall cost analysis of the system in regards to pumping power [26]. Compression and pumping power required for the DES was calculated using Equation (5).


   P p   (  kW  )  =  N  DES   × M  M  DES   × g ×   15.3 × P      (    3 , 600 , 000   kWs   M W hr    )     



(5)




where, Pp is the pumping power in kW, P is the pressure in the second absorber in bar,    N  DES     is the number of moles of DES used per hour,   M  M  DES     is the molecular mass of DES in kg/mole, and g is gravitational acceleration (9.81 m/s2). For the selected DES, an operation temperature ranging from 25 to 85 °C was sufficient for solvent regeneration. It is assumed that heat capacities of the DES are constant over the regeneration temperature range. Equation (6) and (7) are used to calculate solvent heating and cooling demand, respectively.


   Q  h e a t    (  kw  )  =  Q ˙  ×   hr   3600 s   ×    N  DES   × M  M  DES     E f f i c i e n c y × 0.5    



(6)






   Q  c o o l i n g    (  kw  )  =  Q ˙  ×   hr   3600 s   ×    N  DES   × M  M  DES     E f f i c i e n c y × 0.5    



(7)




where, Qheat and Qcooling are the heating and cooling powers in kW respectively,   Q ˙   is the specfic thermal demand of the solvent in kJ/kg,     N  DES     is the number of moles of DES used per hour, and   M  M  DES     is the molecular mass of DES in kg/mole. The efficiencies for these processes are considered to be 80%, which is multiplied by 0.5 to account for the dual-stage system that requires the heating and cooling to occur twice. Figure 2 shows this heat recovery networking. Note that units such as heat exchanger 7, which have multiple heat recovery steps are modeled as multiple heat exchangers, but for the purpose of simplicity are shown with a single icon. Heat exchanger sizing, pricing, and optimization was all completed in ASPEN, using the model parameters as those used for gas compression in Section Gas Compression and Drying. For the dual-stage system, a counter-current heat exchanger was used to preheat the cold gas-rich solvent with the regenerated hot solvent. It is assumed that 80% of the total energy is recovered from the preheating stage. Since this occurs twice in the process the entire system requires 40% of its total thermal demand as an input (these are parallel heating processes with the absorption process being in series). Further heat recovery is completed by cooling the compressed gas streams using cool solvent rich DES.





2.4. Process Economics


Data from the literature along with ASPEN Plus V9 was used to price each individual units shown in Figure 1 [27]. The energy associated with this operation cost was calculated and subtracted from the gross plant output. The production cost was then calculated assuming the FGD and CanSolv units were completely replaced with the DES two-stage system. Equations (8)–(13) show these calculations.


   C  c a p i t a l    (  June   2011   USD  )  = 1.1 ×  (    592   396    )  ×  (   (  46.4 ×  P p   (  kw  )  + 683 , 000  )  +   log  ( P )  − 0.0352   2.8 ×   10   − 8      )     



(8)






  P O  (  kWe  )  = 606 , 000 −  (  0.321  )  ×  (  3 ×  P c  +  Q  h e a t   +  Q  c o o l i n g    )   



(9)







Ccapital is the capital cost of the system, PO is the plant output in kWe PP is the the total power required for all pumps in the system, and P is the pressure in the second absorber (the highest pressure in the system). Compressor power, solvent heating, and solvent cooling are all in kWe equivalent and refer to the respectively demand of each operation in the entire process. Gas cooling has been lumped into the compressor power demand, thus the coefficient of 3 (based on the earlier evaluation form Aspen that gas cooling was twice that of compressor power across most of the model’s range). All USD values are shown in June 2011 USD (CEPCI = 592). Equations (8)–(11) are derived from NETL’s Case B11B [2].


  P C F =   550 , 000   P O    (  kWe  )     



(10)






  P C B C  (   $  kW    )  = P C F × 1 , 915  



(11)






   C  c a p t u r e    (   $  kWe    )  = P C F ×    C  c a p i t a l    (  June   2011   USD  )    563 , 000    



(12)






   C  t o t a l    (   $  kWe    )  = P C B C +  C  c a p t u r e    



(13)







PCF is the plant correction factor, which accounts for the varying energy demand of the utilities, PCBC is the plant corrected base cost which adjusts the total capital of the entire plant, with 1915 being the contribution of the base case capital, and Ccapture and Ctotal are the capture and total costs respectively in $/kWe. Base case capital includes all items not related to CO2 or SO2 capture from NETL’s case B11B [2]. As the energy demand for the CO2 and SO2 process changes with operation conditions, the overall energy demand of the plant changes. As such, correction factors are considered to adjust the plant size and gross power output to account for these demands. It is assumed that these relatively small changes (usually less than 10%) result in a linear change in operating and capital costs. All calculations were completed using Matlab2017b. For case B11B, which is subcritical operation of a 550 MWe power plant with carbon capture, the total production cost is 3467 $/kWe—of which, $1915 is not directly attributed to SO2 and CO2 removal.




2.5. Parameters for Sensitivity Analysis


Sensitivity of the proposed model was evaluated by worsening and improving important system parameters to evaluate both the importance of those parameters as well as what direction future works should take in regards to improving system performance. Table 2 shows all values for both the baseline and adjusted scenarios. All values were changed independently of one another for this analysis. Henry’s law constant was considered at 100 and 200 bar/(mole frac). This spans the range of solvents discussed in this study, as well as solvents mentioned in other prominent DES literature [12]. CO2 composition was considered at a range of 8–25%. Though flue gas streams in coal-fired power plants will most likely not reach concentrations this high, this does allow the analysis to glimpse into the system’s viability for other applications, such as biogas separation processes [13]. Molar mass of DES was considered at 200 and 350 g/mol (most DES are combinations of 50–150 g/mol solvents). Heating demand was considered at 18 and 30 kJ/kg. These values will vary with a variety of other parameters such as operation conditions and the solvent’s thermophysical properties. While these thermal demands can reach more than 50 kJ/kg, these changes are still significant relative to the base case conditions.





3. Results and Discussion


3.1. DES Solvent Properties


For this study, solvent density, heat capacity, molar mass, and Henry’s law constant for both CO2 and SO2 are needed to complete the process modelling and process economics. A compiled list of solvent properties is shown in Table 1. This list is a combination of both the COSMOtherm modeling results and other studies on DES properties. Please note that Table 1 uses thermal demand rather than heat capacity. This is simply the total energy required to take the solvent from starting to final temperature in the process (25 to 85 °C). The density and Henry’s law constants are in relative agreement with existing literature, with the modeled values in this study only fluctuating slightly from previously reported results, 1185 compared to 1186 g/L and 170 compared to 175 bars/(mole frac) for model and literature values respectively [18,21]. Henry’s law constant for SO2 for both solvents (METPB:EG and ChCl:Urea) were below 1 bars/(mole frac). This resulted in computational errors in Matlab due to the extremely small amount of SO2 left in the gas phase. Thus, it is assumed that all SO2 will absorb into the DES in the first stage.




3.2. Process Design of Dual-Stage CO2 Absorption in DES


Table 3 and Table 4 show the process modeling results for METPB:EG and ChCl:Urea respectively. The most significant difference between the two processes is operation pressure required to meet the CO2 capture requirements (those set for comparing analysis at 10%, 20% and 30%). METPB:EG requires less pressure to dissolve the same amount of CO2 in an equimolar amount of solvent since it has a higher number of components (one HBA and three HBD compared to one HBA and two HBD) while still having a similar Henry’s law constant. However, ChCl:Urea outperforms the METPB:EG in net plant output due to its lower heating demand and solvent pumping requirements, even though it requires more energy for gas compression. METPB:EG has a far higher molar mass and density, and therefore requires far more energy to pump compared to an equimolar amount of ChCl:Urea.



The overall sizes of both systems are determined primarily by the Henry’s law constant. Values smaller than those shown in Table 3 and Table 4 require pressures where the Henry’s law cannot be considered to be consistently accurate. At those smaller system sizes concentrations of CO2 greater than 3% are needed to remove even the lowest amount of CO2 (10%). It is important to also consider that these are simply reference cases of well-established DES, and that this process model is to be used in searching for an applicable DES in the future as new research progresses.



For the total process, the solvent heating into the desorption is the most energy intensive step. This typically accounts for 20–45% of the total energy demand of the system, with variations being due to the wide range of thermal demands required to meet the desorption parameters. Solvent molar mass, Henry’s law constant, and desorption temperature all have a significant impact on the amount of solvent used and the amount of energy required to heat it to fully release the CO2. The compression of the product gas is a significant portion of the overall energy demand as well. These specific conditions for the product gas are considered to match the NETL process report but changing the specifications of the CO2 product would have a significant impact on the total process requirements. The total size of the DES for these particular case studies are relatively feasible (compared to annual production of each chemical) primarily because these chemicals are produced for other applications such as the poultry industry or for antifreeze. For emerging DES, it is important to consider the production demands that would be required for a full-scale application such as gas capture in a power plant.




3.3. Process Economics of Dual-Stage CO2 Absorption in DES


Normalized production cost and normalized plant output for the METPB:EG system are shown in Figure 3. This figure shows the output and cost of the entire power plant assuming that the entire CO2 and SO2 capture system has been replaced with a DES system. Both values are standardized to the base case of B11B. Capture cost increases and net output of the plant decreases as the system size is increased from 20,000 kmoles of DES to 100,000 kmoles DES. These values are normalized to 3467 $/kWe and 550 MWe, respectively. Figure 4 shows the relative efficiency compared to the same case B11B. This relative efficiency is defined as the cost per kWe output. Increasing the size of the system, and consequently decreasing the operation pressure, decreases the relative efficiency of the power plant (energy and capital costs increase more than the reductions caused by a lower operation pressure). A small absorption system (DES less than 40,000 Kmoles) has relative efficiencies above 70%. Table 3 and Table 4 show process and economic data generated for both DES solvents evaluated. Decreasing system size even further would improve these efficiencies by lessening the detrimental impact of solvent heating demand. As the research field surround DES matures and accelerates, it is vital that efforts to apply these solvents are done so efficiently. Therefore, this model could be used to ease solvent screening. To expand upon this, a sensitivity analysis was performed to determine which properties researchers should be focusing on when selecting solvents.




3.4. Sensitivity Analysis


The sensitivity of the model was evaluated using ChCl:Urea as the base model. A tornado plot is shown in Figure 5 detailing the effect of various parameters on the system. Each specific parameter range is shown in Table 2. As is expected, the Henry’s law constant has a large impact on the system’s economic feasibility (relative cost compared to the baseline to achieve a similar result). For this particular usage of Henry’s law constant (bars/(mole frac)), it is expected that as the value approaches zero the absorbed moles approach infinity. This sensitivity is a result of this mathematical effect, though the overall impact of the ability to dissolve CO2 is obviously important for absorption applications. For most of the DES described in the literature, Henry law constants ranging from 80 to 200 bar/(mole frac) can be expected [11,28]. In a similar fashion, changing the CO2 concentration has an almost equally large impact on system feasibility. Typical CO2 concentration ranges expected in flue gases from coal fired power plants are 10–15%, with this analysis being completed towards the upper end of that range [29]. Changing the heating demand of the solvent, even by a significant amount, does not significantly impact the system pressure. As the field of DES research progresses and solvents are optimized, this heating duty may be more important. But given the wide range of DES evaluated here, its effect is muted.



Given the system sensitivity to the operation pressure, factors that lower system operation pressure should be the focus of future research that seeks to apply or evaluate DES for gas capture. To compete with the current state-of-the-art systems, future DES will have to be 2–3 times more efficient at gas capture than choline chloride and urea, with efficiency being the combined effect of all thermophysical properties. Despite the fact that the flue gas stream contains a large amount of inert compounds (approximately 74%), a low concentration of CO2, and is typically exhausted at low pressures, the modeled systems show that DES can be used to obtain relatively comparable results to state-of-the-art CO2 capture technologies. Systems that emit more concentrated CO2 streams would be far more feasible for DES systems to be economically feasible, as shown by the sensitivity analysis. Future research should utilize the model detailed here to screen for solvents that have a low molecular weight, a Henry’s law constant of 80–120 bar/(mole frac) and minimized thermal demands.





4. Conclusions


Though METPB and ChCl solvents have been studied thoroughly for gas capture, evaluation shows that their physical properties prevent them from being economically viable for application to the remediation of flue gas. The Henry law constants and densities are simply too high, requiring high-pressure absorption systems to achieve even 30% CO2 removal. The framework used to evaluate these solvents has shown that significant improvements can be made to the overall system viability by small changes in density, thermal demand between capture and release of gas, and of course the Henry’s law constant. This framework can also be used to quickly screen solvents for potential feasibility in large-scale systems using flue gases. Future works assessing system sustainability can use this framework for narrowing down candidate solvents. Additional work is required for determining DES that would truly out compete state-of-the-art systems.
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Figure 1. DES Dual-Stage Absorption System Simplified Flow Diagram. 
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Figure 2. Process diagram for CO2 and SO2 capture using a two-stage absorption system. 
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Figure 3. Normalized plant output and cost for METPB:EG SYSTEM, values for net plant power output and overall cost are normalized to NETL’s case B11B. 
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Figure 4. Relative plant efficiency for the METPB system; efficiency is calculated from the normalized output and cost values in Figure 3. 
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Figure 5. Sensitivity of analysis to changing solvent parameters; the amount of CO2 present and the Henry’s law constant are the most significant factors affecting price—both of which contribute to operation pressure. 
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Table 1. DES Solvent Properties from the Literature and COSMO.
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	Variable
	METPB:EG
	ChCl:Urea





	C

(Component Moles/Mol Solvent)
	4
	3



	Molar Mass of DES

(kg/kmol)
	543
	260



	Thermal Demand

(kj/kg)
	44.2 [22]
	24.2 [21]



	H(CO2)

(bar/mole frac)
	169
	175 [18]



	Ρ

(kg/m3)
	1240
	1186 [21]
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Table 2. Sensitivity analysis parameters; using ChCl at 10% CO2 removal, 20,000 kmoles DES/hour.
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	Parameter
	Baseline
	Improved Value
	Worsened Value





	Henry’s law constant (Bar/mole Frac)
	175
	100
	200



	CO2 Fraction in Flue Gas
	13.76%
	25%
	8%



	Molar Mass (g/mole DES)
	260
	200
	350



	Heating Demand (kj/kg)
	24.2
	18
	30
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Table 3. Dual-Stage Model output for METPB:EG system at 10%, 20%, and 30% CO2 removal.
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	Fraction Dissolved (     N  c  o 2   D     N  c  o 2   0    )  
	0.1
	
	



	    N  DES     
	Pressure (bar; 2nd Stage)
	Plant Output (kW)
	Cost ($/kW)



	20,000
	13.0
	383,193
	2771



	30,000
	8.7
	373,740
	2814



	40,000
	6.5
	363,433
	2874



	50,000
	5.2
	352,369
	2948



	60,000
	4.3
	340,637
	3036



	70,000
	3.7
	328,316
	3139



	80,000
	3.2
	315,474
	3256



	90,000
	2.9
	302,171
	3389



	100,000
	2.6
	288,461
	3541



	Fraction Dissolved (     N  c  o 2   D     N  c  o 2   0    )  
	0.2
	
	



	    N  DES     
	Pressure (bar; 2nd Stage)
	Plant Output (kW)
	Cost ($/kW)



	20,000
	26.6
	357,713
	3019



	30,000
	17.7
	345,128
	3100



	40,000
	13.3
	332,296
	3198



	50,000
	10.6
	319,231
	3311



	60,000
	8.9
	305,946
	3440



	70,000
	7.6
	292,455
	3586



	80,000
	6.6
	278,770
	3750



	90,000
	5.9
	264,902
	3935



	100,000
	5.3
	250,862
	4145



	Fraction Dissolved (     N  c  o 2   D     N  c  o 2   0    )  
	0.3
	
	



	    N  DES     
	Pressure (bar; 2nd Stage)
	Plant Output (kW)
	Cost ($/kW)



	20,000 *
	40.8 *
	348,454 *
	3131 *



	30,000
	27.2
	334,553
	3231



	40,000
	20.4
	320,539
	3350



	50,000
	16.3
	306,418
	3486



	60,000
	13.6
	292,193
	3640



	70,000
	11.6
	277,868
	3814



	80,000
	10.2
	263,449
	4010



	90,000
	9.1
	248,937
	4232



	100,000
	8.2
	234,337
	4485







* indicates that pressure is too high to assume valid Henry’s law or would require a vacuum for the first stage.
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Table 4. Dual-Stage Model (Choline Chloride:Urea) system at 10%, 20%, and 30% CO2 removal.






Table 4. Dual-Stage Model (Choline Chloride:Urea) system at 10%, 20%, and 30% CO2 removal.











	Fraction Dissolved
	0.1
	
	



	    N  DES     
	Pressure (bar; 2nd Stage)
	Plant Output (kW)
	Cost ($/kW)



	20,000
	17.9
	393,542
	2718



	30,000
	12.0
	394,394
	2686



	40,000
	9.0
	394,748
	2666



	50,000
	7.2
	394,648
	2652



	60,000
	6.0
	394,133
	2644



	70,000
	5.1
	393,238
	2641



	80,000
	4.5
	391,996
	2640



	90,000
	4.0
	390,436
	2643



	100,000
	3.6
	388,587
	2649



	Fraction Dissolved
	0.2
	
	



	    N  DES     
	Pressure (bar; 2nd Stage)
	Plant Output (kW)
	Cost ($/kW)



	20,000 *
	36.7 *
	374,130 *
	2907 *



	30,000
	24.4
	372,370
	2894



	40,000
	18.3
	370,474
	2889



	50,000
	14.7
	368,446
	2890



	60,000
	12.2
	366,294
	2895



	70,000
	10.5
	364,022
	2902



	80,000
	9.2
	361,636
	2912



	90,000
	8.1
	359,139
	2924



	Fraction Dissolved
	0.3
	
	



	    N  DES     
	Pressure (bar; 2nd Stage)
	Plant Output (kW)
	Cost ($/kW)



	20,000 *
	56.3 *
	367,237 *
	2992 *



	30,000 *
	37.5 *
	364,450 *
	2987 *



	40,000
	28.1
	361,604
	2991



	50,000
	22.5
	358,698
	2999



	60,000
	18.8
	355,735
	3011



	70,000
	16.1
	352,716
	3026



	80,000
	14.1
	349,643
	3043



	90,000
	12.5
	346,517
	3062



	100,000
	11.3
	343,341
	3083







* indicates that pressure is too high to assume valid Henry’s law or would require a vacuum for the first stage.
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