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Abstract: Reactor temperature manipulation to increase product yields of chemical reactions is a
known technique used in many industrial processes. In the case of exothermic chemical reactions,
the well-known Le Chatelier’s principle predicts that a decrease in temperature will displace the
chemical reaction toward the formation of products by increasing the value of the equilibrium
constant. The reverse is true for endothermic reactions. Reactor temperature manipulation in an
industrial system, however, affects the values of many variables, including physical properties,
transport parameters, reaction kinetic parameters, etc. In the case of reactive absorption, some
variables change with increasing temperatures due to solute absorption, while others change in
such a way that the solute absorption rate decreases. For example, temperature drop increases
product formation for exothermic reactions but reduces the value of transport parameters, leading
to decreasing interfacial concentrations and absorption rates. Therefore, temperature manipulation
strategies must be designed carefully to achieve the process goals. In this work, we theoretically
study the use of temperature as a tool to increase CO, absorption by solvents in a semi-batch
reactor. A computer code has been developed and validated using reported experimental data.
Calculated results demonstrate an increase in absorbed CO, of more than 28% with respect to
the highest temperature used. Despite high agitation and high gas flow rate, the system is mass
transfer controlled at short times, becoming kinetically controlled as time increases. An operating
strategy to decrease cooling energy costs is also proposed. This study reveals that reactor temperature
manipulation can be an effective process to improve CO, absorption by solvents in two-phase
semi-batch reactors.

Keywords: CO, sequestration; reactive absorption; semi-batch reactor; temperature manipulation

1. Introduction

The Intergovernmental Panel on Climate Change (IPCC) has reported that growth
in anthropogenic emissions has persisted across all major groups of Green House Gases
(GHGs) since 1990. By 2019, the largest growth in absolute emissions occurred for CO,
from fossil fuels and industry, followed by CH4. Based on central estimates only, historical
cumulative net CO, emissions between 1850 and 2019 yield a 50% probability of limiting
global warming to 1.5 °C (central estimate about 2900 Gt CO;) and a 67% probability of
limiting global warming to 2 °C (central estimate about 3550 Gt CO») [1].

A significant reduction in CO, emissions is needed to keep the global temperature
increase below 1.5 °C, 45% by 2030, and net zero emissions by 2050 [2]. In order to
achieve these goals, there is an urgent need for new carbon sequestration technologies or
optimization of existing ones. A commonly used CO; sequestration technology from flue-
gas streams is reactive absorption by selective solvents or blends of solvents ([3-20], among
others). Amines, various blends of amines, and other solvents have been investigated [4-9].
Recently, amino acid solutions have been introduced because they present significant
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advantages over amine solvents (less equipment corrosion, less fugitive emissions, and
more chemical stability) [10-20].

Process intensification is a new engineering technology focused on reducing the
operating and capital costs of industrial processes by the combination of chemical reaction
and separation operations [21]. It is based upon the well-known principle that chemical
reactions can be displaced towards product formation by changing the value of relevant
variables, product/reactant concentrations, temperature, pressure, etc. [22,23]. Temperature
changes can be employed to displace the equilibrium point for both exothermic and
endothermic reactions. A generic reversible chemical reaction with significant heat effects
can be written as [24]

aA+bBE cC+dD+Q 1)

Qs the heat of reaction, positive for exothermic reactions and negative for endothermic
ones; a, b, ¢, and d are stoichiometric coefficients; A, B, C, and D are chemical reactants and
products. In the case of a reversible elementary reaction, the specific rate of reaction for the
limiting reactant A (—7,) is given by [24]

—ra = k¢ (qucg — 1/1<chfchl)) )

Keq is the reversible reaction equilibrium constant, k ¥ and k, are the forward and
reverse specific rate constants for the forward and reverse reactions, respectively, and C; is
the i-component concentration.

Inspection of Equation (1) shows that decreasing Q will tilt the reaction towards
product formation in the case of an exothermic reaction while increasing Q will have the
same effect for an endothermic reaction. In the case of CO, absorption by solvents, the
absorption reactions are highly exothermic; therefore, temperature reduction can lead to
increased CO, absorption. However, a typical reaction scheme for CO, absorption involves
several different reactions. In this work, we use CO, absorption in water-monoethanol
amine (MEA) solutions. This reaction system is well-studied in literature, and there is an
adequate amount of kinetic parameter values available [4,8,25,26]. Gabitto and Tsouris [8]
proposed the following reaction scheme:

CO»(aq.) + 2RNH, £+ RNHCOO™ + RNHZ 3)
CO(aq.) + HoO & HCO;~ + HY @)
COy(ag.) + OH™ & HCO,~ ®)

H,0 & it + OH- ©6)

RNH{ & RNH, + H* )
RNHCOO™ + HyO £8 RNH, + HCO;™ ®)
HCO;~ +OH (ag.) & CO3% + H,0 )

Equation (3) represents the main CO, absorption reaction by MEA. The reaction
proceeds through a non-elementary mechanism that leads to the formation of an MEA
carbamate (RNHCOOQO™) and protonated MEA (RN H;“ ). Equation (5) represents the main
CO; absorption reaction in alkaline solutions. Equation (4) has been added for completeness
as its contribution to absorption is almost negligible compared to Equation (5). The rest of
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the equation has also been added for completeness; however, these equations can explain
some interesting behavior of the absorption system that was observed experimentally. A list
of all chemical compounds present in the gas and liquid phases is included in Table A1 in
Appendix A. A complete list of formulas used to calculate the equilibrium constant values
is shown in the Supplemental Information (SI) file. Using these formulas, we calculated
equilibrium constant values vs temperature, and the results are shown in Figure 1. The
calculated values have been plotted using a logarithmic scale to depict values that differ by
several orders of magnitude. In the logarithmic plot, the temperature variation with the
inverse of temperature (1/T) is given by a straight line. Positive slopes represent exothermic
reactions, while negative slopes represent endothermic reactions. The results in Figure 1
can be used to analyze the temperature behavior of all the chemical reactions involved in
the process. The CO; absorption reactions, Equations (3) and (5), are highly exothermic,
while Equation (4) is almost independent of temperature variations, and the other reactions,
Equations (6)—(8), are endothermic. The variation in the values of the equilibrium constants
with temperature will be a key factor in evaluating the behavior of the reaction scheme
given by Equations (3)—(9).

1.E+00
1.E-08.0
1.E-02
1.E-03
1.E-04
1.E-05
1.E-06
1.E-07
1.E-08

1.E-09

D28  0.0029 0.0030 0.0031 0.0032 0.0033 0.0034 0.0035

— ¢ ¢ Gmmms ¢ o emmms ¢ o Gmmms ¢ ¢ Gmmmm ¢ ¢ Gmmm ¢ ¢ Gmmm + ° emmm ¢ ¢ emmm o o — 1/—|— (K_l)
| —_—Kl — K2 ee=-- K3 = —=K4 ceeeese K5 coceeeee K6 |

®ecees
LK X I
L X
oo

— —
— —
—
—
—
—
—
—
—
—
— —
— —

Figure 1. Temperature variation in the equilibrium constants for MEA reactions with CO,.

Recently, Jang et al. [27,28] used a 3-D printed packing device to improve heat and
mass transfer during reactive absorption of CO, by a low-aqueous solvent, i.e., a solvent
containing a small fraction of water. This packing device had channels in the interior of its
corrugated plates that allowed a flow of cooling fluid to remove the heat released by the
exothermic reaction of CO, with amines. Because of the heat and mass transfer enhance-
ment afforded by the 3-D printed packing device, it was termed an “intensified packing
device”. The authors reported improved thermal management along an 8-inch diameter
packed column via intra-stage cooling and a significant increase in the amount of CO,
absorbed, up to 25%, compared to the same system without cooling. However, in packing
column separators, a complex thermal behavior is observed. The presence of a temperature
bulge that appears in different positions inside the columns depending upon operating
conditions, solvent physical properties, and CO; loading has been reported [29,30]. The
absorber performance seems to be independent of the bulge location when it is in the top
or in the bottom of the column, while it affects the performance when located in the middle.
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The ratio of liquid /gas flow rates (L/G) plays an important role in column performance.
There is a critical L/G value that gives a maximum bulge temperature near the middle of
the absorber. The magnitude of the bulge temperature is increased by solvents with higher
heats of absorption and by higher gas phase CO; concentrations. At lower L/G ratios, the
temperature of the bulge is somewhat smaller and appears nearer the top of the column. At
greater values of the L/G ratio, the bulge temperature is substantially smaller and appears
at the bottom of the column [30]. The position of the temperature bulge also varies during
column operation, complicating column design [29]. The set of operating conditions used
by Jang et al. [27] in their experiments located the bulge close to the top of the column, and
this was the reason for the increased performance observed. However, other operating
conditions can require complex design procedures to determine the exact position of the
temperature bulge [29]. Furthermore, packing columns have constraints on the amounts of
gas and liquid phases that can be treated due to the flooding phenomenon [4,8].

The goal of this project is to improve the performance of CO, absorption industrial
processes by manipulating the temperature of the chemical reaction system. We aim to
increase the percentage of absorbed carbon dioxide and reduce operating costs.

Considering the complexity of thermal management in packing columns, we decided
in this project to use a two-phase semi-batch reactor. This reactor is widely used in industry,
especially in biotechnology-related operations [31]. The liquid phase is stationary, while
there is a continuous flow of a gas phase. This reactor, see Figure 2, has a jacket that
allows good cooling and/or heating conditions. The presence of a mechanical stirrer and
appropriate baffle design helps to achieve good mixing and homogeneous property values.
The gas phase is introduced through a distributor that allows the formation of bubbles of a
certain size and controls the bubble size distribution. The bubbling gas phase also produces
agitation of the liquid phase, contributing to further reduction in heat and mass transfer
limitations [31-33]. High gas-liquid heat and mass transfer areas can be achieved by the
selection of small bubble diameters [34].

Gas flow
E—

Stirrer \

Cooling fluid out == /
Cooling

/ Liquid phase

Cooling fluid in ==

Gas flow in = N Gas distributor

Figure 2. Two-phase semi-batch reactor.

2. Materials and Methods
2.1. Chemical Reactor Mass Balance Model

In this work, we follow the experimental and theoretical study reported by Gabitto
et al. [34] using a two-phase semi-batch reactor. The authors proposed a simulation model
for the process and found good agreement between the results calculated using their reactor
model and experimental data. CO, gas-liquid reactive mass transfer was modeled using
the two-film model, which assumes interphase mass transfer only by molecular diffusion
in two thin layers on both sides of the interphase [35,36]. This model defines mass transfer
coefficients in each thin layer, kg for gas and k; for liquid. Increased transport due to CO;
absorption reactions is accounted for using an enhancement factor (E) defined as the ratio
of mass transfer with and without chemical reaction [36,37]. Chemical reactions occur in
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a thin film on the liquid side of the interface. Gabitto et al. [34] assumed instantaneous
reaction and ideal mixing inside the reactor, leading to constant concentrations throughout
the reactor and equal to the concentrations in the exiting stream. The authors proposed the
following mass balance equations in the liquid phase:

aC!

= = Nigiff + Reen,i (1-¢) (10
aC! .
T = taEne(C ~ )+ Rens(1 -5y "

Cll- is the liquid phase concentration, Cllf* is the liquid phase equilibrium concentration
at the gas-liquid interphase, a,, is the interphase area per unit volume, ¢, is the gas hold-up
defined as the ratio of gas volume to the total volume (Vg/VT), Rgen,i represents moles of
species-i generated /consumed by interphase reaction per unit volume and Nj 47 is the
molar flow of component-i from the gas into the liquid phase given by

Niiirs = kiEaw (Cll* - Czl) (12)

The enhancement factor (E) is given by [33,34]

\/Dcoz (klfCL}MA + k3fCIOH* + k4fC1HzO)

1
kCOZ

E=Ha=

(13)

Dcoz is the diffusion coefficient, and the various ki are the forward-specific reaction
rate constants Equations (3)—(5). The Hatta (Ha) number is a measure of the amount of
dissolved gas that reacts inside the diffusion film near the gas-liquid interface compared
to the amount that reaches the bulk of the solution without reacting. When Ha > 2, the
enhancement factor E is directly equal to the Ha number [36].

In the gas phase, a mass balance for species-i leads to

led v

We replace N 4iff using Equation (12) to obtain:

a&?f = (= Clous) — k(" =) (15)

s CS

H is the reactor height, u g is the gas superficial velocity, and C 107 Ciout

and output gas phase concentrations of component i, respectively.

are the input

2.2. Chemical Reactor Energy Balance Model

We showed in the introduction section that some of the reactions given in the reaction
scheme are highly exothermic; therefore, an energy balance must be solved to consider
temperature changes. There is also significant mass transfer of the liquid solvent molecules
(water and MEA) into the gas phase. These mass flows involve significant energy changes
as the latent heat of the liquid side molecules must be provided [4,8,34]. Gabitto et al. [34]
reported the following energy balances in the liquid and gas phases:

I_ T8
E)T’ AHmpi AHpg (T T )
O Y Nigipr— 21 Neopditf—— R Urap~——— 2 16
o ). idif cict, cordiff = cicl; T =Tl (16)



Energies 2023, 16, 6522 6 of 18

C8ocse T — T8
@:< §Zl"g§1_Tg>+uTaw< - g) (17)
ot Zl Ci Cpi Z:l Cz Cpi

Cii and C;;i are the heat capacities of the i-component in the mixture, Cfo is the
concentration of the i-component in the input gas phase, Cif is the heat capacity of the
i-component in the input gas stream, Ur is the global heat transfer coefficient, AH;, ; is
the heat of vaporization for the i-liquid solvent chemical species, T is the temperature of
the input gas stream, AHp, is the heat released by the chemical reaction, and u¢ and u; are
the superficial velocities of the gas and liquid phases, respectively. The i-molar flow term
(Nigiff) is given by Equation (12). The CO; molar flow term (Ncoa 4iff) is given by [34]

Ncozdiff = —ktop EawH CE o, (18)
klCO2 is the liquid-side CO, mass transfer coefficient.

2.3. Parameter Estimation

The implementation of the two-phase batch reactor model requires the evaluation of
several different parameters. For the sake of completeness, we list some here. A complete
list can be found in Gabitto et al. [34].

The overall gas hold-up (e4) was calculated using the following correlation [38]:

024 0.65

eg = 22.4(Py/ V)"l (19)
V} is the liquid phase volume and P; is the power consumption given by [39]
P/ Py = 0.309 + 0.691 exp (—0.0020551556) (20)

where F is the dimensionless gas flow number and P, is the power consumed by the
impeller in the absence of the gas phase.
The average diameter of the bubbles (d}s) was calculated using [40]

‘713/5 1/2
dys = 425———L— ¢ (21)
/5%
P13/5 (Pg/Vl)

07 is the liquid phase surface tension and p; is the liquid phase density.
The liquid side mass transfer coefficient (k;) is calculated from [38]

ki = 0.0218(Py/ ;) > ud® (22)

3. Results and Discussion

A modified version of the custom-made computer code developed by Gabitto et al. [34]
was used to implement the reactor model. The authors validated their model by comparison
with their experimental data [34], as well as literature data [4,41]. More information about
the validation procedure will be provided below. The input data used in the simulations
are shown in Table 1.

The efficiency of the absorption process is reported in this work using the CO; load
defined as the summation of the concentrations of all compounds containing CO,, including
RNHCOO™,HCO5;~,C0O5%~, and CO, (ag.), divided by the initial MEA concentration. The
total concentration of all chemical compounds that contain CO; is also used to quantify the
absorption process. Typical simulation results for constant liquid phase temperature are
shown in Figures 3 and 4. The concentrations of the OH™ and H" ions are not shown as
their concentrations are very small.
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Table 1. Typical set of values used in the simulation of a semi-batch reactor.

Parameter Units Default Value Range

Reactor Volume (V) m3 1.0 x 1073 0.5x 10732 x 1073
Blade Height (b;) m 0.02 0.01-0.04

Impeller diameter (d;) m 0.05 0.01-0.1

Tank diameter (dt) m 0.10 0.05-0.20

Gas flow rate (Qg) m3/s 3.34 x 107 1.67 x 1075-8.34 x 105
Input CO, molar fraction (xCO;) - 0.12 0.02-0.2

Initial pH - 11.7 10-14

Rotational speed (N) 1/s 6.67 1.67-13.34

Initial MEA concentration mol/m3 2000 1000-4000

In Figure 3, it is shown that the CO, absorption by MEA, Equation (3), is the main
reaction until 3000 s. This reaction consumes MEA (RN H») while producing approximately
equivalent amounts of carbamate (RNHCOO™) and protonated MEA (RNH ;r ). At longer
times, the amount of MEA is very small, and the production of HCO3™~ becomes the main
reaction. The carbamate (RNHCOO™) concentration decreases by the reaction given by
Equation (8). After times longer than 6000 s, equilibrium is reached. This behavior agrees
well with the values of the equilibrium concentrations reported in references [4,41] for the
case of CO; loads bigger than 0.55.

In Figure 4, we show similar results for CO; loads smaller than 0.55. In this case, the
concentration of MEA does not decrease as much as in the previous case, and there are
contributions from Equations (3) and (5) until equilibrium is achieved. This behavior also
agrees well with the values reported in references [4,41] for CO; load values smaller than
0.55. The authors validated their simulation results by comparing their calculated results
for several CO, load values against the ones reported by Greer [4].

1200.0
T=303K

1000.0° R —— RNH2 — .- RNH3+

600.0
400.0 r

200.0

Main Chemical Compounds (Mol/m?)

0.0 & E—
0 2000 4000 6000 8000
Time (s)

Figure 3. Time variation in chemical compound concentrations in liquid phase for CO; loads bigger
than 0.55.
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Figure 4. Time variation in chemical compound concentrations in liquid phase for CO, loads smaller
than 0.55.

A set of simulations for constant liquid phase temperature are shown in Figures 5-9.
The CO; absorbed in the liquid phase is stored as MEA carbamate (RNHCOO™), bicar-
bonate (HCO3 ™), carbonate (CO32*) and free CO, dissolved in the liquid phase (CO(aq.)).
However, at the pH values used in the simulations, most of the CO; is stored as MEA
carbamate and bicarbonate.

Figure 5 shows the total CO, concentration in the liquid phase at different constant
temperatures. The temperature inside the reactor is maintained constant by heat exchange
with the cooling jacket. Results depicted in Figure 5 show that at times below 3000 s, there
are no significant differences in the absorbed amounts of CO; for the different temperatures
used in the simulations. At longer times, there is an increase in absorbed concentrations for
lower temperature values. At times longer than 6000 s, constant concentration values are
achieved in all cases. The long-time results indicate that equilibrium has been achieved in
all cases. This conclusion was confirmed by comparison of the values of the equilibrium
constants calculated by the formulas presented in the supplemental materials and the
ones calculated using the equilibrium values of the concentrations of the chemical species
appearing in Equations (3) and (5) for all temperatures. The results presented in Figure 5
also show that equilibrium is reached faster at higher temperatures. This behavior is
produced because the rate of reaction depends upon the value of the forward equilibrium
constant (kj) in all cases. The formulas reported in the supplementary materials show
that all the values of specific rate constantly increase with increasing temperatures. In
conclusion, decreasing temperatures produce higher CO, absorption due to the increased
value of the equilibrium constants for the exothermic reaction given by Equation (3).
However, decreasing temperatures delay equilibrium as the forward-specific rate constantly
decreases in value.
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Figure 5. Time variation in total CO, concentration in the liquid phase for different temperatures
(Initial CMEA = 1 M).

— .- T=313K
—--T=328K = e —_— i —_—_ = -
—T=303K

/

- =T=333K
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Figure 6. Time variation in bicarbonate concentration in the liquid phase (Initial CMEA =1 M).

Similar results for bicarbonate absorption are presented in Figure 6. The time behavior
of the variation in the bicarbonate concentration with time is like the one shown in Figure 5.
At long times, equilibrium is reached, but the bicarbonate process requires longer times
to reach equilibrium than MEA carbamate formation. Bicarbonate formation is driven
by high pH, and there is still non-negligible CO, absorption for pH values above 7. The
results presented in Figure 6 also show that higher absorption is achieved at lower tem-
peratures, reflecting the increase in equilibrium constants as the temperature is decreased.
A comparison of the results presented in Figures 5 and 6 shows that the MEA carbamate
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concentrations are more than an order of magnitude higher (>13 times) than the bicarbon-
ate concentrations. Therefore, MEA carbamate formation is the principal mechanism of
CO; absorption.

The results depicted in Figure 5 show that at short and medium times, the amount
of CO, absorbed is practically independent of temperature at short times, and there is a
small increase as the temperature increases until equilibrium is reached. To find the reason
for this unexpected behavior, we carried out simulations calculating the absolute values
of mass transfer and reaction rates for all times. Typical calculated results are shown in
Figure 7. At short times, both the mass transfer and the reaction rates have the same value.
The developed computer code operates by comparing both values and selecting the smaller
value. This value determines the controlling mechanism, kinetic or mass transfer control,
and then calculates all concentrations using the controlling mechanism value. In conclusion,
an equal value means that the system is mass transfer controlled. At short times, mass
transfer rates increase only slightly with increasing temperature, and the calculated concen-
tration values at different temperatures are very similar. At longer times, the reaction rate
decreases in value due to the decrease in reactant amount (RN Hj) and the system becomes
kinetically controlled; however, CO, absorption is driven by the value of Equation (3)
forward specific reaction constant that increases in value as temperature increases. Once
equilibrium is reached, the value of the CO, absorbing species is determined by the values
of the equilibrium constants that are higher for smaller temperatures.

0.20

0.18

O Mass Transfer (333 K)

0.16 = = =Reaction (303 K)

~ 0.14 —— Reaction (333 K)
n A Mass Transfer (303 K)
Z 0.10
= 0.08
% 0.06

0.04

0.02

0.00 o MR B AN R

0 2000 4000 6000 8000 10000

Time (s)

Figure 7. Comparison between mass transfer and reaction rates for different temperatures.

Another product of CO; absorption by MEA is protonated MEA (RN H'), Equation (3).
The time variation in the concentration of protonated MEA is shown in Figure 8. The results
depicted in Figure 8 show that the time variation in protonated MEA concentration is equal
to the formation of MEA carbamate. However, the concentration values of protonated
MEA are higher than the equivalent values of MEA carbamate produced. This difference
can be explained if we consider that protonated MEA also depends upon the pH values
through Equation (7). An increase in the protonated MEA values suggests that Equation (7)
is displaced to the left during the process. This change will produce an increase in the
number of protons (H T) and, therefore, a decrease in pH. The value of protonated MEA
concentration also increases as the liquid phase temperature decreases.
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Figure 8. Protonated MEA concentration in the liquid phase vs time.
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Figure 9. Time variation in solvent pH at different temperatures.

The variation in pH with time and temperature is shown in Figure 9. The results
presented in Figure 8 show that, for a constant temperature, the pH decreases continuously
as COy is absorbed. However, for different temperatures, the pH values increase as the
temperature decreases during the transient period at time values smaller than 6000 s. After
equilibrium is reached, time > 6000 s, the pH values decrease as temperature decreases.

In Table 2 we present a summary of typical results for constant temperature operation
and different values of liquid phase temperatures and initial MEA concentration values.
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Table 2. Typical simulation results calculated for a semi-batch reactor (Tg = 333 K, Qg =334 x 1079 m3/s,
and rpm =400 1/min).

CMEA T, (K) pH CO; Load Total Ccqop Extra Ccqop
(mol/m?) 1 ) ) (mol/m?) Absorbed (%)
1000 303 7.19 0.633 633.0 28.7
1000 313 7.28 0.581 581.0 18.1
1000 323 7.40 0.535 545.0 10.7
1000 333 7.50 0.492 492.0 0.0
2000 303 7.24 0.570 1140.0 25.0
2000 313 7.32 0.540 1080.0 184
2000 323 7.42 0.510 1020.0 11.8
2000 333 7.55 0.476 912.0 0.0
4000 303 7.29 0.535 2140.0 23.0
4000 333 7.54 0.435 1740.0 0.0

The results presented in Figures 5-9 and Table 2 demonstrate that CO, absorption
increases as the liquid phase temperature decreases once steady state is achieved. The extra
amount absorbed is more than 28 % with respect to operation at the highest temperature
(333 K). The behavior is produced by the increase in the equilibrium constant values given
by Equations (3) and (5). This finding creates the possibility of increasing absorption
by reaction temperature manipulation. However, some practical problems remain. In
all our simulations, we maintained the liquid phase constant by adequate cooling. In
typical industrial processes, the gas phase is at high temperatures [27,28]; therefore, a
significant energy expense could be required to achieve the necessary lower temperatures.
Procedures to reduce this cost are necessary. Inspection of Figures 5-9 shows that, for
this reactor, CO, absorption is cumulative and reaches an equilibrium (saturation) value
beyond which there is negligible additional absorption. An analysis of the heat transfer
processes in the liquid phase shows that there are three main heat transfer mechanisms:
heat generated by exothermic chemical reactions, heat used to vaporize the molecules of
liquid solvents, and sensible heat exchange between the gas and liquid phases. The solvent
temperature increases by the heat released by the exothermic reaction’s decrease due to the
latent heat of vaporization of the solvent into the gas phase and typically will increase or
decrease by heat transfer between the gas and the liquid phases. Considering the three heat
transfer mechanisms, a moderate increase in the liquid temperature can be expected in most
practical cases. If this is the case, it is possible to start reactor operation without cooling
and start the cooling process later. The energy savings by not cooling the reactor at short
times can exceed the extra energy expenses by starting to cool the reactor at longer times or
higher temperatures. Extra energy savings can be obtained by stopping reactor operation
once equilibrium is achieved. This cooling strategy was tested by running simulations
where no cooling was applied for the first 3000 s, and at that time, cooling heat transfer
was started. The results are presented in Figures 10 and 11.

A comparison of the time variation in total CO; concentration with total and partial
cooling of the reactor is shown in Figure 10. In the case of partial cooling, the reaction
is run without cooling until equilibrium is achieved for the highest temperature (333 K),
approximately 3000 s for a 1 M initial MEA concentration. After this time, cooling is started
at the lowest temperature (303 K) used in our simulations. The results presented in the
figure show that there is little difference in CO, absorption for both strategies. Furthermore,
the simulation results show that after 6000 s, right before equilibrium is reached, there is
only a small increase in CO; absorption. Therefore, it is possible to achieve similar CO,
loads using cooling during the whole operation and using cooling only during the interval
from 3000 s to 6000 s. The cooling savings by using this strategy will be approximately
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50% of the total. This behavior is produced because the heat released by the exothermic
reactions is partially offset by solvent evaporation at short times and heat transfer between
both phases. There is a small increase in temperature in the liquid phase, reducing the
value of the equilibrium constant, but this temperature increase does not significantly
reduce CO, absorption at short times. Starting cooling right before equilibrium is achieved
reduces the liquid phase temperature, which increases the equilibrium constant without
significant differences from the long-time behavior with total cooling. In Figure 11, we plot
the temperature evolution for both strategies. We can see that there is a moderate increase
in temperature, from 333 to 337 K, without cooling at short times, but the main effect of
this temperature increase is a faster CO, absorption than in the case of total cooling. The
temperature behavior at short times has no effect on the final equilibrium values as the
system is far away from equilibrium.

The calculated results presented in Table 2 show that an increase in the initial MEA
concentration results in a lower CO, load. In Figure 12, we plot the total CO, concentration
for different initial MEA concentrations. It is shown in Figure 11 that there is a significant
increase in the total CO, concentration values with increasing initial MEA concentrations.
However, the results presented in Figure 11 also show that there is a significant increase
in the time needed to reach equilibrium. Inspection of the results reported in Table 2 also
shows that there is a decrease in the CO, load as the initial MEA concentration increases. To
reach an optimum absorption process, these effects must be considered carefully because
they work in opposite directions. Operation at low initial MEA concentrations produces
higher loads, and equilibrium is reached faster; therefore, several batches can be run
during the operation time of a higher MEA concentration process. A higher initial MEA
concentration operation, however, absorbs a higher amount of CO; than a lower initial MEA
concentration process; therefore, during the required MEA regeneration step, significant
savings may be achieved by dealing with one batch of a concentrated solution and not
several batches of a more dilute solution, with all batches having similar volumes. It is
beyond the scope of this study to conduct a quantitative analysis of the costs involved;
however, the presented results support the use of temperature manipulation to increase
CO, absorption and lower operating costs.

700.0
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Cooling
point
55000 F 7 N e e e e e e e e e e e e e e =
£
o
= 4000
o ——T=303K
© 300.0 |
= - --T=333K
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Figure 10. Time variation in total CO; concentration with and without cooling.
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Figure 11. Temperature variation vs. time with and without total cooling.
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Figure 12. Total CO, concentration variation for different initial MEA concentrations.

4. Conclusions

The influence of reaction temperature manipulations to increase product yields has
been numerically studied. A theoretical model of the operation of a semi-batch reactor
has been implemented in a custom computer code. The model has been validated against
experimental and literature data. The calculated results agree with the theoretical predic-
tions that, in the case of exothermic reactions, a decrease in the liquid phase temperature
will increase CO; load by increasing the value of the equilibrium constant. The results
also agree with theoretical predictions that as the liquid phase temperature decreases, the
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time needed to reach equilibrium increases. Based on the calculated results, a strategy to
increase product formation while reducing cooling costs can be proposed. CO, absorption
can be increased by more than 28% by reducing 30 °C the operating reactor temperature.
The selection of optimal times to start and finish the cooling process is critical to produce
significant energy savings, up to more than 50% compared to total cooling. It is recom-
mended that the reaction process is initiated without cooling. The cooling process should
be initiated right at the point when equilibrium will be reached without cooling. Our
simulation results showed that the cool-down liquid phase will behave similarly to an
equivalent system with cooling during the whole reactor operation.

High initial MEA concentration operations reduce the CO, load but increase the
absolute CO, amount absorbed and the time required to achieve equilibrium. The design
of an optimum absorption process requires careful balancing of these opposed effects. The
results presented in this study support the use of reactor temperature manipulation to
increase CO, absorption and lower operating costs. The development of more efficient
capture processes, especially from concentrated point sources, can lead to a substantial
reduction in carbon dioxide emissions.
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Nomenclature

Ay Interface area per unit volume (m~1)

b; Blade height (m)

Cf.‘ Concentration of i-species in k-phase (mol m~3)

C;g Species-i gas phase concentration (mol m~3)

Cf Species-i liquid phase concentration (mol m~3)

Cf’* Species-i liquid phase equilibrium concentration (mol m~3)
C;g n Input gas phase concentrations of i-component (mol m3)
C?Out Output gas phase concentrations of i-species (mol m~3)
C‘gi Heat capacities of the i-component (J mol~! K~1)

C,lgi Heat capacities of the i-component (J mol~! K1)

dps Gas bubble Sauter diameter (m)

D¢ Column diameter (m)
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Dcoz CO, diffusion coefficient (m2 s~ 1)

d; Impeller diameter (m)

dr Reactor diameter (m)

&g Gas phase hold-up (Vg/VT)

E Enhancement factor (dimensionless)

F Gas flow number (dimensionless

H Reactor height (m)

klCOZ Liquid-side CO, mass transfer coefficient (m s~

k g Forward specific reaction rate constant (m? mol~ 1 s 1)
ky Reverse specific rate constant (m3 mol—1s71)

K; Equilibrium constant for i-reaction (variable)

MEA Monoethanol amine

N Rotational speed (rps)

Nidiff Molar flow of component-i from the gas into the liquid phase (mol m~3 s~ 1)
Pe Power consumed by the stirrer with gas phase present (W)
pH Liquid phase pH (dimensionless)

P, Power consumed by the stirrer without gas phase (W)
Q Heat of reaction (J mol~1)

Qg Gas flow rate (m3 s~ 1)

R Alkyl group

Reen,i Mols of species-i generated by chemical reaction (mol m~3 s~ 1)
T3 Temperature of the gas phase (K)

T$ Temperature of the input gas stream (K)

T! Temperature of the liquid stream (K)

Ur Global heat transfer coefficient (] m~2 K~1 s~1)

Ug Gas superficial velocity (m s~1)

u; Liquid superficial velocity (m s~1)

\% Liquid phase volume (m3)

Vr Total reactor volume (m?)

Greek letters

AHuyap,i Heat of vaporization for the i-species (J mol~1)

AHg Heat released by chemical reaction (J mol~1)

01 Liquid phase density (kg m~3)

o Liquid phase surface tension (N m~1)

Appendix A

Table Al. List of compounds participating in the reaction scheme.

Compound N° Gas Liquid

1 N> () MEACO, ™~
2 0 (g) MEA*

3 CO» (g) HCO;3™

4 H,0 (g) OH~™

5 MEA (g) MEA (aq.)
6 - CO; (aq.)
7 - H*

8 - CO;32~
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