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Abstract

:

The energetic assessment of biomass conversion processes is important for evaluating their application potential. Process energy efficiency is often evaluated based on simulation results for processes under idealized conditions. The present work uses data from a laboratory plant to perform an evaluation of the supercritical water gasification (SCWG). For this purpose, experiments were conducted with two types of feedstock, Reed Canary Grass and ethanol. Under the present lab-plant configuration, a cold gas efficiency of up to 79% could be reached, which is comparable to the gasification of biomass in fluidized-bed gasifiers or entrained-flow gasifiers. Based on the obtained data on the produced substances and their distribution, a scale up to pilot plant size was conducted. A model was derived from the available data to energetically assess different SCWG plant sizes based on real laboratory results. This model can be transferred to other feedstocks and other process designs to approximate the optimal size for the used biomass feedstock. The importance of heat recuperation in this process is described in detail based on pilot-scale data.
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1. Introduction


Supercritical water gasification (SCWG) is a process that converts organic materials into a gas by exposing them to supercritical water that has been heated and pressurized beyond its critical point (T > 374 °C, p > 22.1 MPa) [1]. In this state, water no longer behaves as a liquid or a gas, but rather as a unique supercritical fluid [2]. Due to the characteristics of supercritical water, organics dissolve well in it [3,4]. Thus, the organic material is rapidly decomposed in the supercritical water via hydrolyzation reactions, producing a mixture of hydrogen, carbon dioxide, carbon monoxide, and methane, along with small amounts of other gases [5,6,7,8]. One of the major advantages of supercritical water gasification is that it can process a wide variety of organic materials, including agricultural waste and sewage sludge without the need for extensive pre-treatment [9,10,11]. This makes it a potentially useful tool for waste management and resource recovery.



However, supercritical water gasification is a demanding process. SCWG was proposed in the late 1970s by M. Modell, who conducted the first experiments on glucose conversion via SCWG [12]. Despite years of research, no commercial SCWG systems have been developed until now. Laboratory-scale experiments use different types of reactors, including batch reactors (e.g., autoclaves), tube reactors, and stirred-tank reactors [9,13]. There are several pilot-scale plants operating globally, including the VERENA plant at the Karlsruhe Institute of Technology, which is the first pilot plant for SCWG, and has a capacity of 100 kg h−1 of feed slurry [7,14]. In the Netherlands, an industrial plant that is able to process 16 t h−1 of waste per hour is being engineered [15].



The calculation of the energy consumption of conversion technologies is important in order to be able to compare them with existing technologies in terms of production costs and profitability. In the literature, little information is available on the energetic assessment of SCWG plants. Boukis et al. described the energy flow for the gasification of ethanol and methanol solution at pilot scale based on experimental results [14,16,17]. Others have derived the efficiency of the SCWG process from simulations under idealized assumptions, such as thermodynamic equilibrium state [18,19,20,21]. In general, these assessments have been conducted for pilot-scale or even larger plants. This is usually reasonable for industrial applications, but there are cases where small plants are useful. In the context of the H2020 project CERESiS (ContaminatEd land Remediation through Energy crops for Soil improvement to liquid fuel Strategies), relatively small contaminated sites are to be freed from contaminants via phytoremediation [22]. In one of the investigated cases, the area is smaller than 10,000 m2, and corresponds to six tons of dry biomass per year. The subsequently contaminated biomass can be processed via SCWG [23,24,25]. In this way, the organic matter can be decomposed, the inorganic contaminants can be separated, and a syngas is obtained from the biomass. This syngas can be converted into pure H2, synthetic natural gas, or even Fischer–Tropsch fuel after further purification steps [22]. Since relatively small amounts of biomass are available, small SCWG plants are necessary for continuous operation.



In the present work, the lab-scale operation of an SCWG plant (throughput of up to 0.7 kg h−1 feed) is assessed regarding product distribution and energy demand for the gasification of the model substances. A theoretical scaling up of the mass and energy balances to pilot scale was performed using the lab-scale results and the results reported by Boukis et al. for the gasification of ethanol solution at pilot scale [7]. A simple model is proposed to calculate the energy balances of continuous SCWG processes with laboratory data as reference. In this way, the present work can serve as a basis for the future design of SCWG plants. Additionally, the importance of heat recuperation in this process is described by analyzing the heat exchanger installed in the pilot SCWG plant at KIT.




2. Materials and Methods


2.1. Preparation of Educts for Laboratory Experiments


For the lab-scale experiments, Reed Canary Grass (RCG) was used as biomass. It was provided as a powder (grain size < 0.25 mm) with a dry matter content of 97.4 wt.% (97.4 kg dry matter/100 kg feed) by the University of Strathclyde [26]. The elemental composition of the dry matter was 48.9 wt.% C, 35.9 wt.% O, 7.46 wt.% H and 0.09 wt.% S. A feed slurry was created by adding distilled water so that a dry matter content of 8 wt.% was achieved. Additionally, potassium hydrogen carbonate KHCO3 (CAS: 298-14-6; purity ≥ 99%), supplied by VWR chemicals, was added as a homogeneous catalyst (5000 mg K+/kg feed slurry) and 0.5 wt.% (0.5 kg xanthan/100 kg feed slurry) xanthan (E-415; CAS: 11138-66-2), supplied by Carl Roth GmbH, was added as thickener to prevent phase separation. The addition of KHCO3 improves the water gas shift reaction, resulting in a higher production of H2 [27,28,29].



In addition to the experiments with Reed Canary Grass, ethanol solution was gasified in the laboratory unit. Ethanol absolute (CAS: 64-17-5; purity: 99.97%), supplied by VWR chemicals, was mixed with distilled water to set an ethanol concentration of 6 wt.%.




2.2. Apparatus


The lab-scale experiments were conducted with the continuous-flow plant LENA (German acronym for “Laboratory Plant for Energetic Utilization of Agricultural Materials”). The LENA plant is a high-pressure (up to 30 MPa) and high-temperature (up to 700 °C) plant. In the setup considered for the following energetic and economic assessment, the plant consisted of a preheater and two gasification reactors, as shown in Figure 1 and Table 1. The heating of the lab plant was electric.



In the preheater, the feed slurry is heated so that supercritical temperatures of water are reached. At a T-fitting downstream of the preheater, salts are supposed to be separated into the salt brine due to their low solubility in supercritical water [30] and due to gravity. The salt brine is ejected from the system into a container by a high-pressure valve that opens the pipe in which the salt brine is primarily collected at defined intervals for a short time (20 ms) to atmospheric pressure. The organics in the reaction mixture are transported sideways to the two SCWG reactors (two reactors to increase the residence time in the temperature zone above 600 °C) and gasified. The reactor effluent that leaves the second reactor is collected in a collection container.




2.3. Analysis


Gas samples from a product gas are examined with a gas chromatograph (5890 series II plus, Hewlett Packard Inc.) in which a fused silica capillary column (Carboxen 1010 PLOT 30 m, made by SUPELCO) is installed. Thermal conductivity and flame ionization detectors are utilized to determine the volume fractions of different gas components such as H2, CO, CH4, CO2, C2H4, C2H6, C3H8 and C3H6. The sampling process is carried out every 0.5 h.



At regular intervals, liquid samples are gathered from the effluent streams for the analysis of Total Carbon (TC) via combustion and Total Inorganic Carbon (TIC) through acid extraction using a TOC analyzer (DIMATOC 2100, produced by DIMATEC). By subtracting TIC from TC, Total Organic Carbon (TOC) is calculated. Trace elements, including Al, Ca, Cd, Cr, Cu, Fe, K, Mg, Mn, Mo, Na, Ni, Pb, S, Si, and Zn, are identified via Inductively Coupled Plasma–Optical Emission Spectrometry (ICP-OES) using an Agilent 725 spectrometer (by Agilent Technologies, Santa Clara, CA, USA).



A sample of the biomass feed is dried at 105 °C in an oven for 24 h, and afterwards, the C, H, N, and S contents are analyzed in the element analyzer vario EL cube (by Elementar Analysensysteme GmbH), and the trace elements are analyzed via ICP-OES.




2.4. Methods of Scaling and Energetic Assessment Study


Data produced at laboratory scale that provide the chemical composition of the SCWG products are combined with literature data about the energetic performance of SCWG pilot plants with setups similar to that of the investigated laboratory plant to evaluate the SCWG process for the biomasses chosen in this study. Additionally, unpublished data on the measured temperatures of the heat exchanger from an experiment performed at the pilot plant scale are given.



The total mass and the mass of carbon and potassium, being the major compounds, are balanced for the laboratory experiments performed in this study. Minor compounds (e.g., sodium or sulfur) are not balanced, since they are not relevant for the energetic balance of the process. The mass balances of the laboratory experiments serve as a basis for the energetic assessment of the laboratory SCWG plant. The lower heating value of the product gas is calculated and compared to the lower heating value of the feed material to determine the efficiency of the process. Furthermore, the heating value of the other products (salt brine, reactor effluent, solid residue) is estimated based on the respective organic carbon content to assess the heat losses of the SCWG plant.



For scale up, the product distribution (total mass, carbon, potassium) is assumed to be independent of the SCWG plant size, and canbe directly transferred to a larger scale. Thus, the heating value based on the mass of the products remains the same. For a first scale-up, a pilot scale (throughput of 100 kg h−1) is chosen, since data about heat losses and the required energy input in such a system have been published previously [7], and can be adjusted for the newly investigated feed materials.



To scale to larger sizes, model equations, which are displayed in detail in Section 3.3., are used to derive a simple model that takes into account that heat losses do not scale linearly with SCWG plant size.




2.5. Data Interpretation


The following key figures are defined to evaluate the gasification experiments.



The degree of purity of the effluent can be measured using the TOC conversion   T O  C  c o n v    , which compares the amount of TOC present in the effluent streams to that of the feed (as shown in Equation (1)). Any remaining TOC that is not found in the effluent streams may have been converted into gaseous products, dissolved inorganic compounds or solid deposits within the system.


  T O  C  c o n v   = 1 −     m ˙   R , e f f l u e n t   ∗ T O  C R  +   m ˙   S , e f f l u e n t   ∗ T O  C S      m ˙   F e e d   ∗ α    



(1)







	
    m ˙   R , e f f l u e n t    , Mass flow of reactor effluent (g/h) [SI: 2.778 × 10−7 kg/s]



	
    m ˙   S , e f f l u e n t    , Mass flow of salt brine (g/h) [SI: 2.778 × 10−7 kg/s]



	
  T O  C R   , TOC content of reactor effluent (mgc/kgeffluent) [SI: 1 × 10−6 kgc/kgeffluent]



	
  T O  C S   , TOC content of salt brine (mgc/kgbrine) [SI: 1 × 10−6 kgc/kgbrine]



	
 α , TOC concentration in the feed (wt.%) [in SI: 1 × 10−2 kgc/kgFeed]






To quantify the efficiency of the gasification, the carbon efficiency CE and the gasification efficiency GE are defined as follows:


  C E =   ∑  β i  ∗  x i  ∗     V ˙   G a s   ∗ p   R ∗ T   ∗  M c      m ˙   F e e d   ∗ α      



(2)







	
   x i   , Concentration of component ‘i’ in the gas product (vol.%) [SI: 1 × 10−2 mol/mol]



	
   β i   , Number of carbon atoms of component ‘i’ in the gas product



	
    m ˙   F e e d    , Feed mass flow (g/h) [SI: 2.778 × 10−7 kg/s]



	
   M c   , Atomic mass of carbon (g/mol) [SI: 1 × 10− 3 kg/mol]



	
 p , Pressure (Pa)



	
 R , Universal constant of gases (J/(K*mol))



	
 T , Temperature (K)



	
    V ˙   G a s    , Gas flow under ambient conditions (L/h) [SI: 2.778 × 10−7 m³/s]








  G E =   ∑  x i  ∗     V ˙   G a s   ∗ p   R ∗ T   ∗  M i      m ˙   F e e d   ∗ α      



(3)




   M i   , Atomic mass of component ‘i’ (g/mol) [SI: 1 × 10−3 kg/mol]



For the energetic assessment of the process, the cold gas efficiency is defined. This compares the lower heating value (LHV) of the product gas with the LHV of the used feed, in this case, RCG and ethanol.


   η  C o l d g a s   =     m ˙   G a s    ∗    L H  V  G a s       m ˙   o r g a n i c s    ∗    L H  V  o r g a n i c s      



(4)






  L H  V  G a s   = ∑  x i  ∗   V ˙   G a s   ∗ L H  V i   



(5)







	
  L H  V i   , Volumetric lower heating value of species ‘i’ (J/m³)



	
  m ˙  , Mass flow (g/h) [SI: 2.778 × 10−7 kg/s]






For better readability and understanding of the different sizes of the SCWG units investigated, units other than the SI base units were used (e.g., g h−1 or kg h−1).





3. Results


3.1. Lab-Scale Experiments


Four SCWG experiments were conducted in the LENA lab plant: three with RCG and one with ethanol solution, as shown in Table 2. In all experiments with RCG, the reaction temperature was set to 650 °C, the pressure was 28 MPa and the throughput was 700 g h−1. The only parameter that was varied in these experiments was the maximum preheating temperature, Tmax,Preheater, to optimize salt separation. The preheater is responsible for heating the reaction medium to supercritical temperatures so that salts can be separated at the salt separation T-fitting. Potassium, as the predominant salt building element in the experiments with Reed Canary Grass, was separated poorly at the T-fitting. The potassium distribution was very similar for all experiments. Thus, the salt separation was not improved. It is presumed that the reaction temperature has a much greater influence on the gasification and the product distribution than the preheating temperature. Additionally, the experimental outcomes of these tests indicate that the preheating temperature does not significantly influence the product distribution and thus the energy balance, and thus the following mass balances and energy balances will be calculated using the results of experiment 1 (see Table 2). The experiment with ethanol was conducted under the same temperatures and pressure as the experiments with RCG, and the throughput was set to 250 g h−1. One experiment was chosen for the evaluation of ethanol gasification, since the ethanol solution is gasified completely. Thus, the carbon is completely transferred to the gas phase and the carbon distribution in the products is always the same under similar conditions. For ethanol, this is the case under the chosen conditions, as can be seen in previous work [31]. The gas composition is influenced by catalysts added to the system and can vary. In the present experiment, no catalyst was added to the system, and thus thermodynamic equilibrium was not reached. Once potassium is added to the reaction the gas composition is changed, as shown in [31], and with that also the heating value of the product gas. As shown in this study, the calculations can easily be adjusted to new feed materials and product gas compositions. Thus, the data originating from the experiment with ethanol solution are suitable for evaluating the process in general.



During the laboratory experiments with RCG, the following product fractions were formed (see also Figure 2):




	-

	
Product gas;




	-

	
Reactor effluent;




	-

	
Salt brine;




	-

	
Solid residue in the reaction system.









In addition to the product gas, carbon is contained in other side products. Due to incomplete gasification (as shown in Table 2), the reactor effluent contains some carbon (TOCeffluent = 3420 mgTOC/kgeffluent, TICeffluent = 359 mgTIC/kgeffluent). Longer residence times or higher reaction temperatures generally result in higher gasification efficiencies [32,33,34,35,36]. These are two measures that could be implemented in future experiments to further reduce the TOC content in the reactor effluent. In the context of the present process, salts are supposed to be separated after preheating the reaction mixture [25]. In the process of salt separation part of the organic feed is lost to the salt brine (TOCsalt brine = 18,780 mgTOC/kgbrine, TICsaltbrine = 23 mgTIC/kgbrine). This amounts to 6.1 wt.% of the carbon in the feed. Due to unwanted side reactions, solid residue mainly consisting of carbon and salts forms in the system. This solid residue can cause blockage of the flow [37,38], and thus needs to be avoided in industrial applications. If it cannot be separated during the continuous process, long-term operation is not possible. The formation of carbon-containing solid deposits could possibly be reduced by appying faster heating rates [38,39,40] or by dilution of the feed to lower biomass concentrations [13,34,41].



In Table 3, the total mass distribution and the distribution of carbon and potassium (K+ only for RCG) are displayed. It is clear that in the case of RCG, 65.8 wt.% of the TOC is gasified. A total of 8.2 wt.% of the total carbon is still contained in the effluent. As described above, this amount could be reduced by using higher reaction temperatures or higher residence times. A total of 22.7 wt.% of the fed carbon is lost due to the formation of solid deposits. This poses a danger to continuous operation.



There is optimization potential regarding carbon efficiency, but also regarding salt separation. KHCO3 is added as a homogeneous catalyst. During salt separation, potassium is only separated to 16 wt.%, and the other 84 wt.% is either contained in the effluent (4 wt.%) or forms a residue (80 wt.%) (see Figure 3). This needs to be addressed through improved salt separation. For the separation of salts, the preheating temperature is crucial. This is described in our previous publication [25].



During the gasification of ethanol solution, no salt separation is needed, and thus no salt brine is produced. The carbon efficiency is CE = 99.8%, and the ethanol is completely gasified. No solids form in the system (solid residue), and thus the product fractions are reduced to product gas and reactor effluent. In the case of ethanol gasification, 99.8 wt.% of the carbon is contained in the product gas and only 0.2 wt.% is contained in the effluent. The gasification of ethanol is generally more effective and easier than the gasification of biomass due to the less complex structure. The ethanol molecule is easily decomposed with few intermediates [31,42,43]. During the decomposition of biomass, many intermediates are formed, some of which form solid deposits [3,10,44].



The described mass distribution serves as a basis for assessing the energy balance of the LENA lab plant when gasifying dry biomass and ethanol solution. In addition to the mass balance, the input of energy in form of electricity has to be taken into account (no other form of energy is put into the system). Sixteen electric heaters (750 W each) are installed, which are not operated at full power. The measured percentage of operation of the heaters amounts to 3.54 kW of electric heating for the RCG experiments and 1.95 kW for the ethanol experiments (the latter is lower due to the slower flow rate and thus the better heat transfer). Due to the electricity needed for the feed pump, a total of 3.69 kW of electricity input for the RCG experiments and 2.00 kW for the ethanol experiments is required.



The energy-containing solid residue is not present in the ethanol experiments. In experiment 1, the fed mass of RCG is equal to 0.28 kW of thermal energy (heating value of RCG = 3.97 kWh kg−1). The product gas compositions and the lower heating value of the product gases are shown in Table 4. The product gas of the RCG gasification has a LHV of 0.15 kW and the gas of ethanol gasification has a LHV of 0.11 kW. Due to the high CO2 content of the product gas when gasifying RCG, the LHV of the gas is only slightly higher than the LHV of the ethanol experiment, even though 41.4 L h−1 is produced during the gasification of RCG (throughput 700 g h−1) and only 20.4 L h−1 of gas is produced during the gasification of ethanol solution (250 g h−1 flow).



During the experiments with RCG, there are two further product streams that contain chemically bound energy. As shown in Figure 3, 8 wt.% of TC of the feed is still contained in the effluent. It is also assumed that 8% of the heating value of the feed is contained in the effluent, since the LHV of the wastewater, salt brine and the solid residue is not exactly known. For experiment 1, this amounts to 0.024 kW. The amount of carbon in the solid residue is roughly three times as high as in the liquid effluent, and thus the energy content is about 0.066 kW. The difference between the mentioned input of electrical and thermal energy and the output in thermal energy can be assumed to be losses, mainly thermal losses. This is displayed in Table 5. In the case of RCG, 94% of the input energy is lost to thermal losses due to insufficient insulation and because no heat recuperation is installed.



In the case of ethanol, the losses are about the same (94.6%). The difference between the two feedstocks is the cold gas efficiency CGE. For RCG, the CGE is 53.3%, while for ethanol, it is 102.7%. The large difference arises from the difference in carbon efficiency, which is low for the RCG, while ethanol is gasified completely. CGE is greater than 100% for ethanol gasification. A possible reason for this could be the generation of H2 from H2O in the process.



Theoretically, if no solids are formed during the gasification of RCG and no carbon is contained in the effluent, only the carbon contained in the salt brine will be lost (6 wt.% of carbon). The maximum reachable CE would thus be 94%, and therefore the amount of gas produced would rise to roughly 59 L h−1 (LHV = 0.22 kW). The CGE could at maximum rise to 78.6% for RCG under the present reaction system configuration.



For biomass types like RCG, the comparison of SCWG and conventional gasification is interesting. The typical CGE of fluidized-bed gasifiers is in the range of 62 to 80% for fossil fuels [46]. For biomass, it has been shown that a CGE above 70% can be reached [46,47]. Entrained-flow gasifiers typically range from 69 to 81% in CGE (for fossil fuels) [46]. Compared to both kinds of conventional gasifier, the achieved CGE of 53.6% with RCG is low. As described above, avoiding solid formation could increase the CGE to roughly 79%. The operation of SCWG plants with little to no formation of solid deposits is possible, as has been shown by D’Jesus et al. (CE of up to 100% when gasifying corn silage) [36], and such high CGEs are thus achievable. For this, the process parameters have to be optimized and adjusted to the processed biomass. This comparison shows that when considering CGE, SCWG shows comparable efficiency to conventional gasification, and SCWG could thus be an alternative technology for the conversion of some biomasses.




3.2. Pilot-Scale Energy Calculation


The calculated mass balance is scaled up to pilot scale (throughput 100 kg h−1). To achieve this, it is assumed that the product distribution (shown in Table 3) does not change with scale up. For a 100 kg h−1 plant, this amounts to the values (dry matter of RCG = 8 wt.%, ethanol concentration 6 wt.%) presented in Table 6.



The heating value of the feed input is 39.8 kW for RCG and 44.5 kW for ethanol. The produced gas has an LHV of 21.2 kW for RCG and 45.6 kW for ethanol. To perform an energetic assessment of a pilot plant, a sufficient data base is necessary, since losses and thus required heating do not scale linearly from laboratory size to pilot size due to changes in surface-to-volume ratio, increased insulation, and, most importantly, installed heat recuperation. For this purpose, the energetic assessment of the VERENA pilot plant at KIT, performed by Boukis et al., was used as a reference [7]. The setup of the VERENA pilot plant is very similar to the setup of the LENA lab plant, and thus the energy consumption and losses measured at the VERENA plant can be considered to be a suitable reference and can be adapted to the biomasses used in the present experiments. The main difference from the laboratory experiments described in Section 3.1 is the installed heat exchanger and better insulation. Boukis et al. processed 100 kg h−1 of ethanol solution (14.4 wt.% of ethanol). The heat consumption (35 kW) and electricity input (8 kW) (mainly for the operation of the pumps and of the CO2 scrubber) can be taken as a reference for a 100 kg h−1 operation. In the present study, for the feed stream, the heating will be carried out electrically instead of burning product gas, since the product gas serves as a reactant for further synthesis (Fischer–Tropsch) within the CERESiS project, and thus burning part of it is not reasonable [22]. Since not all heat can be recuperated within the heat exchanger, hot water leaves the system containing about 11 kW of thermal energy (at T = 155 °C).



The energy balance is shown in Table 7. Given the product distribution described in Section 3.1 (scaled-up values in Table 6), the LHV of the product gas amounts to 21.2 kW (see Table 7) (=26% of the input energy). The relative energy contained in the product gas is significantly higher than in the lab experiments described in the section above due to heat recuperation and better insulation. The gasification of 100 kg h−1 ethanol solution produces 45.6 kW of product gas (see Table 7). This amounts to 52% of the input energy. The energy efficiency is lower in the present case then it was for Boukis et al., since they were able to gasify more ethanol (14.4 wt.%) with the same energy input. Thus, gasifying 6 wt.% of ethanol is energetically not sufficient, since higher concentrations could be gasified with the same energy input (same temperature, same power consumption of the pumps). A total of 30.9 kW is lost due to thermal losses in the case of ethanol gasification (no salt brine in the case of ethanol gasification). This fits the calculations of Boukis et al. very well [7].



For operation with RCG, the thermal losses can be calculated as 37.8 kW, and thus are higher than those measured by Boukis et al. [7]. This is because the residual heat (roughly 5.0 kW) and the LHV of the organics (roughly 2.5 kW) contained in the salt brine are lost due to salt separation. Boukis et al. did not separate any salt brine during the gasification of ethanol solution. The losses due to salt separation and thermal losses of the lab plant are both included in the displayed “losses”. The total losses account for 46% of the energy input for RCG. When additionally considering the solid deposits and the TOC in the effluent as losses, since they are unwanted side products, about 50.6 kW are lost.



It was demonstrated that with a sufficient data reference (in this case energetic assessment of VERENA plant), the assessment of the SCWG process can be adapted for other feedstocks with the help of laboratory experiments. Using this approach, a first estimation on the energy demand of the SCWG process for given biomasses can be conducted without the need for experiments at pilot scale.




3.3. Scale-Up Model Description


The laboratory experiments with RCG presented some hurdles, especially the formation of solid residue, that need to be avoided or handled before a pilot or demonstration plant can be sufficiently operated. Nevertheless, laboratory experiments can generally serve as a reference for scale up as shown in Section 3.2. Based on the laboratory results (especially product distribution) and the energetic assessment of a 100 kg h−1 pilot plant, assumptions can be made to further scale up the size of an SCWG plant. The following assumptions are made:




	-

	
The product distribution (shown in Table 3) is independent of plant size.




	-

	
The electricity for pumping liquids is proportional to the throughput. For a pump, the power consumption can be calculated according to Equation (6) (for conversion factors to basic SI units, see Section 2.5).


  P =   p ∗  V ˙     η  P u m p     =   p ∗  V  P u m p   ∗ n    η  P u m p        



(6)


















	
 n , Rotations per minute (1/min)



	
 p , Pressure (MPa)



	
 P , Power consumption of pump (kW)



	
   V  P u m p    , Volume of pump (m³)



	
  V ˙  , Volume flow (m³/h)



	
   η  P u m p    , Efficiency of pump (-)













	-

	
Thermal losses decrease proportionally with increasing plant size, since the surface-to-volume ratio increases with a factor of 2/3. Thus, the thermal losses can be approximated using the following equation:


  T h e r m a l   l o s s e s = 37.8   k W ∗       p l a n t   t h r o u g h p u t       k g  h      100   k g  h           2 3       



(7)













Due to the relative decrease in losses, the required heating also decreases relative to the plant size. The electrical input needed for heating and operation of the plant can be calculated with Equation (8), since energy balance must be kept in the system.


     E l e c .   I n p u t   k W     = E n e r g y   O u t p u t − E n e r g y   I n p u t   t h r o u g h   B i o m a s s      = L o s s e s + T h e r m a l   E n e r g y   i n   P r o d u c t s − H e a t i n g   V a l u e   o f   B i o m a s s     



(8)







The losses are calculated according to Equation (7) and the heating value of the BM is known. In Table 8, the resulting energy key parameters are shown.



The amount of energy contained in the product gas relative to the energy input can be calculated according to Equation (9). With the help of Equation (8) and basic knowledge from laboratory experiments (  G E   and gas composition) and knowledge about the biomass (  L H  V  B M , s p e z    ), the calculation can easily be adjusted according to the biomass input.


    L H  V  G a s     E n e r g y   I n p u t      %  =   L H  V  G a s , s p e z   ∗   m ˙   G a s     e l e c .   i n p u t + L H  V  B M     =   L H  V  G a s , s p e z   ∗   m ˙   B M   ∗ G E   e l e c .   i n p u t + L H  V  B M , s p e z   ∗   m ˙   B M      



(9)







	
  G E  , Gasification efficiency (%)



	
  L H  V i   , LHV of component ‘i’ (kW)



	
  L H  V  i , s p e z    , Specific LHV of component ‘i’ (kWh/kg)






The LHV of the produced gas relative to the energy input grows according to a logarithmic trend with increasing plant size due to the dependency of thermal losses on plant size. The losses relative to the energy input decrease with a logarithmic trend (see Figure 4). According to this simplified consideration, the larger the SCWG plant gets, the better it will be in terms of minimizing thermal losses. This behavior is independent of the feedstock used, and thus also applies to ethanol solutions.



As shown in Figure 4, the model overestimates the energy contained in the product gas and underestimates the losses for a small laboratory plant. The main reason for this is (as described in Section 3.2) that in the LENA laboratory plant, no heat recuperation is performed, and the insulation is highly insufficient, unlike in the VERENA pilot plant that served as a reference for constructing this simplified method. The importance of the heat recuperation is described in detail in Section 3.4. On the other hand, industrial plants should be even better insulated, and the heat recuperation might also be better. Thus, the losses would decrease further. For a more detailed model, the energetic analysis of a real demonstration or industrial plant is necessary. This tool can serve as a basis for first evaluation of different plant sizes and most likely fits different pilot plant sizes the best. A tool like this fits well within the scope of the CERESiS project, where relatively small decentralized SCWG plants best fit the purpose of the project. Since the contaminated sites are far apart and of different sizes, different SCWG plants would need to be constructed.




3.4. VERENA Heat Exchanger


As described in Section 3.2, the energy balance in this work is based on the measured energy consumption of the VERENA pilot plant at KIT. Boukis et al. measured the need for 35 kW of external heating for the operation of a 100 kg h−1 with ethanol solution [7] at T = 600 °C to compensate heat losses, for example throughinsulation. To reach the reaction temperature, a much higher energy input would be needed if the residual heat of the product stream is not recuperated in a heat exchanger.



In the heat exchanger, the cold feed slurry is preheated by the heat taken from the product stream of the SCWG reactor. The cooling of the product stream would otherwise also be an energy-intensive process step. The heat exchanger is constructed as a double-pipe heat exchanger with an outer and an inner pipe. Usually, the inner pipe would contain the hot stream in such heat exchangers, and the outer pipe would contain the cold stream, in order to minimize the losses of heat to the environment. In the VERENA pilot plant this is not the case, due to precautions regarding the formation of blockages and the possibility to remove deposits. The inner pipes can be cleaned easily, while cleaning of the outer pipes is not possible. Thus, due to the higher risk of blocking of the feed containing pipe (due to high dry matter content and depending on the biomass a high inorganic content), the feed stream is directed through the inner pipes. The hot stream flows through the outer pipe, slightly increasing heat losses.



The heat exchanger contains nine layers of heat-exchanging pipes (horizontally mounted above each other). Each double pipe element has a length of 4.4 m. The inner pipe has an inner diameter of 8 mm and an outer diameter of 14.4 mm. The outer pipe has an inner diameter of 18 mm and an outer diameter of 28 mm. To calculate the heat exchange surface, the middle of the inner pipe wall was chosen (diameter = 11 mm). Each pipe thus has an exchange surface of 0.152 m2, amounting to 1.368 m2 in total. The temperature data acquired for the experiment with ethanol solution (5 wt.% ethanol, throughput 80 kg h−1) in the VERENA plant are depicted in Figure 5. The hot product stream enters the heat exchanger at a temperature of 584.5 °C and is cooled to 127.9 °C, while the feed stream is preheated from a temperature of 13.6 to 427.8 °C. Additionalheat-exchanging surface would have resulted in an increased preheating capability, but would also have increased the cost of building the preheater. Thus, only nine heat-exchanging pipes were installed. These data were measured using a cleaned heat exchanger. Nevertheless, it cannot be excluded that fouling was present on some levels.



In order to calculate the heat that is transferred on each level, the heat capacity    c p    of water at a pressure of p = 28 MPa is taken from the IAPWS-IF97 database of water and steam properties. The change in    c p    for different temperatures is displayed in Figure 6. For the calculation of energy absorbed by the feed stream and emitted by the hot product stream on each level, the heat capacity of both the feed slurry and the product mixture is assumed to be equal to the heat capacity of water, due to the high water content in the system of 95 wt.%. To calculate the amount of heat transferred, the mean heat capacity of each temperature interval (i.e., the difference between the inlet and outlet temperatures of one stream on one level) is calculated and used. The amount of emitted or absorbed heat is calculated according to Equation (10).
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Figure 6. Heat capacity cp and specific heat h of water at p = 28 MPa. 
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    Q ˙  =  m ˙  ∗   c ¯  p  ∗ Δ T   



(10)







	
  Q ˙  , Heat stream (kW)



	
  m ˙  , Mass stream (kg/h)



	
    c ¯  p   , Mean heat capacity (kJ/(kg K))



	
  Δ T  , Temperature difference (K)






The stream masses of the hot and cold streams are equal, since no salt separation occurs during the gasification of ethanol. The mean heat capacity and the calculated heat streams are displayed in Table 9. On levels 1 to 2, high amounts of heat are emitted from the hot fluid and transferred to the cold fluid due to the large temperature difference and the fact that liquid water is predominant in both streams. On levels 4 to 7, the temperatures in both parts of the pipes are quite similar (360 to 380 °C) (see Figure 7). Only small amounts of heat are transferred (see also Figure 6). On levels 8 and 9, the temperature differences between the inner and outer layers are large again, and a large amount of heat is transferred. The inner fluid takes up a total of 58.46 kW of heat from the outer fluid. The outer fluid releases 63.71 kW, thus leading to losses of 5.25 kW (8.2% of the released heat). To validate these calculations, the enthalpy difference between the inlet of the feed slurry and the outlet of the slurry in the preheater was calculated according to Equation (11) using the given example of the feed stream.


  Δ h =  h  o u t , F e e d   −  h  i n , F e e d   = 2718.8   k J   k g   − 80.6   k J   k g   = 2638.2   k J   k g    



(11)




 h , Specific enthalpy of water (kJ/kg)



By multiplying the specific enthalpy difference by the throughput of fluid, the amount of heat required can be calculated, with the results showing that 58.6 kW of heating is required and 63.6 kW of heat is released by the hot fluid. The difference between the two methods of calculation is much smaller than 1%.



To assess the influence of gas in the system (which is the case for the 5 wt.% ethanol solution), the displayed data are compared to operation with 80 kg h−1 of pure water. In the case of water operation, salt separation was active. A total amount of 1.75 kg h−1 of water is separated during this process. Thus, the flow of the hot stream is only 78.25 kg h−1, instead of 80.00 kg h−1. The hot stream enters the heat exchanger at a temperature of 578 °C and is cooled to 67 °C. The cold stream enters the heat exchanger at a temperature of 11 °C and is heated to 470 °C (see Figure 8).



In both cases, the temperature barely changes on multiple levels. This is due to the large changes in heat capacity and enthalpy in the temperature range of 370 to 420 °C (see Figure 6). Thus, a large amount of transferred heat is needed to increase the temperature. Due to the large heat capacity, small inaccuracies in temperature measurement can lead to errors in the calculation of transferred heat. For this reason, for operation with pure water as the feedstock (Figure 8), the calculated adsorbed heat is higher than the emitted heat on levels 5 and 7, while the absorbed heat on level 6 is much lower than the emitted heat. The gaseous compounds in the product of operation with ethanol decrease the heat capacity of the stream, thus leading to a longer zone in which the temperature barely rises (levels 3 to 7) compared to the operation with water (levels 5 to 7).



When comparing the total transferred heat, it becomes clear that the heat transfer is more efficient when processing pure water. In the case of water, the outer stream releases 67.31 kW of heat and the inner stream absorbs 64.45 kW. This results in 2.86 kW of losses (4.3% of the released heat). The transferred amount of heat is greater, and fewer losses occur than when operating with ethanol solution. This results in better preheating in the case of water (478 °C instead of 428 °C with ethanol solution). Additionally, the hot product stream is cooled more efficiently in the case of operation with water (67 °C end temperature compared to 128 °C in the case of ethanol solution). The heat transfer coefficient  k  can be calculated according to Equation (12) (with the use of Equation (13)). The transferred amount of heat   Q ˙   is equal to the heat absorbed by the inner stream.


  k =    Q ˙      A ∗ Δ  T  l o g      



(12)







	
 A , Heat exchanging surface (m²)



	
  Δ  T  l o g    , Logarithmic temperature difference (K)








  Δ  T  l o g   =   Δ  T  i n n e r   P i p e   − Δ  T  o u t e r   P i p e     ln     Δ  T  i n n e r   P i p e     Δ  T  o u t e r   P i p e          



(13)




  Δ T  , Temperature difference (K)



The resulting k-values are displayed in Table 10. Due to the errors in the calculation of transferred heat (as described above), especially, the mean k-value is of great importance. The mean k-value is much higher for the operation of water due to the higher total amount of heat transferred. At subcritical temperatures, the usual values of the heat transfer coefficient are between 300 to 1400 W (m2 K)−1 in double-pipe heat exchangers when both fluids are liquids [48]. This fits the calculated values of levels 1 to 4 very well, where subcritical temperatures occur in both pipes. Around the pseudo-critical point of water, the heat transfer coefficient rises to very high numbers—2140 W (m2 K)−1 for ethanol solution and 3413 W (m2 K)−1 for pure water. This phenomenon is due to the severe changes in the thermo-physical properties of water, such as heat conductivity and heat capacity, and has been described by other authors [49,50,51]. Heat transfer rates are enhanced in that region. The ethanol present in the feed and the gas that was formed by gasifying ethanol significantly decreases the heat transfer coefficients. An additional phenomenon could be that ethanol is already partially decomposed in endothermic reactions at temperatures below 400 °C. This would also reduce the maximum achievable preheating temperature. When designing a heat exchanger for an SCWG plant, performing calculations based on water can provide a good estimate, but the addition of organics to the feed and thus the gas in the product stream reduces the transferable amount of heat, resulting in a larger heat exchanger being required.





4. Conclusions


The mass and energy balance of continuous laboratory SCWG experiments was described in detail. With the energetic assessment of a pilot plant available, the scaling up of the SCWG process was demonstrated with the help of laboratory results. A simplified model was derived that can be used to approximate the thermal losses and the needed heating of SCWG plants at different sizes. For a more detailed model, the energetic assessment of a real demonstration plant would be necessary. Additionally, the importance of heat recuperation in the process of SCWG was demonstrated with experimental data acquired in a pilot SCWG plant.



The results obtained in the laboratory have shortcomings. However, they can be used as a first basis for the design of the pilot plant. The conversion of the biomass was incomplete, and some solids were formed in the process. These obstacles need to be overcome for sufficient continuous operation of any SCWG plant. Possible ways were suggested in this paper. The described method of energetic assessment can easily be adjusted to improved results. The energetic assessment, including the scaling up, can also easily be adjusted to different feedstocks with only a laboratory experiment needed.
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Figure 1. Schematic diagram of the LENA plant. 
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Figure 2. Mass balance of the lab-scale SCWG process for experiment 1 with RCG (mass%, carbon%). 
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Figure 3. Mass distribution of experiments with RCG. 
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Figure 4. Lower heating value (LHV) of product gas and losses relative to energy input for scale up with Reed Canary Grass (RCG) based on Table 8 and Equation (9). 
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Figure 5. Temperature data from the VERENA heat exchanger (operation with 5 wt.% ethanol solution). 
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Figure 7. Heat emitted and absorbed on each level of the heat exchanger (operation with 5 wt.% ethanol). 
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Figure 8. Emitted and absorbed heat on each level of the heat exchanger (operation with pure water). 
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Table 1. Dimensions of the preheater and reactors.
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	Preheater
	Reactor 1
	Reactor 2





	Material
	SS316

with SS316 liner
	Inconel 625
	Inconel 625



	Length/mm
	1200
	1100
	1800



	Inner diameter/mm
	3.2
	8.0
	8.0



	Electric heating
	5 spiral heaters
	3 rod heaters

+ 1 spiral heater
	6 rod heaters

+ 1 spiral heater







SS316: Stainless steel 316.













 





Table 2. Laboratory experiments conducted with Reed Canary Grass (RCG) and ethanol.
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	Experiment Number
	Biomass
	Tmax,Preheater
	CE
	TOC-Conversion





	
	
	°C
	%
	%



	1
	RCG
	500
	65.8
	86.0



	2
	RCG
	570
	66.7
	85.4



	3
	RCG
	400
	63.4
	86.0



	Mean values
	
	
	65.3
	85.8



	4
	Ethanol
	500
	99.3
	99.8







CE: carbon efficiency; Tmax,Preheater: maximum preheating temperature; TOC: total organic carbon.













 





Table 3. Mass distribution of experiments with Reed Canary Grass and ethanol solution.
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Reed Canary Grass

	
Ethanol




	
Mass Flow Rate

	
g/h

	
g/h C

	
g/h K+

	
g/h

	
g/h C






	
Feed

	
700.0

	
26.2

	
3.51

	
250.0

	
7.80




	
Organics

	
56.0

	
25.1 +

	
-

	
15.0

	
7.80




	
Water

	
644.0

	
1.08 *

	
3.51

	
235.0

	
-




	
Sum of products

	
700.0

	
26.2

	
3.51

	
250.0

	
7.80




	
Gas

	
45.3

	
16.5

	
-

	
15.9

	
7.78




	
Reactor effluent

	
562.9

	
2.14

	
0.13

	
234.1

	
0.02




	
Solid residue

	
8.77

	
5.95

	
2.82

	
-

	
-




	
Salt concentrate

	
83.0

	
1.59

	
0.56

	
-

	
-








C: carbon; K+: potassium. + The carbon contained in the organics is present in the form of TOC and can be gasified. * The carbon (in the form of TIC, which is not gasified) contained in the water in the feed is due to the addition of KHCO3.













 





Table 4. Product gas composition and LHV.






Table 4. Product gas composition and LHV.





	

	
LHV [45]

	
Reed Canary Grass

	
Ethanol




	

	

	
Composition

	
LHV

	
Composition

	
LHV




	

	
MJ/m3

	
vol.%

	
kW

	
vol.%

	
kW






	
H2

	
10.782

	
32.97

	
4.08 × 10−2

	
37.92

	
2.32 × 10−2




	
CO

	
12.634

	
0.340

	
4.93 × 10−4

	
12.19

	
8.72 × 10−3




	
CO2

	

	
45.38

	

	
15.21

	




	
CH4

	
35.894

	
16.53

	
6.82 × 10−2

	
27.27

	
5.54 × 10−2




	
C2H4

	
59.478

	
0.299

	
2.05 × 10−3

	
0.057

	
2.02 × 10−4




	
C2H6

	
64.382

	
3.310

	
2.45 × 10−2

	
7.351

	
2.68 × 10−2




	
C3H6

	
87.591

	
0.349

	
3.52 × 10−3

	
0.000

	




	
C3H8

	
93.118

	
0.830

	
8.88 × 10−3

	
0.006

	
5.28 × 10−5




	

	

	

	
1.48 × 10−1

	

	
1.14 × 10−1








LHV: lower heating value.













 





Table 5. Energy balance of the lab plant for different feeds.






Table 5. Energy balance of the lab plant for different feeds.





	

	
Reed Canary Grass

	
Ethanol




	

	
kW

	
kW






	
Electricity

	
3.72

	
2.03




	
Feed

	
0.28

	
0.11




	
Gas

	
0.15

	
0.11




	
Reactor effluent

	
0.02

	
0.00




	
Solid residue

	
0.07

	
0.00




	
Losses

	
3.76

	
2.03











 





Table 6. Mass balances for pilot-scale operation.






Table 6. Mass balances for pilot-scale operation.





	

	
Reed Canary Grass

	
Ethanol




	
Mass Flow Rate

	
kg/h

	
kg/h C

	
kg/h K+

	
kg/h

	
kg/h C






	
Feed

	
100.0

	
3.7

	
0.5

	
100.0

	
3.1




	
Organics

	
8.0

	
3.6

	
-

	
6.0

	
3.1




	
Water

	
92.0

	
0.2

	
0.5

	
94.0

	
-




	
Sum of products

	
100.0

	
3.7

	
0.5

	
100.0

	
3.1




	
Product gas

	
6.5

	
2.4

	
-

	
6.4

	
3.0




	
Reactor effluent

	
80.4

	
0.3

	
0.0

	
93.7

	
0.1




	
Solid residue

	
1.3

	
0.9

	
0.4

	
-

	
-




	
Salt concentrate

	
11.9

	
0.2

	
0.1

	
-

	
-








C: carbon; K+: potassium.













 





Table 7. Energy balance of the pilot-scale SCWG process.






Table 7. Energy balance of the pilot-scale SCWG process.





	

	
Reed Canary Grass

	
Ethanol




	

	
kW

	
kW






	
Electricity

	
8.0

	
8.0




	
Heating (electric)

	
35.0

	
35.0




	
Feed

	
39.8

	
44.5




	
Gas

	
21.2

	
45.6




	
Reactor effluent

	
3.4

	
-




	
Solid residue

	
9.4

	
-




	
Hot water

	
11.0

	
11.0




	
Losses

	
37.8

	
30.9











 





Table 8. Energetic calculations for different scale-up sizes with Reed Canary Grass (8 wt.%).






Table 8. Energetic calculations for different scale-up sizes with Reed Canary Grass (8 wt.%).





	Plant throughput/kg h−1
	100
	200
	500
	1000



	Biomass input/kW
	39.8
	79.6
	198.9
	397.8



	Electricity input/kW
	43.0 *
	70.4
	135.6
	227.6



	Product gas/kW
	21.2
	42.4
	106.0
	212.0



	Thermal losses/kW
	37.8
	60.0
	110.4
	175.3







* Taken from [7].













 





Table 9. Key figures of the VERENA heat exchanger (operation with 5 wt.% ethanol solution).






Table 9. Key figures of the VERENA heat exchanger (operation with 5 wt.% ethanol solution).





	

	
Feed Stream (Inner Stream)

	
Product Stream (Outer Stream)




	

	
Tin

°C

	
Tout

°C

	
   c p    T ¯    

kJ (kg K)−1

	
  Q ˙  

kW

	
Tin

°C

	
Tout

°C

	
   c p    T ¯    

kJ (kg K)−1

	
  Q ˙  

kW






	
Level 9

	
392.4

	
427.8

	
18.06

	
14.2

	
584.5

	
436.3

	
4.27

	
−14.1




	
Level 8

	
388.3

	
392.4

	
23.45

	
2.14

	
436.3

	
396.8

	
14.15

	
−12.4




	
Level 7

	
374.7

	
388.3

	
12.89

	
3.89

	
396.8

	
382.3

	
23.47

	
−7.56




	
Level 6

	
374.3

	
374.7

	
9.64

	
0.09

	
382.3

	
373.9

	
10.89

	
−2.03




	
Level 5

	
362.9

	
374.3

	
8.40

	
2.13

	
373.9

	
370.6

	
9.16

	
−0.67




	
Level 4

	
362.4

	
362.9

	
7.60

	
0.08

	
370.6

	
364.6

	
8.34

	
−1.11




	
Level 3

	
338.5

	
362.4

	
6.65

	
3.53

	
364.6

	
355.8

	
7.41

	
−1.45




	
Level 2

	
231.2

	
338.5

	
5.02

	
12.0

	
355.8

	
313.0

	
5.99

	
−5.69




	
Level 1

	
13.6

	
231.2

	
4.22

	
20.4

	
313.0

	
127.9

	
4.54

	
−18.7




	
Sum

	

	

	

	
58.5

	

	

	

	
−63.7








Tin: inlet temperature; Tout: outlet temperature;    c p    T ¯    : heat capacity at mean temperature;   Q ˙  : absorbed/emitted heat.













 





Table 10. Calculated k-values of ethanol and water operation.






Table 10. Calculated k-values of ethanol and water operation.










	
	kEthanol-Operation

W (m²K)−1
	kWater-Operation

W (m²K)−1





	Level 9
	1175.4
	671.4



	Level 8
	899.3
	1206.9



	Level 7
	1823.7
	3412.7



	Level 6
	214.5
	1143.7



	Level 5
	2140.9
	3011.1



	Level 4
	250.8
	987.7



	Level 3
	1537.9
	695.9



	Level 2
	1122.3
	629.4



	Level 1
	668.2
	608.8



	Mean
	1092.5
	1374.2







k: Heat transfer coefficient.
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