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Abstract: Hydrogen is an industrial raw material both for the production of chemicals and for oil
refining with hydrotreating. It is the subject of increasing attention for its possible use as an energy
carrier and as a flexible energy storage medium. Its production is generally accomplished in Steam
Methane Reforming (SMR) plants, where a gaseous mixture of CO and H2, with a limited number of
other species, is obtained. The process of production and purification generates relevant amounts of
carbon dioxide, which needs to be removed due to downstream process requirements or to limit its
emissions to the atmosphere. A work by IEAGHG focused on the study of a state-of-the-art Steam
Methane Reforming plant producing 100 kNm3/h of H2 and considered chemical absorption with
MethylDiEthanolAmine (MDEA) solvent for removing carbon dioxide from the PSA tail gas in a
baseline scheme composed of the absorber, one flash vessel and the regeneration column. This type of
process is characterized by high energy consumption, in particular at the reboiler of the regeneration
column, usually operated by employing steam, and modifications to the baseline scheme can allow for
a reduction of the operating costs, though with an increase in the complexity of the plant. This work
analyses three configurations of the treatment section of the off gas obtained after the purification
of the hydrogen stream in the Pressure Swing Adsorption unit with the aim of selecting the one
which minimizes the overall costs so as to further enhance Carbon Capture and Storage in non-power
industries as well.

Keywords: hydrogen production; CO2 removal; MDEA absorption; alternative schemes; energy sav-
ing

1. Introduction
1.1. Hydrogen Production

The key factors for mitigating CO2 emission are recognized as an improvement in
efficiency, the use of renewable and alternative energies and CCS/CCU, i.e., Carbon Capture
and Storage and Carbon Capture and Utilization [1].

“Hydrogen is today enjoying unprecedented momentum. The world should not
miss this unique chance to make hydrogen an important part of our clean and secure
energy future.” as stated by Dr. Faith Birol, Executive Director of the International Energy
Agency [2]. Indeed, the use of hydrogen as an energy carrier is subject to increasing
attention as a possible way to decarbonize energy consumption. According to the 2024
IEA Energy Technology RD&D Budgets data, hydrogen and fuel cell investments have
increased to 9%. It could act as a flexible storage medium for intermittent renewable
energy, and its use could reduce carbon dioxide emissions in several key sectors, mainly
transport, industry and residential buildings. Chapman et al. [3] detailed the potential of
the hydrogen economy since hydrogen can be employed as follows:

• Heat source or as raw material for the chemical industry;
• Alternative source of fossil fuels for space heating or for power generation in thermal

power plants;
• Energy storage medium to provide flexibility to the grid;
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• Means of transport by the use of fuel cells or after conversion to synthetic fuels.

Although there are still considerable challenges related to fuel cells, hydrogen storage
and infrastructures [3–7], H2 consumption has been estimated to grow at a rate of about
3–4% per year [8]. For instance, the transportation of H2 can be performed by using LOHC,
such as toluene and dibenzyltoluene [9]. Herrmann et al. [10] stated in a recent study
that the use of hydrogen for energy supply is technically, ecologically and economically
appropriate. A positive effect on the environment is expected in the case of hydrogen
utilization in engines [11].

In the field of hydrogen production, syngas generation may be carried out starting
from coal or hydrogen-based fuels or, as has been under research and development for
the last decade [12–15], from renewable primary raw materials based on biomass. The
main technology for hydrogen production is based on the reforming of fossil fuels for the
generation of syngas, which are then purified. A total of 80% of the worldwide hydrogen
demand is produced from natural gas and refinery off-gases [8,16]. In addition to Steam
Methane Reforming (SMR), the conventional technology widely used at the commercial
scale [17,18], other technologies under development have started to be considered, such
as AutoThermal Reforming (ATR), which employs high-purity oxygen and steam, thus
avoiding the presence of nitrogen, the syngas chemical looping or the chemical looping
reforming. Reforming is also employed for the production of hydrogen from mixtures of
CH4 and H2S [19,20], which are studied for obtaining simultaneous H2S valorization and
H2 production.

Among the feasible clean-H2 production routes, water electrolysis (low temperature
and high temperature) and thermochemical water splitting (pure and hybrid) are consid-
ered carbon-free potential technologies for near-term, large-scale hydrogen production,
covering about 4% of the world’s H2 demand [21]. Biomass, solar, wind and geothermal
are renewable energy sources which could be employed for green hydrogen produc-
tion [22]. Considering the fact that biomass is carbon dioxide neutral, the environmental
impact of its gasification is lower than the one of fossil-fuel-based methods [21]. Solar
energy is the largest resource among other renewable options; however, its intermittency,
cost-effectiveness, and limited operating efficiency are relevant issues. Similarly, limited
availability is a characteristic of wind energy, which, in addition, generally requires large
land area occupations [23–25]. The use of geothermal energy for effective H2 production is
still under study since complete investigations of the technical and economic aspects of
this process have started to be carried out only recently. Studies in the literature concluded
that hydrogen production based on this type of energy has great potential, with a lower
cost [26] and higher sustainability performance [27] than the one based on other renewable
sources, such as wind or solar.

Despite the possible use of renewables, SMR is currently recognized as the most
economical way to produce hydrogen compared to other fossil fuels and other renewable
processes [21,28]. Using electrolysis operated with renewable energy (or other types of
energy, such as nuclear energy) is still too expensive for extensive industrial application.
Two relevant factors in the production cost are source availability and uninterrupted
energy supply. Bouvart and Prieur [29] carried out a detailed study on several combined
electricity and hydrogen production pathways based on technologies fueled by natural
gas, bituminous coal and lignite. They found that CCS leads to a significant reduction in
greenhouse gas emissions while leading to a relevant increase in the energy consumption
of this type of plant. However, to consider hydrogen production viable in a decarbonized
scenario, which is related to blue hydrogen production, emissions of carbon dioxide from
the production plant should be kept at a low level.

When considering hydrogen production in an SMR plant, the removal of carbon
dioxide can be accomplished for two main purposes:

• To purify the gaseous stream rich in hydrogen;
• To meet environmental regulations or, generally, to reduce the greenhouse gas impact

of the plant due to the emissions of CO2 to the atmosphere.
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In the SMR-based H2-producing plant, three types of CO2-containing streams can be
found. They are the shifted syngas stream upstream of the Pressure Swing Adsorption (PSA)
purification technique; the PSA tail gas, which is employed for the steam reforming, and the
flue gas exiting from this unit [30]. The removed CO2 can be used downstream or recovered
for use in Enhanced Oil Recovery (EOR). A variety of products can be synthesized from
CO2, and its utilization is considered with great attention because it could contribute to
cycling carbon or reduce the climate change impact [31]. Carbon dioxide can be employed
as raw material for the production of chemicals [32,33], for the production of fuels [34–36]
or to enhance biological processes [37,38]. It could also be used for technological aims
that do not require CO2 conversion, as EOR [39]. To this purpose, a fixed standard for
the composition of the concentrated carbon dioxide stream exiting the plant is not known;
however, the literature makes reference to a molar fraction of CO2 of at least 0.95 [1,40],
which has been taken into account in this work.

1.2. CO2 Removal

This work focuses on the study of the removal phase of carbon dioxide from the PSA
tail gas stream of a plant for an hourly production of 100 kNm3 of hydrogen, also provided
with a power island, which produces electricity by means of a condensing steam turbine.
Any energy consumption within the plant reduces the amount of excess electricity that
can be sold to the grid. As reported in the literature [8,41], the cost and efficiency losses
due to carbon dioxide removal in SMR plants are a challenge in commercial hydrogen
plants. Reddy and Vyas [42] stated that PSA off-gases are ideally suited to be used as a fuel
in the hydrogen plant’s reformer. However, carbon dioxide emissions should be limited
for environmental issues. Indeed, the potential of CO2 removal from tail gas is under
consideration [43], though only a few studies can be found. Chen and Ahn [44] performed
a preliminary feasibility study considering two Vacuum Pressure Swing Adsorption and
the process based on the MDEA solution. Then, in 2023, Shahid and Kim [45] also focused
on this topic, confirming its relevance in recent times. Indeed, detailed studies, such as the
one reported in this work, have not been presented yet. Considering the climate change
regulations, which aim at the reduction of global warming and the achievement of the
targets of the Paris Agreement [46], the removal of carbon dioxide from the PSA tail gas is
fundamental to guaranteeing reduced carbon dioxide emissions from hydrogen production
plants.

The purification is performed by employing an aqueous solution of MethylDiEthanol
Amine (MDEA), with a concentration of 50% wt. on a free basis. Aroonwilas and Veawab
compared the performance of carbon dioxide absorption in the aqueous solutions of several
amines [47]. Monoetanolamine (MEA) has a fast rate of reaction with CO2. However, a
significant amount of energy is required for solvent regeneration, and issues of corrosion
and degradation are relevant. Other amines, such as diethanolamine (DEA) and diiso-
propanolamine (DIPA), are characterized by lower rates of reaction, though they are subject
to solvent degradation and are active in corrosion. MDEA is considered a relevant amine
because of its high equilibrium loading, high thermal stability, low losses in the vapor phase
and lower enthalpy of reaction, thus requiring lower energy for regeneration if compared
to MEA [48–50].

Amine scrubbing has been applied to CO2 removal from natural gas streams [51]
and can also be successfully applied [52] to CO2 removal from syngas streams both for
the production of hydrogen and for its combustion for power production. However, the
amine-based CO2 removal process is highly energy intensive due to the heat required at the
reboiler of the regeneration column of the CO2 capture plant. Therefore, the application of
this technology on a large scale is mainly subject to the optimization of the process’ energy
performance, with the aim of specifically reducing the energy requirement at the reboiler of
the regeneration column for solvent purification [53].

Because of its high energy requirement, CO2 capture represents a step toward affecting
the overall efficiency of the plant. In coal-fired power plants, for instance, up to 30% of the
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power produced can be lost by running this section of the plant, so flexible operation may
be considered to reduce the economic losses [54–60]. For a selected solvent, when operating
at full capacity, to avoid uneconomic energy demands, it is fundamental to account for a
careful design of the regeneration section by optimizing its configuration and its operating
conditions.

Objectives of the Study

This work aims to analyze possible flowsheet modifications of a plant considered in
previous work [61] so to reduce the energy penalty and the overall costs due to the invest-
ment and the operation associated with solvent absorption-based CO2 capture, focusing on
the purification of the PSA tail gas. This work also aims to contribute to the understanding
of the possible impact on the energy consumption of this section of the plant.

The study of alternative schemes for energy saving has been widely considered in
the literature for other types of CO2 removal applications, such as flue gas from power
plants; however, no papers have been found that are related to the analysis of different
configurations for the application to PSA tail gas (works in the literature focused on
applications to the capture of near atmospheric flue gases, mainly from coal-fired power
plants, with maximum carbon dioxide content of about 15% [62–65]). Without a detailed
analysis, the point of whether similar benefits could be obtained for a stream with different
conditions and compositions as the PSA tail gas of the H2 production plant cannot be
immediately outsourced.

2. The PSA Tail Gas

Table 1 reports the characteristics of the PSA tail gas to be treated.
The amount of carbon dioxide is high, with a mole fraction equal to more than 50%.

The remaining species are CO and hydrogen, which are present in relevant amounts (about
24%), and methane (with a molar fraction close to 10%). For this reason, this gas can be
exploited for its energetic content and employed in the burners of the Steam Methane
Reformer. CO2 needs to be removed to avoid the lowering of the calorific value and to
reduce the amount of carbon dioxide in the flue gas exiting from the SMR reformer.

Table 1. Characteristics of the PSA tail gas stream entering the absorber after compression.

Parameter Unit Value

Temperature [◦C] 28
Pressure [MPa] 1.1

Molar Flow [kmol/h] 2106.3
Mass Flow [kg/h] 60,658

Composition

CO2 [mol/mol] 0.5095
CO [mol/mol] 0.1454

Hydrogen [mol/mol] 0.2369
Nitrogen [mol/mol] 0.0062
Methane [mol/mol] 0.0945

H2O [mol/mol] 0.0076

3. The Considered Schemes

Three alternative configurations, with an increase in complexity, have been considered.
The three schemes are characterized by the same feed and the same product in order

to ensure the comparison of the three alternatives for the same process performance. The
rationale at the basis of the alternatives is employing the change in operating conditions (for
instance the pressure in the flash unit) for favoring the desorption of CO2 from the solvent
without the use of external energy sources. This would reduce the energy consumption
needed in the regeneration column and, therefore, would favor energy saving, with a
reduction of the operating costs related to the utilities.
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3.1. Scheme (a)

In this configuration of the CO2 capture plant, whose simulation flowsheet is reported
in Figure 1, the rich solvent leaving the bottom of the absorption column is sent to a flash
drum. The pressure reduction in this unit favors the release of part of the acid gas species
previously absorbed in the rich solvent, enhancing the CO2 removal from the solvent stream.
Indeed, by flashing the rich solvent, some CO2 is separated from the amine solution and a
different composition of the solvent stream fed to the regeneration column, characterized
by a lower CO2 content, is obtained. As a consequence, the introduction of the flash drum
in the process flowsheet ensures a partial regeneration of the solvent, theoretically allowing
for the removal of a significant CO2 flow rate in the vapor phase and thus resulting in lower
heat duty at the reboiler. From the top and the bottom of the flash drum, respectively, the
vapor gas and the rich solvent are recovered. The vapor gas (FLASHCO2) is then employed
as additional fuel to the steam reformer burners, and the rich solvent (TOREG1) is sent to
the lean/rich heat exchanger to be heated by the stream of the hot lean solvent coming
from the reboiler. After being heated in the lean/rich cross-heat exchanger, the warm, rich
solvent is fed to the top of the distillation column to be fully regenerated. This column is a
distillation unit with a partial condenser, from which a stream rich in CO2 is obtained, with
full reflux, and with a partial reboiler, from which the lean solvent exits.
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Figure 1. Flowsheet of the simulation of Scheme (a).

3.2. Scheme (b)

Scheme (b) is characterized by the presence of a second flash drum, which operates at a
different pressure if compared to the first flash unit, to take advantage of the gas expansion
and, thus, to favor the release of the most volatile species from the rich solution (Figure 2).

The aim is to obtain two different gaseous streams with different compositions on the
basis of the operated pressure.

The rich solvent leaving the bottom of the absorption column (RICHOUT) is expanded
to the operating pressure of the first flash drum (high-pressure flash), corresponding to an
intermediate pressure between the absorption and regeneration operating pressures. The
gaseous stream released by the first gas–liquid separator (HPCO2) is characterized by a
smaller flow rate due to the higher flash operating pressure. However, it is characterized
by a composition richer in hydrogen, which can be recovered.

The flashed solution from the first flash drum (HPLIQ) is further flashed at lower
pressure in the second flash drum (low-pressure flash). The gaseous stream released by
the second gas–liquid separator (FLASHCO2) mainly consists of CO2, depending on the
flash operating pressure, and the liquid solution (LPLIQ), with lower CO2-rich loading
than RICHOUT, is sent to the regeneration section. As detailed in Section 5, because the
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operating pressure of the second flash drum is lower than the one of the first stage, a larger
vaporization extent is achieved in this case, resulting in a higher vapor flow rate.
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3.3. Scheme (c)

In Scheme (c), in order to minimize the process energy requirements and to take
advantage of the capability of the MDEA solvent to be partially regenerated by simple
pressure reduction, two sections for CO2 absorption, fed with two solvent streams of
different compositions, have been considered. The bulk of the CO2 is removed in the
lower section of the absorption column with a semi-lean MDEA solution, and the residual
amounts of CO2 are removed in the top section of the absorber with a steam-regenerated
solution. The regeneration occurs with two different degrees in two different sections.
The rich solvent leaving the absorber is then sent through two successive flash stages,
constituting the first section of regeneration that provides a semi-lean regenerated solvent
before being fed (partially) to the lean-rich cross heat exchanger where the cold-rich stream
to the regenerator exchanges heat with the hot lean stream exiting from the reboiler. The
second regeneration section consists of a reboiled stripping column, different from the
distillation unit considered in Scheme (a) and in Scheme (b). It treats only part of the total
semi-lean solution, leaving the low-pressure flash drum, thus providing the required lean
solvent, which is finally recycled to the top of the absorption column. Part of the vapors
coming from the stripping section of the regenerator is recycled back to the low-pressure
flash drum to strip and heat the semi-lean solution, and vapors from the low-pressure
flash drum are used in the bottom section of the regenerator to condense most of the water
contained in the gas. For the two-stage absorption process, only a portion of the semi-lean
solution (stream TOREG1) is regenerated, thus reducing the energy requirements [66]. The
remaining part of the semi-lean solvent (stream SEMILEAN) is pumped to the absorption
section without further regeneration.

By feeding a semi-lean solution to it, the absorber can be divided into two main
sections. In the lower section of the unit, the semi-lean solvent ensures the removal of the
bulk of the CO2 contained in the gaseous stream. The residual CO2 traces are removed in
the top section of the absorber with the more purified solvent.

Considering the flowsheet of the simulation of Scheme (c) (Figure 3), the rich solution
exiting the absorption column (RICHOUT) is first sent to the two flash stages to release, by
expansion, part of the CO2 contained in this stream. After being partially regenerated by
pressure reduction, it is split into two streams so that part of the semi-regenerated solution is
recycled upstream to the absorption section (SEMILEAN), and the remaining one (TOREG1)
is sent to the regeneration section after exchanging heat with the hot lean solution from
the regeneration (LEAN1). By doing so, a lower fresh solvent flow rate is required at the
absorption section to achieve the same CO2 capture rate. As a consequence, the amount
of the lean solvent flow rate is lower, though the overall amount of circulating solvent is
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higher than in the other configurations because the semi-lean solvent is characterized by a
lower absorption capacity. Stream CO2REG1 could be split to recycle part of the vapors
(stream TOFLASH) to the low-pressure flash to provide some benefit to the regeneration
section, if any. Stream CO2OUT is then cooled to 30 ◦C to compare the different considered
schemes.
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4. Methodology
4.1. Tool for Simulation and Economic Evaluation

The process has been simulated in ASPEN Plus® V11, previously modified by the
GASP research group of Politecnico di Milano [67] to take into account both the thermody-
namics and the mass transfer with reactions occurring when absorbing carbon dioxide with
aqueous solutions of MDEA. The tool can also perform the calculation considering gases
with the presence of aromatic species [68] and mercaptans [69], often found in natural gas
processing.

For the simulation, the packed unit of the absorber has been divided into 51 stages.
When considering rate-based simulations, this number represents the number of segments
into which the total height of the packed column is divided in order to perform the
calculations of equilibrium, heat and material balances.

The different schemes have also been compared in terms of capital and operating costs,
which have been calculated considering the methodologies by Turton [70] and Peters and
Timmerhaus [71].

For determining the cost of the utilities, 50.58 USD/MWh has been assumed for the
cost of low-pressure steam available at 5 barg and 160 ◦C, 60.48 USD/MWh for the cost
of electricity and 1.2744 USD/MWh (or 14.8 USD/1000 m3 water) for the cost of cooling
water.

4.2. Procedure Employed in this Study

The analysis of these alternative configurations has been carried out by considering
for each scheme the same column dimensions and the same amount of CO2 to be removed
(96.49% of the CO2 entering the AGR plant [61]). The characteristics of the two columns
have been taken from Pellegrini et al. [61], who developed a detailed study on the choice
of column internals for the considered system. In detail, Scheme (a) with the flash unit
operated at 4.5 bar [61] is taken as a reference. The CO2 compression section downstream
of the carbon dioxide removal section is assumed to be the same for all the schemes. The
operating conditions of the added equipment and the amount of solvent flow rates may
have been modified in order to achieve the desired specifications according to the different
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schemes. As for the lean-rich heat exchanger, a minimum ∆T approach of 10 K has been
considered.

For each configuration, one or more sensitivity assessments have been carried out in
order to choose the optimal process parameters, mainly for the energy requirements. The
investment and operating costs have also been considered. The details for each scheme are
reported in the following.

4.2.1. Methodology Employed for the Analysis of Scheme (a)

The effect of the operating pressure of the flash in Scheme (a) has been analyzed. In
particular, the sensitivity analysis has been carried out on the outlet pressure of the valve
downstream of the absorption column, and the flash drum operating conditions have been
defined considering the pressure of the stream entering the flash drum (LOWPRICH) and a
temperature of 347.15 K. It is assumed that this temperature is reached by using waste heat
available in the condensate stream exiting the reboiler of the regeneration column. For the
sensitivity analysis, the outlet pressure of the lamination valve has been varied in the range
of 2.9–9.8 bar, corresponding to the two conditions of the range between the operating
pressure of the regenerator and the one of the absorber. The effect of this parameter on the
massive flow rates and molar compositions of the vapor (FLASHCO2) and liquid (TOREG1)
streams exiting the flash drum has been analyzed.

4.2.2. Methodology Employed for the Analysis of Scheme b)

As for Scheme (b), different sensitivity analyses have been carried out for all the
examined cases with the aim of determining the optimal values of the operating pressure
for the two-stage flash. It should be noted that the operating pressures of the two flash
vessels have a strong influence on the amount of vapor released and, as a consequence, on
the amount of CO2 which can be removed from the liquid-rich solution in these units.

After having studied the influence of the operating pressure of the high-pressure (HP)
flash on the energy requirements with the same range of variation of pressure defined for
Scheme (a), a second sensitivity analysis has been carried out for all the examined cases to
study the effect of the low-pressure (LP) flash operating pressure on the reboiler duty to
determine the optimal value of this parameter.

4.2.3. Methodology Employed for the Analysis of Scheme (c)

For analyzing Scheme (c), after having identified the optimal feed stage of the semi-
regenerated solution to the absorption column, the effect of the flow rate of the recycled
semi-lean solution on the reboiler energy consumption has been investigated by varying the
split percentage of the semi-lean solution recycled to the absorption section (SEMILEAN).
For each value of the split fraction investigated, the minimum flow rate of lean solvent fed
to the absorber has been calculated to guarantee the fixed CO2 capture rate.

The split percentage of the recycle stream has varied up to 50% for all the examined
cases, assuming that it has not regenerated more than half of the total solvent flow rate,
which would have caused a relevant increase in the total circulating solvent in the plant,
in particular in the absorption section, similarly to increasing the total lean loading of a
solvent as in Moioli et al. [72]. Higher values of the split fraction have not been investigated
because, for these values, the contributions of the regeneration column become negligible.
The feed stage of the recycle stream has been set to equal the optimal one resulting from the
related sensitivity analysis on all the heights of the column (not reported here for reasons
of limited space), and different configurations have been considered for each case with
different split fractions of the CO2-rich stream exiting from the top of the stripping column
(CO2REG1).
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5. Results and Discussion
5.1. Scheme (a)

The flow rate of the gaseous stream leaving the flash drum (FLASHCO2) decreases
by increasing the flash operating pressure (Figure 4). Significant vaporization of the rich
solvent at the gas–liquid separator is achieved, involving a flow rate of the gaseous stream
released at the separator equal to 9.47 kg/s for a flash operating pressure of 2.9 bar. The
same considerations can be derived in particular for the massive CO2 flow rate in the vapor
phase, CO2 being the main component of this stream (Figure 5a). Also, the massive H2O
flow rate in the gaseous stream varies significantly with the flash operating pressure, while
the H2 content in this stream is much lower, and thus, its variation is almost negligible if
compared to one of the other species.
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Figure 4. Trends of the total massive flow of the vapor stream released at the flash stage (FLASHCO2)
and of the liquid stream leaving the flash stage (TOREG1) as function of the flash operating pressure
for Scheme (a).
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Figure 5. (a) Molar fraction; (b) mass flow rates of CO2, H2 and H2O (right axis) in the vapor stream
released at the flash stage (FLASHCO2) and (c) CO2 apparent molar fraction in the liquid stream
exiting from the flash unit (TOREG1) as function of the flash operating pressure for Scheme (a).

As a result of this sensitivity analysis, operating the flash drum at the lowest pressure
(2.9 bar) allows for maximizing the flow rate and, therefore, the recovery of CO2 in the
vapor stream leaving the gas–liquid separator (FLASHCO2), though with content in water
of more than 10%, which must be removed before downstream utilization of carbon dioxide.
The amount of hydrogen present in the vapor stream exiting the flash is very low due to
low co-absorption in the absorption column.

As for the solvent stream separated in the flash drum (TOREG1), the massive flow rates
of the individual components of this stream increase as well by increasing the operating
pressure of the flash drum, with CO2 apparent molar fractions due to the lower amount of
this gas released to the vapor phase (Figure 5c). The apparent molar fraction is defined as
the molar fraction including both the molecular solute (CO2 in this case) and its ions.

By increasing the flash operating pressure, the CO2 loading, defined as the ratio of
moles of CO2 and moles of MDEA in the liquid phase, of the solvent stream entering the
regenerator (HOTREG1) increases almost linearly, so an increasing profile for the reboiler
duty is obtained (Figure 6).
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Figure 6. Specific reboiler duty as function of the flash operating pressure for Scheme (a).

As a consequence, the optimal operating pressure of the flash drum is the lowest
of the investigated range (2.9 bar), as it ensures the maximum recovery of CO2 in the
vapor phase and, thus, the optimal solvent purification in the above-mentioned operating
conditions, resulting in the minimum reboiler duty. Operating the flash drum at a pressure
of 3 bar (taking into account the pressure drop in the lean–rich heat exchanger), about a
16% reduction in reboiler duty is obtained with respect to its operation at 4.5 bar and at the
same temperature.

5.2. Scheme (b)

The effect of the HP flash operating pressure on the massive flow rates and molar
compositions of the vapor (HPCO2) and liquid (HPLIQ) streams exiting the HP gas–liquid
separator has been firstly analyzed. The trend of the obtained results is similar to that of
Scheme (a).

Differently from Scheme (a), however, the reboiler heat duty required for generating
the stripping vapor is not influenced by the operating pressure of the HP flash drum. This
is due to the presence of the second gas–liquid separator, which levels out the CO2 loading
and the flow rate of the solvent stream fed to the regeneration section. Consequently,
operating the first flash unit at the highest pressure of the investigated range (9.8 bar)
provides a benefit for the process only in terms of minimization of the amount of water
exiting in the CO2-rich vapor stream.

Another analysis has been carried out on the outlet pressure of the lamination valve
downstream of the first flash drum, considering the LP flash is operated at 347.15 K [61]
and at the pressure of the stream entering the gas–liquid separator (LOWP).

As a result, operating the first flash drum at 9.8 bar and the second flash unit at 3 bar, a
reboiler heat duty of 8.94 MW is obtained, with a 16% reduction in the energy requirements
with respect to Scheme (a) where the single stage-flash is operated at 347.15 K and 4.5 bar.

No difference between the optimized Scheme (a) (with flash operated at 3 bar) and
Scheme (b) can be found for energy saving. The main advantage is related to the availability
of a stream rich in carbon dioxide with a very low content of water, which does not need
water removal treatments as stream FLASHCO2 needs.

5.3. Scheme (c)

For Scheme (c), several analyses have been performed to take into account the different
main parameters.
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5.3.1. Analysis of the Split Fraction of the CO2-Rich Vapor Stream

The analysis of the split fraction of the CO2-rich vapor stream has been first carried
out, considering the range of 0.05–0.95. Results show that this split fraction does not
significantly modify the energy requirements (if compared, for instance, to the effect of
the split fraction of the semi-lean solvent analyzed in Section 5.3 and considering that the
minimum reboiler duty is obtained for the minimum value of split fraction (5%)). A further
study carried out for a split fraction of 0% confirmed the trend, with the minimum value of
reboiler duty obtained equal to 0.56 MJ/kgCO2.

On the basis of these results, a split percentage of the regeneration vapors recycled to
the low-pressure flash equal to 0% has been considered.

When all the stream CO2REG1 is fully sent directly to compression for a solvent flow
rate (LEANIN) of 93 kg/s, the minimum specific reboiler duty results in 0.56 MJ/kg CO2,
with about 33.50% saving in comparison with the reference Scheme (a). This leads to the
conclusion that operating the recycle of the vapors exiting the stripping column to the
low-pressure flash provides no benefit to the operation of this plant because of the specific
composition of this system and of the operation of the flash at quite high temperatures.
Indeed, the main benefit should come from the warming effect on the flash unit due to the
hot vapor streams exiting from the top of the regeneration column, which should enhance
the vaporization of the part of the rich solvent. This additional benefit is negligible when
operating the flash unit at a high temperature (347.15 K).

5.3.2. Effect of the Semi-Lean Feed Stage

In addition to analyzing the negligible effect of the split of vapors exiting from the top
of the regenerator column and before defining the optimal split fraction for the semi-lean
solvent, the influence of the feed stage of the semi-lean solvent on the absorption column
has been considered.

The overall circulating flow rate is set to achieve the target CO2 removal by changing
the feed stage of the semi-lean stream to the absorption column. No significant variations
are observed for the flow rate of the purified gaseous stream leaving the top of the column
(GASOUT).

The total massive and molar flow rates of the rich liquid solution leaving the absorber
(RICHOUT) vary significantly, and a minimum trend of the reboiler duty of the regeneration
column is observed due to the different operations of the absorption column. The trend is
due to the variation of the circulating flow rate in the absorption column, which influences
the increase in the temperature along the absorber because of the exothermicity of the
chemical reactions of CO2 with the solvent. The temperature also influences the chemical
equilibrium and the kinetics of reactions, determining the total solvent flow rate required
for a given % of CO2 removal. Therefore, in the regeneration column, the reboiler duty
varies significantly, depending on the characteristics of the solvent stream to be regenerated.

Feeding the semi-lean solvent at simulation stage 12 results in requiring the minimum
energy at the reboiler (Figure 7), for a split percentage of the vapor stream recycled to the
low-pressure flash equal to 0% and for a split percentage of the semi-lean stream equal
to 10%. The obtained specific reboiler duty is 0.79 MJ per kilogram of absorbed carbon
dioxide, with about a 5.5% reduction obtained with respect to Scheme (a) with reference
conditions.
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Figure 7. Specific reboiler duty as function of the feed stage for Scheme (c) operating with a split
percentage of the regeneration vapor stream recycled to the LP flash stage of 0% and with a split
fraction of the semi-lean solvent equal to 10%.

5.3.3. Effect of the Split Fraction

For each value of the recycle percentage, the flow rate of lean solution fed to the
absorber has been determined as the one that achieves the required value of CO2 capture
rate (96.49%), accounting specifically for the contribution represented by the recycle stream
in terms of absorption capacity. For this analysis, by increasing the flow rate of the semi-lean
solution recycled to the absorber (SEMILEAN), the LEANIN flow rate moves from 139 kg/s,
in correspondence with a recycling percentage of 5%, to 93 kg/s when recycling 50% of
the semi-lean solution. Indeed, the introduction of the semi-lean solution recycling to the
absorber increases the absorption capacity within the column and reduces the amount of
carbon dioxide fed to the stripping column for regeneration. This causes an increase in the
flow rate of the solution to split and be recycled. The flow rate of the semi-lean solution in
the closed recycle loop results equal to 8 kg/s and 97 kg/s for a recycle percentage of 5%
and 50%, respectively.

The absorber performances in terms of CO2 removal remain unchanged, and the
profiles of flow rate, composition of the species and temperature of the vapor phase and
of the liquid phase vary. No substantial variations are observed for what concerns the
characteristics of the purified gaseous stream leaving the top of the absorber (GASOUT).

The effect of the investigated parameter on the temperature of the main process
streams upstream of the regeneration section is reported in Figure 8. The observed in-
creasing temperatures of the streams leaving the absorber (RICHOUT) and entering the
high-pressure flash drum (LOWPRICH) are related to the introduction in the absorption
column of a recycle stream available at a higher temperature than the temperature level
of the absorber. As a result, the temperature of the rich solution leaving the absorber
(RICHOUT) increases by increasing the flow rate of the semi-lean solution recycled to the
absorption section.
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Figure 8. Temperature of the main process streams upstream the regeneration section as function of
the split fraction for Scheme (c) operating with a split percentage of the regeneration vapor stream
recycled to the LP flash stage of 0%.

Figure 9 shows the effect of the recycle percentage on the energy consumption of the
regeneration section in terms of specific reboiler duty.
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Figure 9. Specific reboiler duty as function of the split fraction for Scheme (c) operating with a split
percentage of the regeneration vapor stream recycled to the LP flash stage of 0%.

A decreasing trend of the reboiler duty results from increasing the flow rate of the
semi-regenerated solvent recycled upstream to the absorption section (SEMILEAN) due to
the reduction in the flow rate of the solvent employed in the purification process, which
influences the flow rate of the stream fed to the stripping column. The minimum energy
consumption at the reboiler is obtained in correspondence with the maximum value of the
recycle percentage in the investigated range (50%). For a solvent flow rate (LEANIN) of
93 kg/s, the minimum reboiler duty and specific reboiler duty are, respectively, 7.10 MW
and 0.56 MJ/kg CO2. A reduction of 33.22% is achieved if compared to the reference Scheme
(a).

6. Comparison among the Schemes
6.1. Technical Comparison

Table 2 reports a comparison of the most relevant schemes analyzed in this paper.
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Table 2. Main differences among the considered configurations.

Scheme (a) Scheme (a) Scheme (c)

Variable Unit Scheme (a)—4.5 bar Optimized Scheme
(a)—3 bar Optimized Scheme (c)

Number of flash units [-] 1 1 2
Pressure of the first flash [MPa] 0.45 0.3 0.98

Pressure of the second flash [MPa] NA NA 0.3
% split TOSPLIT to SEMILEAN [%] NA NA 50

Regenerator type [-] distillation distillation reboiled stripping
Condenser duty [MW] 0.67 0.67 NA

Reboiler duty [MW] 10.63 8.94 7.07
COOLER duty [MW] 22.2 22.2 12.3

Cooler of CO2-rich stream duty [MW] NA NA 1.62
PUMP duty [MWel] 0.126 0.126 0.085

PUMPSEMI duty [MWel] NA NA 0.091

On the basis of the results obtained in Section 5, Scheme (c) is the most promising
one because it is characterized by the lowest energy consumption at the reboiler of the
regeneration column. It is, however, composed of a higher number of units and presents a
more complex configuration.

6.2. Economic Comparison

An economic evaluation, taking into account both the investment and the operating
costs, has been performed, and Scheme (c) has been compared to the optimized Scheme
(a). Results of Scheme (b) are not reported because this configuration shows no relevant
benefits in terms of energy saving if compared to the optimized Scheme (a), as concluded in
Section 5.2.

Figure 10a) reports the comparison in terms of the cost of investment and the cost of
utilities. Among these costs, steam is the most relevant for both configurations if compared
to electricity and cooling water (Figure 10b). The electricity cost for Scheme (c) is about
1.4 times the one needed in Scheme (a) because of the added pump for the semi-lean solvent
and because of the higher amount of circulating solvent through the plant. Despite this, it
only accounts for less than 3% of the total costs of utilities.

Because of the higher complexity of the plant, Scheme (c) requires higher investment
costs. The complexity of the configuration also influences the total cost of manufacturing,
composed of the cost of maintenance and repair, the cost of part of the local taxes and
insurances, the cost of part of the overhead plant costs and the cost of the administration.
For instance, the costs for maintenance and repairs, estimated to equal 7% of the Fixed
Capital Investment, is about 272,000 USD higher for Scheme (c). It, however, allows for a
lower steam consumption, so that, considering the expenses due to the utilities consumption
of the plant, Scheme (c)’s results are more advantageous.

The estimated Net Present Value (NPV) of the project is equal to −118.3 MUSD for
Scheme (a) and to −120.41 MUSD for Scheme (c). The USD per ton of CO2 avoided is
−32.29 USD/tCO2 for Scheme (a) and −32.78 USD/tCO2 for Scheme (c). The carbon tax is a
way to have carbon emitters pay for the climate change caused by releasing CO2 into the
atmosphere. Its application, with a value of only 35 USD/tCO2, would make the NPV of
this hydrogen-producing plant favorable with the CO2 removal section in operation.

The choice of Scheme (c) is also favored because of the lower environmental impact in
terms of emissions and the use of energy sources that would result from the lower energy
consumption.
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Figure 10. Comparison of Scheme (a) and of Scheme (c) in terms of (a) capital and utility costs and (b)
steam, electricity and cooling water costs.

7. Conclusions

This paper focuses on the study of a purification process for CO2 removal from the
PSA tail gas within an SMR-based hydrogen plant. In particular, the analysis of three
alternative configurations has been carried out with the aim of understanding whether
some benefits in energy saving could be obtained and to what extent. In the end, it is the
one that minimizes the energy consumption for the process of treatment of the PSA tail gas
stream by employing an aqueous solution of MethylDiEthanolAmine.

On the basis of the obtained results, Scheme (c) provides the lowest reboiler duty if
operated with a split fraction of the semi-lean solvent equal to 50% and without recycling
the CO2-rich stream in the flash unit.

The work highlights that process modifications can result in energy savings and cost
reduction for the carbon dioxide removal section applied to the purification unit of the PSA
tail gas, for which no detailed works on this specific topic can be found in the literature. It
provides a starting point for its widespread application at the industrial level, especially
considering the increasing attention to hydrogen utilization. Indeed, although renewable
hydrogen produced from the electrolysis of water using renewable power is thought to be
a long-term solution, it has been estimated that it may not achieve economic sustainability
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until at least about 2045. By operating the CO2 removal plant as studied in this work,
the carbon intensity of hydrogen produced from non-renewable sources can be mitigated
substantially, favoring the reduction of greenhouse gas emissions.

Despite the higher initial investment costs for a more complex configuration as for
Scheme (c), the resulting cost of manufacturing, strongly dependent on the utility consump-
tion, results significantly reduced. This reduction creates benefits on the overall costs of
the plant and favors a further reduction of the CO2 emissions to the atmosphere. All the
considered alternatives are characterized by the same performance in terms of CO2 removal.
They differ, such as in the total CO2 emissions related to the generation of the utilities,
particularly in the low-pressure steam to be used at the reboiler of the regeneration section,
which is often produced in a steam generator by the combustion of fossil fuels.

The findings obtained in this study can be applied to other PSA tail gas streams. As
also reported by Voss [1], adsorption processes can contribute to carbon dioxide removal
from several gaseous streams and much research on this topic is being performed. For
instance, a five-step PSA cycle for CO2 separation in a single column, employing an
adsorbent with similar performances to those already commercially employed and which
could be regenerated, is being considered [73]. The selection of the best configuration for
energy saving while avoiding carbon dioxide emissions into the atmosphere when emitting
PSA tail gas streams from several industrial applications can be a further development of
this work.

Author Contributions: Conceptualization, S.M. and L.A.P.; methodology, S.M. and L.A.P.; software,
S.M.; validation, S.M. and L.A.P.; formal analysis, S.M. and L.A.P.; investigation, S.M. and L.A.P.;
resources, S.M. and L.A.P.; data curation, S.M. and L.A.P.; writing—original draft preparation, S.M.;
writing—review and editing, L.A.P.; visualization, L.A.P.; supervision, L.A.P.; project administration,
S.M. and L.A.P. All authors have read and agreed to the published version of the manuscript.

Funding: This research received no external funding.

Data Availability Statement: The original contributions presented in the study are included in the
article; further inquiries can be directed to the corresponding author.

Conflicts of Interest: The authors declare no conflicts of interest.

Nomenclature

Acronyms
CCS CO2 Capture and Storage
CCSU CO2 Capture, Storage and Utilization
CCU CO2 Capture and Utilization
IEAGHG International Energy Agency Greenhouse Gas R&D Programme
MDEA MethylDiEthanolAmine
NPV Net Present Value
PSA Pressure Swing Adsorption
SMR Steam Methane Reforming
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