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Abstract: It is well-established that increasing demands for fresh water are paving the way for
desalination technologies. However, this correlates with an increase in brine production whose
treatment and disposal can be complicated and expensive. This paper presents a thermodynamic
model to bound the operation and development of a novel Humidification–Dehumidification-based
system featuring Zero-Liquid Discharge and off-grid capabilities. The model employs conservation
laws to find feasible state points to meet a baseline operation of 10 kg/h of product water separated
from a hypersaline feed stream with 100 g/kg salt concentration. The system incurs in a 1039 kWh/m3

energy intensity that can be supplied completely by an electric source or in combination with heating
steam. Follow-up sensitivity analysis highlights the robustness of the system in handling variations
of 25% in product flowrate and 75% in feed salinity, practically without incurring any additional
energy demands. The proposed system operating costs between 72 USD/m3 and 96 USD/m3 are
comparable to those of existing brine disposal techniques. Furthermore, an operational map of
existing desalination technologies suggests a niche characterized by high recovery rates and high feed
salinities that are generally unfulfilled by conventional desalination methods. Overall, the proposed
system shows potential for off-grid hypersaline brine treatment. This study sets the stage for future
development of physics-based and data-driven predictive models as the proposed system iterates
into a pilot plant deployment.

Keywords: zero-liquid discharge; humidification–dehumidification; hypersaline brine; off-grid; brine
management; thermal desalination; hybrid desalination plants

1. Introduction

Desalination systems, as a vital infrastructure, need innovations focused on their
production capabilities, adaptation to site-specific factors such as feed-water character-
istics or available energy type, and operation issues that compromise performance [1,2].
Within the latter, fouling and brine discharge are two serious and recurrent problems
in the operation of both membrane-based and thermal desalination systems that reduce
performance and incur significant costs [3–5]. Reverse Osmosis (RO) is the most important
membrane-based technology, which consumes a relatively small amount of energy per
product flow rate [6,7], but it is consistently challenged by fouling problems [8,9]. Fouling
can be organic, inorganic (scaling), biological, oxidization, or other types [10]. Fouling
leads to increases in the required pumping power [11,12] and can account for 11–24% of
the total operating expenses [13]. This generally limits the membrane-based technologies
to an average threshold of feed salinity and recovery to stay competitive [14]. Although
still present, fouling is less impactful in thermal desalination processes [15,16]. Thermal
methods, such as Multi-Effect Distillation (MED) and Multi-Stage Flash, consume larger
amounts of energy per product flow rate compared to the RO consumption. Therefore,

Water 2022, 14, 2688. https://doi.org/10.3390/w14172688 https://www.mdpi.com/journal/water

https://doi.org/10.3390/w14172688
https://doi.org/10.3390/w14172688
https://creativecommons.org/
https://creativecommons.org/licenses/by/4.0/
https://creativecommons.org/licenses/by/4.0/
https://www.mdpi.com/journal/water
https://www.mdpi.com
https://orcid.org/0000-0002-4683-0195
https://orcid.org/0000-0003-2191-8155
https://orcid.org/0000-0002-6839-1111
https://orcid.org/0000-0001-6825-5091
https://doi.org/10.3390/w14172688
https://www.mdpi.com/journal/water
https://www.mdpi.com/article/10.3390/w14172688?type=check_update&version=1


Water 2022, 14, 2688 2 of 17

the thermal desalination methods are associated with higher production costs than the
membrane-based molecular transport methods [6]. Scaling limits feed-water quality to
brackish and seawater salinities, making it unsuitable to treat local high-salinity water [14].
Therefore, the treatment of high-concentration brines remains an unviable investment in
many cases.

In desalination, the water product is usually separated from the feed stream, and the
remaining water is discharged as brine. Brine disposal can be problematic due to high
salinity and, in the case of thermal desalination, elevated temperatures. This can have
severe impacts on both ground and marine environments due to pollution and sometimes
toxicity [17]. Therefore, strict environmental regulations govern and limit brine discharges
in many different locations around the world [18]. Zero-Liquid Discharge (ZLD) is an
attractive alternative to brine disposal, as the only process byproduct is solid salt. However,
the only practical and scalable implementations of ZLD consist of brine post-treatment
through mechanical crystallizers and evaporation ponds [14]. In the first option, a brine
crystallizer is an additional device that further desalinates the brine stream by gradually
flashing vapor until salt crystals form. Besides an additional capital expense for brine
crystallizer systems, pumping the viscous sludge can incur high operation costs that make
this option economically unviable [14,19]. Evaporation ponds, while having small operation
expenses, require large land areas and time for brine processing [20].

A novel humidification–dehumidification (HDH) water desalination technology with
ZLD has a potential to solve problems associated with fouling, brine discharge, and de-
centralization, so it was conceptually embodied in a Solar Thermal Extraction of Wa-
ter by Atomization and Recuperative Desalination (STEWARD) system [21]. The use of
humidification–dehumidification should make the STEWARD system less sensitive to
fouling and should also allow the potential use of low-grade energy, such as solar energy
and industrial waste heat [22,23]. The HDH-ZLD process within the STEWARD system cur-
rently has ongoing research efforts focused on component-based investigations of the rates
of humidification [24], atomizer design [25], and centrifugal salt separation [26]. Therefore,
the present study focused on first-principles analyses of these system components and
further modeled the performance of a complete system to enable mapping of potential op-
erational ranges onto the operational field of existing desalination technologies. Specifically,
the contributions of this study are:

• A mathematical model for the proposed STEWARD system used to bound operational
space through physical conservation laws and to estimate the thermodynamic states
at each point of the desalination process;

• A sensitivity analysis highlighting the engineering tradeoffs associated with variations
in product flow rate and feed salinity;

• An evaluation of the practical implications related to deploying the STEWARD system
to potentially replace existing desalination plants or complement brine processing;

• Identification of deployment opportunities for STEWARD within the current opera-
tional space of existing desalination technologies.

The paper first presents descriptions of the STEWARD system, associated modeling
equations, and simulation algorithm. Afterwards, the paper presents the simulation results
of a baseline operation and sensitivity analysis. Furthermore, the paper discusses practical
implications of deploying the STEWARD system to potentially replace existing systems or
supplement brine processing in actual desalination facilities. Finally, this HDH-ZLD system
is mapped onto the operational space of existing desalination technologies to identify the
technical niche in which it could potentially be deployed.

2. Methodology

This section explains the underlying thermodynamic process of the STEWARD system
and disseminates the key equations that describe its operation. The simulation challenges
related to calculating the thermodynamic state after atomization are explained, as well as
the modeling constraints and algorithm employed by the proposed model.



Water 2022, 14, 2688 3 of 17

2.1. Overall System Description

Figure 1 shows a schematic of the novel desalination system modeled in this work. At
point (1), near-stagnant air enters a compressor where it is compressed. The stream leaves
through hot-air jets (2) used to atomize a thin saline water film. Atomizing saline water
with salinity higher than 100,000 ppm (typical RO discharge salinity) using conventional
atomizers is a challenge, as scaling can clog any orifices in very short time periods [24]. A
novel atomizer design (3) is implemented to suppress the fouling and sustain the cycle [25].
The next stage is the heat exchange, which consists of a double-phase heat exchanger
(evaporator/condenser) and a first heat recuperation stage. The fine spray generated by
the atomizer is fully evaporated and absorbed by the carrier dry air. To stay economically
viable, the maximum energy needs to be recuperated in this heat exchanger. For that, the
boundary conditions need to be accurately pinpointed. Before entering the evaporator, the
dry air is slightly humidified by the partial evaporation of the saline water. Conventional
analytical models fail to pinpoint the thermodynamic state at this point, as it is a multi-
constraint optimization problem. The constraints of mass and energy continuities and
maximization of entropy are not sufficient to solve the problem. Additional constraints
from the working cycle need to be introduced.
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Figure 1. Diagram schematic of the proposed system.

After the heat exchanger (4), a homogenous mixture of moist air and salt crystals enters
a cyclone separator (5), which is another potential choking point in the cycle. Analytical,
numerical, and experimental investigations proved how the cyclone separator has a high
resistance to fouling [26]. The continuous salt separation in the solid phase coupled with
the nature of the HDH makes the technology resistant to fouling. The clean humid air (6)
then enters a superheater, which uses low-grade thermal energy to introduce additional
energy to the system and prevents premature condensation prior to the condenser. The
hot moist air then enters the condenser side, where it recoups the sensible and latent heats
to evaporate the sprays in the evaporator side. Then, a mixture of almost dry air (down
to the thermodynamic limit) and liquid water exits the condenser (8). This mixture enters
an air–water separator, after which the air recirculates in the cycle. At some operating
conditions, the warm fresh water could potentially be used to preheat the incoming streams
of saline water.
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2.2. Model Description

A significant challenge in the proposed design lies in bounding the thermodynamic
state of the atomized water-and-air mixture for plausible operation. To achieve this, an
iterative algorithm is employed that tests all the possible temperature-relative humidity
combinations and eliminates physically nonviable options through checkpoints along the
evaporator, cyclone, superheater, and condenser loop. The pressure loss of atomization is
determined to be around 50 kPa at the operating flow rates [24]; the possible temperature
range is bounded by the water and air temperatures, T12 and T2, respectively; and finally,
the possible relative humidity range is between 0 and 100%. Each iteration consists in
setting a temperature value from the range and trying all possible relative humidity range
values and eliminating the combinations that do not pass the following checkpoints:

• The partial pressure of water (P3,w) is defined by T3 and φ3, which must be lower than
P3 to result in a positive humidity ratio:

W3 > 0; (1)

• State 4 is calculated through an iterative algorithm that finds T4 such that the resulting
humidity ratio W4 matches that of full evaporation of the warm saline water stream
(m12/m2). To guarantee heat transfer and full evaporation, T4 must be slightly greater
than T3, and thus, the checkpoint follows that:

T4 − 0.5 > T3; (2)

• It has been determined that expansion cooling of the gas and cooling of the liquid
through heat transfer are minimal during atomization processes, especially at fast
discharges [27]. Therefore, the total enthalpy of the high-speed hot air and warm saline
water streams before and after atomization mixing must remain equal or slightly lower
due to losses in local evaporation and breaking of water droplets. The implemented
checkpoint therefore ensures that H3 is between 0 and 8% lower than the addition of
the enthalpies in the streams preceding the atomizer such that:

(H2 + H12)− H3

(H2 + H12)
< 0.08; (3)

• The superheated moist air temperature is an input to the model and must be larger
than the calculated temperature at the evaporator outlet per the second law of ther-
modynamics. Furthermore, the temperature at the evaporator outlet must be lower
than the temperature of the condensed water-and-air stream leaving the condenser.
Therefore, the implemented checkpoint verifies that:

T4 < T7, (4)

and
T8 < T7; (5)

• The heat available on the condensing side of the evaporator Qc must be greater than
the heat required to complete evaporation Qe. This condition checks that at minimum:

Qc > Qe. (6)

All possible atomized water and air (state 3) points that pass all the checkpoints are
stored in an array. The most plausible state point is finally selected using the uniformly
weighted ranking criteria based on three parameters: difference between available and
required heat across the evaporator, entropy increase through atomization, and total en-
thalpy difference before and after atomization. At this stage in the simulation, the identified
thermodynamic state points following atomization, at the equal or greater heat available in
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the condensing side of the evaporator, have to achieve full evaporation of the atomized
water stream. The model bounds the design space by selecting the point associated with
the minimum difference between heat available and heat required in the evaporator. Fur-
thermore, the model considers the atomized water-and-air state point that results in the
largest entropy after atomization to implement a worst-case scenario design for safety in
thermodynamic performance. Finally, the design is bounded by considering the lowest dif-
ference in total enthalpy of the air and water streams before and the combined stream after
atomization. This assumes an optimized atomizer design with high discharge, which uses
the air velocity for atomizing the water stream without incurring major thermodynamic
losses [27].

The complete set of model equations for the desalination system are shown in Table 1.
After determining the thermodynamic state point of the atomized water-and-air stream,
the model continues calculations through the air–water separator and the recuperator. The
state points at the recuperator inlets and outlets are calculated using the warm saline water
state point 12, the temperatures of the cool saline water intake and hot freshwater streams at
points 11 and 9, respectively, and a heat exchanger effectiveness of 0.8 as design constraints.

Table 1. Model Key Equations.

Component Equation Variables

Compressor

Wisen = m1

(
γ1

γ1−1

)
P1

(
1
ρ1

)[(
P2
P1

)( γ1−1
γ1

)
− 1

]
(7)

Wisen Compressor power, isentropic
m1 Slow-moving dry-air mass flow rate
γ1 Isentropic ratio
P1 Inlet pressure

Wcomp = Wisen
ηc,isen

(8)
P2 Outlet pressure

Wcomp Actual compressor power
ηc,isen Compressor isentropic efficiency

Evaporator Qe = m3,swλ3,sw + (m3,w + m3,a)cp,ma(T4 − T3) (9)

Qe Heat required for full evaporation
m3,sw Saltwater flow rate
λ3,sw Saltwater latent heat of vaporization
m3,w Water-vapor flow rate
m3,a Air flow rate
cp,ma Specific heat capacity of moist air

T4 Outlet temperature
T3 Inlet temperature

Superheater
dHsup = mw(h7,w − h6,w) + ma(h7,a − h6,a) +

ms
(
cp7s T7 − cp6s T6

) (10)

dHsup Superheat enthalpy difference
mw Water-vapor mass flow rate
h7,w Water-vapor enthalpy at superheat temp.
h6,w Water-vapor enthalpy at vapor saturation
m7,a Dry-air mass flow rate
h7,a Air enthalpy at superheat temp.
h6,a Air enthalpy at saturation temp.
m7,s Solid-salt mass flow rate
cps Specific heat capacity of solid salt
T7 Superheat temp.
T6 Saturation temp.

Condenser
dHsat = mw(h6,w − h8,w) + ma(h6,a − h8,a) (11)

dHsat Condensation enthalpy difference
h8,w Water-vapor enthalpy at liquid saturation
h8,a Air enthalpy at saturation temp.

Qc = dHsup + dHsat (12) Qc Condensation heat

Cyclone

P6 = P5 − dPcy (13)
P6 Outlet pressure
P5 Inlet pressure

dPcy Cyclone pressure drop

ms = m5,sηcy (14)
ms System-salt flow rate

m5,s Inlet-salt flow rate
ηcy Collection efficiency

The cyclone effects are modeled through the pressure drop (dPcy) it incurs in the
moist air flow and the collection efficiency (ηcy), which dictates the percentage of salt
particles that are removed from the stream. The modeling approaches for pressure drop
and collection efficiency are detailed to great extent in the literature [28,29]. A model that
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considers cyclone dimensions, inlet thermodynamic state, flow velocity, and salt particle
characteristics was initially implemented to size the component. Nevertheless, preliminary
design experiments for the desalination system showed that these modeling approaches
generally overestimated the pressure drop, likely due to the small size of the required
cyclone, and that the achieved collection efficiency was consistently 0.99 or higher [26].
Experiments at the cyclone component level were conducted in a separate study [30].
For tests with dry-air flow rates of 10.8, 7.2, and 14.8 kg/h resulting in inlet velocities
of 7.8, 5.7, and 10.7 m/s, with salt content (wt% of dry air) of 7.4, 9.7, and 10.8%, the
experimentally measured collection efficiencies were 1, 0.998, and 0.997 with a maximum
pressure drop of 200 Pa. In a test integrating the cyclone with the STEWARD system,
separation efficiencies between 0.995 and 0.999 were observed for humid-air flow rates
ranging from 3.6 to 16.2 kg/h, with inlet velocities between 10.1 and 32.7 m/s, humidity
ratios ranging from 0.16 to 0.5, and intake salinities ranging from 35 to 150 g/kg. Thus,
in our analysis, we conservatively assume a constant dPcy of 5 kPa pressure drop and ηcy
of 0.99.

The presented model has two major assumptions: a) constant cyclone separation
efficiency and b) constant pressure drops across system components. The first major
assumption consists of a constant cyclone efficiency of 0.99; this is a slightly conservative
assumption justified by experimental results for intake salinities ranging from 25 g/kg to
147 g/kg where the separation efficiencies remained between 0.995 and 0.999 [30]. The
second major assumption includes constant pressure drops across system components
being: 50 kPa for atomization (process 2–3), 15% of the total pressure during evaporation
(process 3–4), 5 kPa for the pressure drop across the cyclone (process 5–6), and 15% of
the total pressure for condensation (process 7–8). These assumptions are justified by
experimental data for each separate system component. Specifically, the atomizer air-side
50 kPa pressure drop is assumed as a design target for the ongoing atomizer development.
Experimental results on a novel perforated-plate airblast atomizer for saline water at
the corresponding air flow rate show about 150 kPa pressure drops [31]. However, the
pressure drop can be significantly reduced through different atomizer design avenues.
The pressure drop in effervescent atomization, for instance, at similar water flow rates
can be as low as 25 kPa [32]. A combination of effervescent and airblast atomization can
operate with air pressures ranging from 15 to 180 kPa [33]. Novel pneumatic atomizer
designs can achieve atomization with less than 10 kPa pressure drop in the air stream, and
1.2 kPa in the water stream [34]. It must be noted that the water stream in the presented
system serves two purposes: atomization, and a medium through which to transport
water. Therefore, the energy required for atomization could further be reduced by assisting
atomization with ultrasonic atomizers [35–37], while bypassing the necessary air flow to
maintain moisture absorption and release. The cyclone pressure drop is experimentally
determined to be negligible compared to the other component pressure drops [30]; therefore,
the assumption of a 5 kPa is a conservative assumption that at this stage in design can
be regarded as a worst-case scenario. The assumptions for pressure drop for both the
evaporator and condenser sides correspond to the maximum pressure drops required
to achieve the humidification rates for the baseline product-water flow rate. Although
preliminary experiments on different heat exchanger design suggest lower pressure drops,
we implement a conservative scenario for energy consumption calculations. Finally, the
model assumes an air stream pressure of 48 kPa (state 1), and thus, any excess pressure
is released in the air–water separator. This is a conservative assumption, as it has been
determined that the pressure across the air–water separator pressure is within the ranges
of 0.5 to 1.5 kPa [38], and thus leaves a safety margin for further optimization as the system
is integrated into a pilot plant.

Moist air properties with temperature, pressure, and humidity dependence are calcu-
lated using the AirProperties MATLAB library [39], which is based on published correla-
tions [40,41]. Dry air thermodynamic properties are calculated using the IdealAir MATLAB
package [42]. Most saline and pure water properties are calculated using the Thermo-
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physical Properties of Seawater library [43,44], and two-phase vapor-steam properties are
calculated using the XSteam library [45]. Both XSteam and the Seawater libraries, however,
could be used interchangeably at zero salinity.

3. Results

This section presents the simulation results at baseline operations and the underlying
thermodynamic cycle of the system to find critical processes and components. A subsequent
sensitivity analysis is presented by parametrizing product flow rate and feed salinities to
understand the operational tradeoffs inherent to the system.

3.1. Baseline Operation

Table 2 shows the complete input set for simulation. The presented HDH- ZLD system
employs a thermal process to drive desalination; however, it additionally features an air
compressor driven by electric energy. In this analysis, we assume a scenario in which the
superheater is driven by motive steam at the saturation pressure (Ps) corresponding to the
superheated temperature, and another scenario where we assume an electric superheater.
The compressor is always considered in the total energy consumption, as it incurs significant
energy requirements within the process.

Table 2. Model Inputs—Baseline.

General Inputs

Product flow rate, Md (kg/s) 0.0027
Intake salinity, C f (g/kg) 100
Intake temp., Tin (◦C) 18

Family Inputs

Motive steam pressure, Ps (kPa) 200

Specific Inputs

Superheat temp., Tsup (◦C) 120
Slow-moving dry-air pressure, P1 (kPa) 48
Slow-moving dry-air temp., T1 (◦C) 20
Slow-moving dry-air rel. hum., φ1 (−) 0.63
Air flow rate, m1 (kg/s) 0.0054
High-speed hot-air pressure, P2 (kPa) 150
Warm saline-water temperature, T12 (◦C) 20

Table 3 shows the outputs of the simulation of the proposed system at baseline op-
eration. The results show the most feasible operation point that follows the physical
conservation laws. Thus, practically complete water recovery can be achieved from a
considerably high feed-water salinity through the proposed system. Although the total
specific energy consumption is large, it must be noted that roughly 10% of the required
heat for evaporation is an external thermal input through the superheater. This translates
to a high gain ratio that may not be an accurate metric of thermal performance as it is
with other thermal desalination systems driven by a single energy input. This is a con-
siderable difference from other thermal desalination systems, such as conventional HDH
and MED, in which the heat required for desalination is completely supplied externally
or partially supplemented by recirculated product steam in the case of energy recovery
devices [46]. Instead, the proposed STEWARD system offsets the evaporation load to the
compressor, which uses air to provide energy for increasing the surface area of evapora-
tion of the water through atomization, absorbing moisture, and transferring heat through
psychrometric processes.
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Table 3. Model Outputs—Baseline.

General Outputs

Product flow rate, Md (kg/s) 0.0027
Feed-water flow rate, M f (kg/s) 0.003
Brine flow rate, Mb (kg/s) n/a
Product-water salinity, Cp (g/kg) 1
Feed-water salinity, C f (g/kg) 100
Brine salinity, Cb (g/kg) n/a
Actual recovery ratio, R 0.91

Family Outputs

Specific energy, Edes (kWh/m3)
Scenario 1: 986el, 53th

Scenario 2: 1039el
Motive-steam flow rate, Mp (kg/s) 2.37 × 10−4/n/a
Gain ratio, GR 11.4/n/a
Sp. cooling-water flow rate, sMcw (kg/kg) n/a

Specific Outputs

Atomized water-and-air temp., T3 (◦C) 75
Atomized water-and-air rel. hum., φ3 (−) 0.69
Solid salt-product flow rate., ms (kg/s) 2.94 × 10−4

Compressor power, Wcomp (kW) 9.6
Evaporator heat required, Qe (kW) 3.3
Condenser heat available, Qc (kW) 7.3
Superheater heat, dHsup (kW) 0.5

Some conventional performance indicators, such as gain ratio or specific cooling-water
flow rate, do not completely apply in the proposed STEWARD system. Therefore, analyzing
each of the cross-comparison hierarchies can provide a systematized method to assess its
operation space and cycle characteristics through both energy supply scenarios. At the
General Outputs level, the STEWARD system does not have a brine flow rate or salinity.
Instead, almost 100% of the salt content is separated in the cyclone and rejected as a solid
salt product. Considering the feed salinity of 100 g/kg, 0.0003 kg/s from the feed-water
flow rate is part of the solid salt product. The actual recovery ratio is calculated with the
ratio of product-water mass flow rate to total feed-water mass flow rate, which includes
the mass of salt. Therefore, baseline recovery ratio is practically very close to 1, which
is usually achievable only at low salinities with conventional desalination systems, such
as Multi-Effect Distillation or RO [47]. The results show viability for hypersaline water
with a feed concentration of 100 g/kg, which is generally out of range for conventional
desalination applications.

The Family Outputs highlight a discrepancy in operation between conventional ther-
mal desalination and the proposed method. The system does not have a cooling water to
reject excess heat from the warm freshwater product. Heat losses in the air–water separator
and the similar mass flows of hot and cold streams across the heat exchangers can make
the need for a rejected cooling-water stream redundant. The motive-steam flow rate is
considerably low in comparison to conventional Humidification–Dehumidification sys-
tems [48–50], which leads to a higher gain ratio as the external heat input is only required
for the superheat portion of the evaporation curve. The specific energy required by the
outlined process is fairly high but roughly within the order of magnitude of the energy
intensity reported across the literature [47]. Although the separation phenomena in this
system are driven by a thermal process, the superheat input can be electric, and thus, the
system can be compared to the molecular transport desalination methods at an energy
source level. The total electric input including superheater and compressor loads of base-
line operation is 1039 kWh/m3. The total thermal load of ~50 kWh/m3 is similar to that
reported in other hypersaline-brine desalination systems [51].
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The parameters within the Specific Outputs category emphasize the importance of the
evaporator design given the important constraints of the required flow and heat exchange.
The superheat portion of the cooling–dehumidification process that takes place in the
heat exchanger accounts for roughly 7% of the heat available. Superheat temperature,
nevertheless, is required in the system, as it provides important control of the heat exchange
pinch point and, thus, overall system performance. One of the checkpoints to evaluate
the atomized water-and-air state before the evaporator (state point 3) checks that the heat
available through the condensation of the superheated stream exceeds the heat required
to achieve full evaporation. The results show that the heat available in the condenser side
exceeds the required heat by the evaporator. While some improvements could occur to
minimize this difference, a small excess available heat could make the system robust to
changes in Md and C f .

Figure 2 shows the T-P diagram for baseline operation. The greatest temperature–
pressure differential takes place during the compression of slow-moving dry air (state 1) at
20 ◦C. This process represents the greatest energy input to the system. The conditions for
state point 2 are defined by the minimum flow velocity required for atomization considering
the dynamic pressure losses in the atomizer and heat exchanger such that the target 21 m/s
at the cyclone inlet is met to achieve >99% separation of salt particle sizes in the range of
(100–350) µm. This target velocity is the median value of the velocity ranges measured
during system tests [30]. An advantage of the presented system is that the water-absorbing
capabilities of air are accentuated through the temperature increase in the air stream as
a side effect of the compressor. Simultaneously heating the air and water stream within
HDH systems has been found to increase overall performance [37]. This would favor the
saline-water preheating through the recuperator and eliminate the need for cooling water
that is discarded after preheating, as occurs in Thermovapor Compression (TVC), MED,
and conventional HDH methods. In the water stream, the cool saline intake water (state 11)
at 18 ◦C is preheated to become a warm saline water input at 20 ◦C (state 12) to the atomizer.
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The atomized saline water-and-air stream (state 3) is evaporated at a temperature
of 75 ◦C. At a water concentration of 100 g/kg, scaling is highly likely, as the operating
temperature is close to the solubility limits of common scaling salts in desalination, such
as CaSO4 and CaCO3 [52,53]. Although a small degree of CaCO3 scaling can be beneficial
by protecting equipment from corrosion [54], excessive scaling results in a lower overall
heat transfer coefficient, which would prevent the achievement of full evaporation and



Water 2022, 14, 2688 10 of 17

thus decrease performance of the system through reduced product quantity and quality
(defined by low salinity). This can impede continuous operation of the system and incur ad-
ditional operation costs. Measures such as feed pretreatment with scaling inhibitors [8,55],
periodic cleaning, and novel engineering or material science solutions could be required
for sustained system operation [56].

The separation process in the cyclone component does not incur major temperature
changes (process 4–5–6). The moist air output from the cyclone (state 6) is superheated
to a temperature of 120 ◦C, which supplies energy for condensation (process 7–8). The
last significant temperature drop after the condensation process occurs in the air stream
after the air–water separator. Considering the whole system, atomization is accountable for
roughly half of the total pressure loss, followed by condensation and air–water separation,
which are responsible for roughly one-third each. In the case of temperature, the differential
incurred in the air stream through compression and atomization are the largest, followed
by the temperature drop after removing water from the condensed mixture stream.

Figure 3 shows the humidity ratio and pressure changes in the air cycle within the
system. Atomization alone accounts for almost half of the total air humidification in con-
currence with the highest pressure drop. This is a unique characteristic in thermodynamic
operation, as the thermal load conventionally used in driving distillation is offset by atom-
ization. Atomization also acts as a facilitator for evaporation by substantially increasing
available surface area for heat transfer. Moisture removal from the air, in contrast, oc-
curs in a single step through cooling and dehumidification at the other side of the heat
exchanger. The moisture content of the air stream after the separator must be controlled
through the superheater temperature and separator design, as it could lead to corrosion
in the compressor and losses in potentially recoverable freshwater product. Depending
on ambient air conditions, implementing an open-air system could be a possibility that
requires investigation for optimizing water recovery.
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Figure 4 shows the enthalpy–pressure diagram for baseline operation. The greatest
enthalpy changes occur between state points 3 and 4 and state points 7 and 8, which
correspond to the evaporation and cooling–dehumidification processes. This is consistent
with the energy increase in the system through the latent heat addition and removal of
water in the air flow. Appropriate operation, therefore, is dependent on an effective heat
exchanger, as it is the most critical component of the system. This contrasts the external
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energy inputs that are associated with the smaller enthalpy changes through compression
(state points 1–2) and superheating (state points 6–7).
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3.2. Sensitivity Analysis

In this section, the system model is used to conduct a sensitivity analysis to establish
operation tradeoffs. A simple simulation engine is presented, which adjusts parameters
in accordance with conservation and thermodynamic laws and bounds the simulation
space by keeping the baseline parameters constant. The atomized water-and-air state (state
point 3 in the cycle) is inferred by iterating through all possible temperatures between T2
and T12 with dT = 0.1 ◦C and all possible air relative humidity values from 0 to 1 with
a dφ = 0.01. Deviating from baseline Md or C f usually results in a mismatch in energy
across the evaporator, due either to a different latent load or boiling point elevation or
to a violation in conservation laws across the atomizer as the amount of air required in
atomization and moisture transport would vary. When this occurs, the simulation engine
adjusts the air flow by ±0.001 kg/s to approach the baseline air-to-water ratio of 1.8.

Figure 5 shows the system response for variations of ±25% and ±75% with respect to
baseline Md and C f , respectively. The results highlight a safety overdesign in the air flow
rate for maintaining full recovery. Decreasing product flow rate implies a lower latent load
at the evaporator, which can be met by decreasing air flow rate if the baseline superheat
temperature is kept constant. Decreasing Md increases the contribution of the air stream
in the total enthalpy during atomization as described by Equation (3). Since the state
point at the compressor outlet is fixed, after around 20% decrease in water flow rate, the
model must compensate the enthalpy contribution of water by decreasing the air flow.
Thus, the air flow rate is directly proportional to decreasing Md, and this is reflected in
the linear compressor power change in the same direction. At higher water production
rates, however, Wcomp remains constant, as there is no need for the simulation engine to
vary the air flow rate as the heat available after the superheater exceeds the heat required
for evaporation, and the increased contribution of water to enthalpy mixture before and
after atomization follows energy conservation. The heat required for evaporation (Qreq),
conversely, is directly proportional to Md, as higher water production increases the latent
load in the evaporation process.
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Increasing feed salinity, on the other hand, indirectly increases feed water, as removing
salt from higher concentrations results in less available water product. Furthermore, water
transport increases since the operation must occur at higher temperatures, which are more
favorable for moisture absorption. This makes targeting higher feed salinities plausible,
as it also increases the product-water output without changing the compressor power.
Furthermore, the available heat in the stream after superheater, consisting of the superheat
path and the latent load at saturation, is consistently greater than the heat required for full
evaporation at the other side of the heat exchanger by about 54% at baseline operation and
at least 29% at higher-energy-demand scenarios caused by greater Md or C f . Thus, although
higher salt content generally leads to boiling point elevation and greater heat required for
evaporation, the excess heat input at baseline operation to the superheat portion overcomes
the need for altering external heat inputs to the system. Therefore, Qreq and Wcomp are
practically independent from C f if the rest of the parameters remain constant.

4. Discussion

While the thermodynamic analysis corroborates the physical viability of the STEWARD
system, further simulations are conducted to investigate the possibility of replacing con-
ventional desalination systems in actual plants or supplementing brine post-treatment. In
this section, the implications of these deployment strategies are discussed, establishing the
opportunities for STEWARD within the existing operational space of desalination methods.

4.1. Practical Operation

We assume multiple STEWARD units in parallel to fulfill large Md values because
adapting operation to a system whose target Md exceeds the baseline by a factor of at least
103 is impractical. Obtaining an estimate of the number of units in parallel operation and
the associated energy intensities, nonetheless, can help establish operational bounds that
could guide further design iterations. Table 4 shows the operational costs assuming the
implementation of enough STEWARD units in parallel to fulfill existing plant production
requirements or process their corresponding brine product [46].
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Table 4. STEWARD performance using case-study simulation data.

System Type MDT MDT ROX ROX

Plant Location Jeddah, KSA Jamnagar, IN Bimini, BS Cát Bà, VT
Md (kg/s) 55 284 12 17
C f (g/kg) 41.5 42 39 33
Tin (◦C) 30 26 29 32
Mb (kg/s) 109 409 12 20
Cb (g/kg) 62.5 70 78.9 62.9
Tb (◦C) 46 43 39 33
Edes (kWh/m3) 132th 76th 2.7el 2.4el
Qreq (kW) 26,132 77,619 n/a n/a
Wpump (kW) n/a n/a 110 149
RR (-) 0.34 0.41 0.50 0.47

STEWARD Replacement

Total Md (kg/s) 55 284 12 17
Units in Parallel 20,385 105,170 4449 6306
Edes/unit (kWh/m3) 1036 1036 1036 1012
Wcomp/unit (kW) 9.6 9.6 9.6 9.6
dHsup/unit (kW) 0.5 0.5 0.5 0.5
Qreq/unit (kW) 3.0 2.9 1.6 2.1
RR/unit (-) 0.96 0.96 0.96 0.97

STEWARD Complement

Total Md (kg/s) 109 409 12 20
Units in Parallel 40,344 151,520 4442 7403
Edes/unit (kWh/m3) 1067 1069 1092 1072
Wcomp/unit (kW) 9.98 9.98 10.2 9.98
dHsup/unit (kW) 0.5 0.5 0.5 0.5
Qreq/unit (kW) 1.3 1.7 1.1 1.4
RR/unit (-) 0.94 0.93 0.93 0.94

The high number of STEWARD units required to fulfill production rates and elevated
energy intensity suggest that the proposed system may not replace existing desalination
facilities but rather be a good supplement for brine processing. The latter scenario could be
further supported if the brine is further concentrated into a hypersaline stream or if the
STEWARD product-water flow rate is augmented such that fewer units in parallel are re-
quired. Current practices for brine disposal in the fracking industry range from 18 USD/m3

and 174 USD/m3 for surface disposal and existing deep-injection-well techniques, respec-
tively, up to 7280 USD/m3 for lined evaporative pond methods [57]. Considering electricity
rates in fracking states such as Texas (0.086 USD/kWh), West Virginia (0.1066 USD/kWh),
and Pennsylvania (0.0981 USD/kWh), for cost comparison with STEWARD assuming
electric heating, the baseline operation cost per unit would range between 72 USD/m3 and
96 USD/m3 [58].

4.2. Operational Map

The most relevant desalination methods include thermal processes such as TVC,
MED, and HDH, as well as molecular transport processes including RO, Electrodialysis
(EDS), and Capacitive Deionization (CDI). Figure 6 shows the operational space of existing
desalination technologies compiled from plant data, bench scale systems, and models
available in the literature [47]. The recovery achieved through HDH-ZLD is vastly different
than conventional HDH methods, and therefore, it is considered as a standalone method.
Thermal methods are usually associated with a higher energy intensity and low recovery
ratios when compared to molecular transport methods. Furthermore, molecular transport
methods are generally related to lower feed salinities due to high fouling tendencies [10,11].
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The achievable recovery rates of STEWARD are about 10 times larger than those
achieved by conventional HDH processes, double the recovery reported in TVC methods,
and comparable only to the high end of the recovery reported for MED. The practically full
recovery ratio offered by STEWARD at baseline conditions could fulfill operation reported
in the high recovery rate extremes within the molecular transport methods. Therefore,
there is a niche in the operational space of desalination technologies characterized by the
high recovery rates and high feed salinities that are generally unfulfilled by conventional
desalination methods.

The map represents potential operation ranges based on first principles, including
mass balance of water, salt, and air, as well as conservation of energy. The actual operational
ranges would depend on system component performance and could require more energy
than predicted in this analysis due to system inefficiencies. Nevertheless, if an inexpensive
energy source is available, the STEWARD system could process high-salinity brines with
almost complete water recovery.

The total energy intensity associated with STEWARD is comparable to the higher end
of the energy intensity reported in other thermal methods. About 50 kWh/m3 corresponds
to thermal energy input to the superheater, which matches the midrange point of the
thermal energy intensity of MED desalination and lies at the lower ranges of TVC and
HDH desalination. This implies that most energy is required in atomization (about 95%),
which facilitates and integrates ZLD within the desalination process, in contrast with
the energy intensity associated with the conventional desalination methods presented in
Figure 6, which represents the desalination process alone at lower feed salinities. The
energy loss in atomization is reflected in the pressure drop across the component; therefore,
the competitiveness of the STEWARD system in the marketplace is contingent upon efficient
atomizer design and performance. The presence of the compressor implies that the current
STEWARD concept must depend on electricity alone or electricity and heat to operate.
This could potentially be an important factor when considering locations for deployment.
From an operational perspective, adoption of the STEWARD system would ultimately be
associated with the costs of energy available and brine management at the desalination site.



Water 2022, 14, 2688 15 of 17

5. Conclusions

In this paper, we presented a thermodynamic model for a novel HDH-based process
with ZLD capabilities embodied in a Solar Thermal Extraction of Water by Atomization
and Recuperative Desalination (STEWARD) system. First-principles modeling can bound
system operation based on conservation laws and find plausible operation states. This
analysis identified potential contingencies, including the pressure drop of the atomization
process and scaling at the evaporator side of the heat exchanger, which must continue to be
addressed throughout the development process. A sensitivity analysis was conducted to
identify the tradeoffs associated with changes in feed salinity and freshwater production
to map out the operational space in which the technology could be deployed. Unlike
conventional technologies, such as RO and MED, the energy intensity in the STEWARD
system is minimally sensitive to changes in C f . In addition, its configuration allows for
variation in Md without incurring additional external energy inputs. The resulting energy
intensity is slightly higher than conventional desalination methods. However, the system
can achieve almost complete recovery from hypersaline feeds, which is an area of operation
that is not traditionally served by other well-established desalination processes. The total
operation utility cost associated with the energy intensity is expected to be comparable with
current brine management and disposal practices. The crux of the proposed STEWARD
system lies at the achievable product flow rates, which could challenge scalability. The
presented first-principles model can be refined once system data become available to
incorporate predictive physics-based and data-driven approaches to bring the STEWARD
concept towards a pilot plant deployment.
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