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Abstract

:

Methanol and ammonia are important chemical materials in the chemical industry. During the production of methanol and ammonia, a large amount of waste heat is released. The waste heat can be used to save energy and reduce CO2 emissions. In this study, pinch analysis is used to design the heat exchanger network (HEN) of pulverized coke (PC) chemical looping gasification coupled with coke-oven gas (COG) to methanol and ammonia (PCCLHG-CGTMA). The heat integration process is accomplished in two ways, as mentioned below. (1) The HENs in each of the three heat exchange units are designed individually; (2) the HENs of the three heat exchange units are treated as a whole and designed simultaneously. Compared to the HEN designed individually, when the HENs are designed as a whole, a total of 112.12 MW of hot and cold utilities are saved. In the HENs designed as a whole, the reduction in operating cost is sufficient to offset the increase in capital cost; the total annual cost (TAC) is reduced by 10.9%. These results reveal that the HENs designed as a whole have more scope for energy saving, which can be a reference for new HEN design and modification to realize more heat recovery and lower investment.
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1. Introduction


Methanol is an important raw material for the coal chemical industry, as well as for chemical production. It is a relatively clean energy source as a substitute fuel for petroleum and gasoline. Ammonia is one of the most effective products used in the chemical industry. It is used as a fertilizer, processed into a variety of nitrogen and nitrogen-containing fertilizers, and widely used as a refrigerant. Due to the wide use of ammonia, especially in agriculture, it plays an important role in the national economy. Therefore, the industrial demand for large-scale and high-energy-efficiency methanol and ammonia production processes has received considerable attention. Traditional methanol production processes rely on fossil fuels as a carbon source [1], while ammonia syntheses involve natural gas reforming or water gas conversion as hydrogen sources [2]. In China, typical energy sources are rich in coal but deficient in oil and natural gas. Therefore, the efficient and clean production of methanol and ammonia from coal can contribute to the development of national economy in the future.



China’s annual coke consumption is approximately 471 million tons, which produces approximately 210 billion cubic meters of coke oven gas (COG) [3]. COG is a hydrogen-rich fuel, and its approximate composition is: CO 5–8 vol.%, H2 55–60 vol.%, and CH4 23–27 vol.% [4]. At present, direct combustion of COG in coking plants causes a large amount of energy waste and serious environmental pollution [5]. High value-added utilization of COG can be realized by synthesizing chemicals from COG; for example, methanol can be feasibly obtained from COG, and it has good application prospects [6,7]. The R ratio of hydrogen to carbon in case of COG is approximately 5.2, while that of syngas for methanol synthesis is 2.0–2.1 [8]. By traditional steam reforming and dry reforming of COG, the R ratio can be decreased to 4–5 and less than 2, respectively. The R ratio of syngas obtained from partial oxidation reforming is approximately between 2.5 and 3, which still has the problem of adjusting the R ratio by oxidizing the hydrogen in COG. This method reduces hydrogen utilization and wastes hydrogen energy, and the oxygen requires an air separation system, which increases energy consumption, that is, there are severe technical challenges in the high value-added utilization of COG in coking plants. Considering mass balance, adding carbon to COG can result in syngas with R ratio of 2 for methanol production. Pulverized coke (PC) is a by-product of coking plants, because its particle size is small and cannot be used in metallurgical applications [9], so the PC can be a cheap carbon source for producing methanol from COG.



Chemical looping combustion (CLC) is an efficient, low-cost, and environmentally friendly CO2 capture technology [10,11,12]. In a fuel reactor, the fuel is oxidized by oxygen carriers, and reduced oxygen carriers are oxidized by the air in the air reactor. The exhaust from the fuel reactor is solid oxygen carriers and flue gas, which contains steam and CO2. High concentration of CO2 can be obtained via condensing and separation of the steam in the flue gas [11]. Some new chemical looping concepts have been proposed based on CLC, such as chemical looping hydrogen production [13,14], chemical looping reforming [15,16], and chemical looping gasification [17,18]. Introducing chemical looping technology into a polygeneration system can improve system performance [9,19,20,21]. Xiang et al. proposed a process of COG chemical looping hydrogen-assisted COG-to-natural gas, which could increase hydrogen utilization and exergy efficiencies [22]. In another successful example proposed by Xiang et al., pulverized coke chemical looping combustion and COG were integrated into the olefins and ammonia generation process to increase techno-economic performance [9]. Furthermore, Xiang et al. studied a series of new processes for chemical production with chemical looping hydrogen generation (CLHG) from pulverized coke and COG, which improved energy efficiency and reduced CO2 emission [23,24]. The results of these reports strongly show that CLHG improves the COG transformation into useful chemicals from both energetics and environmental point of view. Based on this, a new system of using PC as fuel for CLHG-assisted COG to methanol and ammonia production (PCCLHG-CGTMA) was proposed in our previous study [25]. CO2 from CLHG was innovatively utilized for methanol production, while the H2 and N2 from the CLHG were ideal feedstocks for ammonia production. System modeling and key operational parameters were optimized to investigate the novel process for hydrogen and carbon utilization efficiency, feedstock consumption, CO2 emissions, and energy (exergy) efficiency. Compared with different technologies for the conversion of COG to methanol or ammonia, the novel proposed system demonstrated an excellent hydrogen utilization efficiency of 88.8%, a high exergy efficiency of 78.7%, and a relative CO2 reduction ratio of 0.67. Based on the demand for methanol and ammonia, the proposed system achieved different scales of production of chemicals, making it flexible and adjustable.



Pinch technology is the most widely used energy analysis technology and has become an important tool for heat integration and process integration in the process industry and any system with energy optimization scope [26,27,28,29,30]. Pinch-based HEN retrofit analysis in recent years has emerged as an area of growing interest. Chen et al. used pinch technology to analyze the current situation of energy consumption and HEN of methanol synthesis and distillation systems and proposed a suitable optimization scheme [31]. Song et al. used pinch technology to optimize the heat integration of SMR-PSA during the hydrogen production process; the total energy consumption decreased by 60.5% compared with traditional hydrogen production [32]. Liu et al. used pinch analysis to recover low-temperature waste heat generated by CO2 compression and the water gas change unit during coal-to-methanol conversion [33]. Chen et al. designed and simulated a new steam recompression process for the phenol and ammonia recovery process [34]. Pinch technology was used to design the HEN for the process, and it resulted in improved energy efficiency. Liu et al. used pinch technology to integrate and optimize the HEN during the conversion of coal to olefin [35]. Compared to the original plant, the utility decreased by 4.76%, the heat exchange area decreased by 8.63%, and the capital and operating costs and the TAC decreased by 8.29%, 2.78%, and 3.66%, respectively. Yurim Kim et al. optimized wastewater heat recovery (WWHR) systems in textile dyeing processes using pinch analysis. Compared to the conventional textile dyeing process without the WWHR system, the presented optimal WWHR system decreased energy consumption and TAC by 73.65% and 28.64%, respectively [36].



Since inception, the pinch technology has been continuously extended to various fields and used for more application to a wide range of industrial, regional, and global challenges well beyond heat. Further directions have been developed based on analogies with the original pinch idea. El-Halwagi et al. first developed mass exchange network pinch analysis, extending pinch technology beyond thermal systems [37]. Later, other pinch methods were broadly developed. For example, water pinch analysis for wastewater minimization [38], carbon emissions pinch analysis for energy planning to achieve the overall low-GHG emissions [39], hydrogen pinch for identification of bottlenecks in refinery hydrogen networks [40], power pinch analysis for the electricity targets of hybrid renewable energy sources [41], and other pinch analysis tool for aggregate planning in supply chains [42] and macroscale energy systems planning [43]. The most recent extensions have been the pinch analysis performance of heat pumps [44]. Yang et al. proposed the application of heat pump technology to the HEN design of the azeotropic dividing wall column configuration, which can reduce the TAC by 32.91% compared to the existing configuration. CO2 emissions are reduced by 86.43% and exergy loss by 36.72% [45].



The previous study [25] was investigated with designs for methane reforming, methanol synthesis, ammonia synthesis, CLHG reactors, and the purification and separation of methanol and ammonia, and the heating and cooling loads of the process were determined. Methane reforming is a strong endothermic reaction, that is, it absorbs a considerable amount of heat. Synthesis of methanol and ammonia are exothermic reactions, that is, these reactions release a considerable amount of heat. The preheating and condensation of the import and export flows of the three reactors of CLHG, as well as the reboiler and condenser of methanol distillation tower, should be able to absorb and release heat as required. The discharge of a large amount of waste heat or inefficient recovery in a chemical process results in waste energy and leads to the release of a large amount of CO2. From the perspective of energy and environmental impact, waste heat recovery is an important direction for the sustainable development of the chemical industry. Therefore, the future research should consider the design of appropriate heat exchanger network (HEN). If the heat load recovered in the process cannot meet the requirements of the system, external utilities are needed, that is, the design and selection of utilities should be considered.



In our previous study [25], energy balance analysis was carried out for the system based on the first and second law of thermodynamics. For heat recovery in the system, energy quality and quantity were considered, and the maximum recoverable heat under ideal conditions was obtained, without considering the design of specific HENs, such as the heat exchangers arrangement and their relationship with investment; therefore, the heat recovery process for the system had to be reconsidered. As a mature technology for energy integration in process industries, the HEN design method has already been applied in retrofit projects, as well as in grassroots synthesis [46,47]. However, to the best of our knowledge, most contemporary research focuses on the retrofit of only some units or parts of an existing chemical process as a case study using pinch technology. For example, for methanol synthesis and distillation units [31], for steam methane reforming units [32], for phenol and ammonia recovery process [34], for methanol to olefins conversion process [35], and for the textile dying process [36]; and few studies have investigated the grassroots synthesis of total energy optimization for a new system. Therefore, this study aims to perform the grassroots synthesis of a HEN using pinch technology for the PCCLHG-CGTMA system, followed by deriving an optimal HEN scheme for guiding practical industrial applications, overcoming the lack of consideration of practical heat transfer in previous works [25]. In addition, many reported HEN designs of chemical production processes are ideal heat transfer processes with the assumption that heat can be maximally recovered, ignoring the heat exchanger area, resulting in high investment costs. However, the HEN design of this study considers the relationship between utility consumption, heat transfer area of HEN design and the practical economy including the cost of utilities and heat exchangers, and also investigates the impact of different heat exchange schemes (the HEN designed individually and as a whole) on the HEN design. As a result, this paper can provide a practical application reference for the HEN design of those ideal heat transfer processes. Pinch technology is used to integrate and optimize the HEN of the PCCLHG-CGTMA system considering the following two aspects. (1) The HENs in each heat exchange unit are designed individually; (2) the HENs in the three heat exchange units are treated as a whole and designed simultaneously. Theoretically, more heat can be recovered through heat integration of the system as a whole; however, the increase in heat exchange area may elevate the capital cost. Therefore, it is necessary to comprehensively compare the economic feasibility of the two abovementioned schemes basis the TAC. It is expected to obtain the relationship between heat recovery and capital cost in the heat integration process and aid this decision-making process.



The paper is organized as follows. Section 2 presents the process description, including the model establishment of the system and the selection of the method. In Section 3, pinch technology is selected to integrate and optimize the HEN of the system. Section 4.1 and 4.2 analyze the energy based the composite curves, grand composite curves, and balanced composite curves, and perform the grassroots synthesis of HENs for the system from the two schemes: (1) dividing the entire system into three heat exchange units, CLHG + COMB, DRU + MSU, and APU; and (2) treating the system as a whole. A comparison of economic feasibility basis the TAC is carried out in Section 4.3, and the insights for the heat recovery and utilization of the HEN system are provided. The main conclusions are presented in Section 5.




2. Process Description


Aspen Plus V11 software was used for simulation [25]. The process flow diagram is shown in Figure 1; it comprised five units: (1) CLHG, (2) dry reforming unit (DRU), (3) methanol synthesis of unit (MSU), (4) ammonia production unit (APU), and (5) combustion unit (COMB). A description of each unit process and the location of all heat exchangers in the system process are presented below.



2.1. DRU


COG passed through the pressure swing adsorption unit, where H2 was separated, mixed with the CO2 flue gas from the CLHG unit, and preheated. The corresponding heat exchanger is represented by HX1, as shown in Figure 1. Then, it entered the DRU for the reforming reaction. After syngas was cooled at the outlet of the reforming reactor (HX2), the water was separated by flash evaporation and mixed with H2 into the MSU.




2.2. MSU


The syngas from the DRU was mixed with the circulating gas, where it was compressed and preheated (HX3) and then entered the MSU. The reaction heat was used by cold water to generate steam, thus recovering the reaction heat. The flow from the methanol synthesis reactor was cooled (HX4) to condense the methanol, and then flashed to separate the gas and the crude liquid methanol. The crude methanol entered the distillation column, and 99.5% methanol was extracted. The condenser and reboiler in the distillation column required cooling and heating loads, respectively. Part of the unreacted gas was recycled to produce methanol, and the remaining part entered the pressure swing adsorption to separate H2. After separating H2, the unreacted gas was sent to the combustion unit to provide heat for methane reforming.




2.3. CLHG


Iron oxide was selected as the oxygen carrier material for CLHG. The PC was oxidized by Fe2O3 in fuel reactor to form CO2 and H2O, and the oxygen carriers were reduced to FeO and Fe3O4. The flue gas containing CO2 and H2O was cooled (HX8) to condense and separate the water, and CO2 was compressed in the DRU. The cold water entering the SR was heated (HX7). The reduced oxygen carriers were completely oxidized to Fe3O4 by steam and generated H2. The mixture of H2 and steam was cooled (HX6) to condense and separate the water and obtain pure H2. The air entering AR was preheated (HX9), and the oxygen carrier Fe3O4 from the steam reactor was completely oxidized to Fe2O3 under the air atmosphere. Oxygen in the air was consumed and the remaining N2 was cooled (HX5) before being discharged. The oxygen carrier Fe2O3 at the outlet of the air reactor entered the fuel reactor for recycling. The three reactors, fuel reactor, steam reactor, and air reactor, in the CLHG unit could achieve self-thermal equilibrium.




2.4. COMB


To improve the hydrogen element utilization rate of the system, part of the purge gas from MSU was separated by pressure swing adsorption to separate H2 and then sent to the combustion reactor to provide the heat for the methane reforming reaction. The air entering the combustion reactor was preheated (HX11), and the flue gas at the outlet of the fuel reactor was cooled (HX10) before being discharged. The fuel reactor could provide sufficient heat for the methane reforming reaction.




2.5. APU


The H2 and N2 from CLHG were mixed at a 3:1 ratio and entered the APU. Fresh gas was mixed with the circulating gas and then flashed to separate the produced NH3. The remaining flash gas, which was preheated (HX12), was divided into four streams. The first stream was preheated (HX13) and then mixed with the second stream to enter the first ammonia production reactor. The outlet flow was mixed with the third stream to enter the second ammonia production reactor, and the outlet flow was mixed with the fourth stream to enter the third ammonia production reactor. The outlet flow was cooled (HX14) and mixed with the fresh gas. The above ammonia synthesis process is based on the findings of [48].




2.6. Model Assumptions and Validation of the System


To develop a model, several assumptions have been made [49]:




	(1)

	
There was no heat loss between the units of the system;




	(2)

	
All parameters of the reactor were constant during the reaction;




	(3)

	
The equilibrium was reached very fast—reaction rates of all processes were very high;




	(4)

	
There was no temperature gradient, during the heating of the reactants.









Our previous work [25] shows the comparison between simulation results and literature data of the key units (DRU, MSU, CLHG, and APU), as shown in Table 1. The simulated results are very close to the literature data, implying that the established models are reliable for the simulation of the systems.





3. Pinch Technology


Pinch technology is a heuristic method based on thermodynamics proposed by Linnhoff et al. [51,52]; it considers the whole system as the starting point. The basis of the problem of the table algorithm and composite curves is that the minimum temperature difference of the system is set so that the network is divided in two thermodynamic regions: temperatures “above the Pinch”, where there is a deficit of thermal load and the service required is only hot utility, and temperatures “below the Pinch”, where there is an excess of thermal load and the service required is only cold utility. Pinch design should follow the three principles: no cold utility above the pinch point, no heat utility below the pinch point, and no heat transfer across the pinch point. In other words, to achieve the minimum requirements of energy in a process set by the composite curves, the designer must not transfer heat across the pinch. If these principles are violated, the total heat duty of utility as well as the capital cost will increase.



The pinch point for all thermal systems cannot be obtained. Some thermal systems reach a point at which one of the thermal utilities reduces to zero; the value of ΔTmin diminishes by moving the hot and cold composite curves on horizontal axes. This is known as the threshold problem [53]. In the HEN design for threshold problem, the cold-end threshold problem can be considered as having only the part above the pinch point and should be designed from the cold-end; the hot-end threshold problem can be considered as having only the part below the pinch point and should be designed from the hot-end. The minimum utility consumption of HEN can be obtained using pinch technology [54]. Based on this design approach, Linnhoff et al. proposed some heuristic rules to guide the design of HEN to achieve the energy target [55]. Utility is a general term for the auxiliary facilities that maintain the normal operation of a chemical plant, providing the heat as well as power required by the process and at the same time recovering the waste heat from the process. The most typical utility system is the steam power system for combined heat and power supply, which is integrated with the production process.



Pinch technology has several shortcomings, for example, it focuses on the equipment units, rather than the flowsheet level [56], cannot handle the changes in pressure and chemical composition in the process under consideration [57]. However, the important strength of pinch technology to process integration is the targeting stage where important performance targets are determined prior to the design stage. Establishment of meaningful and achievable targets provides critical guidance in the design stage to the engineer of the performance limitations and inherent compromises within a system. The purpose of this paper is exactly to perform the grassroots synthesis design of a HEN for the PCCLHG-CGTMA system, followed by deriving an optimal HEN scheme for guiding practical industrial applications. Therefore, pinch technology is selected for the HENs design in this paper.



The total heat transfer area Atot in a HEN is calculated using Formula (1) [58].


   A  t o t   =  ∑   A i  =  ∑     Q i     U i  · Δ  T  L M      



(1)




where Ai is in m2, Qi is the heat transferred in each exchanger (kW), Ui is the overall heat transfer coefficient (kW/(m2 K)),   Δ  T  L M     is the log mean temperature difference (K):   Δ  T  L M   =   Δ  T H  − Δ  T C    L n   Δ  T H    Δ  T C      ,    and   Δ   T H    and   Δ  T C    refer to temperature differences at hot and cold ends of the heat exchange interval, respectively:   Δ  T H  =  T  h , i n   −  T  c , o u t    ,   Δ  T C  =  T  h , o u t   −  T  c , i n    .



The total heat duty Qtot in a HEN is calculated using Formula (2) [58].


   Q  t o t   =  ∑   Q i  =  ∑   (   m i  · C  p i  · Δ  T i   )   



(2)




where Qi is the heat duty of stream i (kW), mi is the mass flow rate of stream i (kg/s), Cpi is specific heat of stream i (kJ/(kg∙°C)), and ΔTi is the temperature difference between inlet and outlet of stream i (°C).



Operation cost (OC) refers to the utility cost consumed by the HEN, and the calculation formula is shown in Formula (3) [59].


  OC =   ∑  m   N  H U     (  C  m , H U    Q  m , H U   ) +   ∑  n   N  C U      (   C  n , C U    Q  n , C U    )   



(3)




where    Q  m , H U     is the duty of hot utility m, MW;    Q  n , C U     is the duty of cold utility n, MW;    C  m , H U     is per unit cost of hot utility m, USD/MWh;    C  n , C U     is per unit cost of cold utility n, USD/MWh;    N  H U     is the number of hot utility; and    N  C U     is the number of cold utility.



Hot utilities of steam include high, medium, and low-pressure steam (250 °C, 175 °C, and 125 °C), with costs of 7.2 USD/MWh, 7.92 USD/MWh, and 9.0 USD/MWh, respectively. The refrigerant type needs to be determined according to the desired cooling temperature. Cold utilities used in this study include cooling water (20–25 °C), air (30–35 °C), and refrigerant (between −25 and −24 °C), with costs of 0.76 USD/MWh, 3.6 ×     10   − 3     USD/MWh, and 9.86 USD/MWh, respectively. When the heat exchange demand is satisfied, the process parameters, such as pressure of steam, temperature, and type of refrigerant, have no influence on the matching of heat and cold heat exchange streams in HEN, while it determines the economy of the HEN. Under the premise of meeting the heat transfer demand, the larger the temperature difference between utility and process streams, the more exergy loss from the point of view of exergy analysis. Therefore, it is necessary to choose the smaller temperature difference between utility and process streams in the HEN.



Capital costs (CC) mainly depend on the equipment material, pressure, and type of heat exchanger. The investments of heat exchanger are related to the heat exchanger area and are estimated using Formula (4) [58].


  CC = 10000 + 800  A  0.8    



(4)







The TAC calculation formula is shown in (5) [58].


  TAC = OC +  [       (  1 + R O R  )    P L     P L    ]   ∑    C C  



(5)




where ROR is the rate of return, 10%, and PL is the plant life cycle, 15 years [58,60].



The above utility prices are derived from industrial data.



The energy target of the HEN is that the heat exchange between the cold and hot flows should reach the maximum heat recovery after the minimum temperature difference (ΔTmin) has been specified and the utility has been minimized. The economic target of the HEN is to reduce heating and cooling costs by matching hot and cold flows, i.e., minimizing the sum of capital and operating costs. Thus, in this analysis, the following steps were considered referring to the flowchart of Figure 2:




	
Data gathering is used to extract stream data from different processing units, considering the total heat and mass balances of the system to calculate heat exchanged for all hot and cold streams. The data gathering considers two aspects. (1) The entire network system is divided into three heat exchange units, namely, CLHG + COMB, DRU + MSU, and APU. (2) The system is treated as a whole, and the dates of all cold and hot streams are collected simultaneously;



	
The estimate of ΔTmin in each heat exchange unit based on the minimum TAC according to TAC vs. ΔTmin diagrams;



	
The drawing composite curve, grand composite curve, and balanced composite curve are used to determine the amount of energy consumption and utility required;



	
Pinch analysis is applying to design the HENs from two aspects: (1) the HEN in each heat exchange unit is designed individually, and then the total site is analyzed when solving interplant integration; and (2) the HENs of the three heat exchange units are treated as a whole and are designed simultaneously;



	
Through heat integration from the above two aspects, the theoretical maximum heat recovery or the minimum energy requirement is obtained. Then, the economic feasibility of the two abovementioned schemes is compared basis the TAC;



	
The results of the previous steps provide insights for the heat recovery and utilization of the HEN system.









4. Results and Discussion


4.1. Heat Integration of the Three Heat Exchange Units


4.1.1. CLHG + COMB


Heat transfer flows of the CLHG + COMB system are presented in Table 2, which shows four hot streams and three cold streams. It also shows the supply temperature, target temperature, heat load, and mass flow of all streams for the CLHG + COMB. Data in Table 2 were obtained from the simulation calculation results of the system performance optimization in our previous study, and the specific calculation methods are presented in the reference [25].



The change of ΔTmin affects the operation and capital costs, thus affecting the TAC, as shown in Figure 3a. With an increase in ΔTmin, the TAC first decreased and then increased slowly, and the TAC reached the minimum value when ΔTmin = 18 °C. According to design experience, ΔTmin is between 15 and 20 °C; thus, the value of ΔTmin was set to 18 °C. The cold and hot composite curves of CLHG + COMB are shown in Figure 3b. The HEN needs heating as well as cooling utilities. The pinch at 90 °C corresponds to 99 °C and 81 °C for the hot and cold composite curves, respectively; then, the heat and cold utilities are 170.0 and 230.5 MW, respectively. The steam outlet of the SR released a large amount of latent heat of vaporization, and the steam entering the SR absorbed a large amount of latent heat of vaporization. The grand composite curve of CLHG + COMB is shown in Figure 3c, with a large “heat pocket” to the right of the dotted line, indicating that a large amount of heat can be recovered by internal heat transfer between cold and heat flows. With the “heat pocket” removed, the target temperatures of streams in the HEN that need to be heated is 110 °C, and the low-pressure steam temperature is 125 °C, which can meet the requirement of heating, and the low-pressure steam pressure is lower and safer, so the low-pressure steam is selected as the heat utility. The target temperature of streams in the HEN that need to be cooled is 34 °C, and the temperature of cooling water is 20–25 °C, which can meet the requirements of cooling, so the cooling water is selected as the cold utility.



The balanced composite curve is shown in Figure 3d. It can be seen that the low-pressure steam and the cooling water can meet the requirements of the HENs.



According to Figure 4a, the cold flow C11 absorbed a large amount of latent heat of vaporization during heating from cold water to superheated steam and the target temperature of 710 °C was achieved. Based on this feature, the high-temperature hot streams exchanged heat with C11 and the latent heat of vaporization required by C11 were provided by low-pressure steam; thus, hot utilities at high temperature and reduction of operation costs were not required. The position of the pinch point can be seen in Figure 4a. The HEN required 175.22 MW of low-pressure steam and 235.76 MW of cooling water.



The costs of HENs for CLHG + COMB are summarized in Table 3; the operating cost of the heat exchange unit was USD 12.64 million/year, the capital cost was USD 47.160 million, and the TAC was USD 18.85 million/year.




4.1.2. DRU + MSU


The heat transfer flows of the DRU+MSU are shown in Table 2, with four hot streams and three cold streams. The supply temperature, target temperature, heat load, and mass flow of all streams for DRU+MSU are also listed.



As shown in Figure 5a, the total investment was negative, indicating that the HEN could produce steam and gain benefits. With an increase in ΔTmin, the benefit first increased and then decreased, and reached the maximum at ΔTmin = 5 °C. Combined with design experience, when the heat transfer stream was in the gas phase, ΔTmin was in the range 15–30 °C, between 15 °C and 30 °C; the most steam was produced and the maximum benefit was obtained at 15 °C. Thus, the value of ΔTmin was set to 15 °C. The hot and cold composite curves of the network for DRU + MSU are shown in Figure 5b. This case is the well-known threshold problem, as a special type of pinch analysis, and it required cold utility of 114.4 MW, no hot utility, and pinch at 900 °C for the hot composite curve. The grand and balanced composite curves of the DRU + MSU are shown in Figure 5c,d, respectively, from which it can be seen that this HEN system can produce high-pressure steam (250 °C) and medium-pressure steam (175 °C) during the cooling process. The HEN of CLHG + COMB required low-pressure steam, as shown in Section 4.1. CLHG + COMB. To realize energy integration between the heat exchange units, the high-pressure steam and medium-pressure steam generated by the DRU + MSU can be transported to the high and medium pressure pipe network for integration; however, its conversion to low-pressure steam will lead to energy waste and increase the equipment cost. Based on the above analysis, the low-pressure steam generation is selected as the cold utility. Moreover, the target temperature of streams in this HEN that needs to be cooled is 37 °C, and the temperature of cooling water is 20–25 °C, which can meet the requirements of cooling, so the cooling water is also selected as cold utility.



The HEN design of the DRU + MSU is illustrated in Figure 4b, in which the HEN achieves the energy target, that is, the heat exchange between cold and hot streams has reached the maximum heat recovery and the utility is the minimum. The hot stream H23 represents the heat released by the methanol synthesis reactor, which could generate medium-to-low pressure steam of 61.14 MW. For H24 in the condenser of the methanol rectification tower, the cold utility was cooling water (cooling load = 31.01 MW). For the hot streams H21 and H22, the cold utility was cooling water (cooling load = 22.22 MW).



The cost of the HEN for DRU+MSU are summarized in Table 3; the benefit of the heat exchange unit was USD 3.29 million/year, the capital cost was USD 2.523 million, and the total benefit was USD 2.958 million/year.




4.1.3. APU


The heat transfer flows of the APU are shown in Table 2, with one hot stream and two cold streams. The supply temperature, target temperature, heat load, and mass flow of all streams for APU are also shown.



The influence of ΔTmin on the TAC is shown in Figure 6a. With an increase in ΔTmin, the TAC first decreased and gradually produced benefits; the benefits first increased and then decreased, and the total benefits reached the maximum value when ΔTmin = 13 °C. Based on design experience, ΔTmin range was 10–20 °C; thus, the value of ΔTmin was set to 13 °C. The hot and cold composite curves of the network for APU are shown in Figure 6b. This case is the threshold problem, with cold utility of 35.8 MW, no hot utility, and pinch at 450 °C for the hot composite curve. The grand and balanced composite curves of DRU + MSU are shown in Figure 6c,d, respectively, from which it can be seen that this HEN system can produce high pressure steam (250 °C) during the cooling process. However, in view of the demand of low-pressure steam for the HEN of CLHG + COMB, the low-pressure steam generation is selected as the cold utility. Moreover, the target temperature of streams in this HEN that needs to be cooled is 20.5 °C, and the cooling water could not fully meet the requirements of cooling; therefore, in addition to the low-pressure steam generation and cooling water, the refrigerant (−25° C) is also selected as cold utility. The refrigerant load (238 kW) is very small compared to that of high-pressure steam generation and cooling water, which is not shown in the Figure 6d.



The HEN designed for APU is shown in Figure 4c, in which the HEN reaches the energy target. The hot flow H31 could heat the cold flows C31 and C32 to the target temperature; this generated low-pressure steam 5.54 MW, and its cold utility was cooling water (26.44 MW) and refrigerant (3.82 MW). The cost of HEN for APU is summarized in Table 3. The operating cost was USD 0.1763 million/year, capital cost was USD 0.4343 million, and the TAC was USD 0.2334 million per year.



The total site profile for the system is illustrated in Figure 7, in which 175.22 MW low-pressure steam is required; total site produced 66.68 MW low-pressure steam. By integrating these low-pressure steam flows, the hot utility was decreased to 108.54 MW and 288.75 MW cold utility was consumed.





4.2. Heat Integration of the System as a Whole


When all heat exchange units, including nine hot streams and eight cold streams, were combined, it increased the possibility of internal heat exchange between the cold and heat streams, leading to recovery of more energy and reducing utility consumption as well as the TAC.



As can be seen from Figure 8a, with increase in ΔTmin, the TAC first decreased and then increased greatly, and the TAC reached the minimum value when ΔTmin = 8 °C. The HENs of DRU + MSU have gas phase and the heat exchange temperature difference is between 15–30 °C. In the heat integration of the system, the overall heat transfer contains that of DRU+MSU, as a result, the overall heat transfer temperature difference also should be chosen between 15–30 °C, accordingly. Combined with design experience, when there was heat transfer in gas phase, ΔTmin was in the range 15–30 °C. In this interval, the value of TAC increased gradually, and the minimum value of TAC can be obtained at 15 °C. Thus, the value of ΔTmin was set to 15 °C. The hot and cold composite curves of this system are shown in Figure 8b. The pinch point shifted to 96.5 °C (104 and 89 °C for the hot and cold composite curves, respectively), and the minimum heat and cold utilities were 79.0 and 289.9 MW, respectively. The grand composite curve of the system is shown in Figure 8c. There is a relatively large “heat pocket” on the right of the dotted line, indicating that a large amount of heat can be recovered through internal heat exchange between the cold and hot streams of the system. The balanced composite curve of the system is shown in Figure 8d. With the “heat pocket” removed, the target temperature of streams in the HEN that need to be heated is 106 °C, and the low-pressure steam can meet the requirements of heating, so the low-pressure steam is selected as the heat utility. Moreover, the target temperature of streams in this HEN that needs to be cooled is 19 °C; therefore, in addition to the cooling water (20–25 °C) and air (30–35 °C), the refrigerant (−25 °C) is also selected as cold utility. The refrigerant load (238 kW) and cooling water load (6097 kW) are very small compared to that of air cooling, which is not shown in the Figure 8d. The HEN design of the system is shown in Figure 9. It required low-pressure steam (85.83 MW) and cold utilities of air cooling (261.5 MW), cooling water (21.43 MW), and refrigerant (13.59 MW).



The cost of the HEN for the system are summarized in Table 3. The operating cost was USD 6.7440 million/year, the capital cost was USD 57.990 million, and the TAC was USD 14.3700 million/year.




4.3. Discussion


The HEN of the system as a whole (Figure 9) was compared with the HENs of CLHG + COMB (Figure 4a), DRU+MSU (Figure 4b), and APU (Figure 4d). In the CLHG + COMB HEN, the cold flow C11 was heated by the hot streams (H11, H12, H13, H14) to 90.0 °C and then heated to 101.1 °C by the hot utility (the total heat load = 175.22 MW). For the whole HEN system, the cold stream C11 was heated by the hot streams (H14, H22, H24) to 101.1 °C and the total heat utility load was 85.83 MW when the C11 was further heated by utility to the same state as the in the HENs of CLHG + COMB. The lower heat utility load for the HEN of the system as a whole was due to the fact that more heat can be exchanged between the hot streams (H14, H22, H24) and the cold water C11. In the case of DRU + MSU HEN, the hot stream H24 was cooled to a target temperature of 42.5 °C by cold utilities (cooling load = 31.01 MW). In the HEN of the system as a whole, the hot stream H24 was cooled to 81.9 °C by cold stream C11 and then cooled to 42.5 °C by cold utility with a cooling load of 9.87 MW. The hot stream H31 was cooled by cold streams C31 and C32 to 185.4 °C, with a minimum temperature difference of 110 °C, and then cooled by cold utilities (cooling load = 35.80 MW). In the HEN of the system as a whole, the hot stream H31 was cooled to 55.5 °C by cold streams C11, C31, C22, and C32 and then cooled by cold utilities (cooling load = 13.59 MW). For the HEN of the system as a whole, the increase in heat exchange of the process streams within the system brings the heat exchange streams temperature closer to the target temperature, resulting in lower utility consumptions. Therefore, the heat and cold utilities of the HEN of the system as a whole were 22.71 and 89.44 MW, respectively, lower than that of the HEN for the three heat exchange units, resulting in a reduction of USD 3,052,300 per year in operating costs. Compared with the HEN of the three heat exchange units, the heat exchange area of the HEN for the system as a whole increased by 45,234.9 m2; as a result, the capital cost increased by USD 7.8727 million, and the TAC decreased by USD 1,755,400 per year, as shown in Figure 10. The reduction in operating cost is sufficient to offset the increase in capital cost, and the TAC is reduced by 10.9%. Thus, the HEN designed as a whole improves energy efficiency.



This shows that when heat integration is carried out as a whole, the heat exchange streams are better matched and the internal heat exchange increases, resulting in a reduction in utility consumption and greater scope for energy savings. Before the system is put into practical construction, the project economics can be studied based on the results achieved in this study, using the cost of total energy savings against the total capital cost of heat exchangers required to be installed, and the most economical and feasible plant construction plan can be sought. This will avoid the energy waste and investment costs to a certain extent compared with the later retrofit, achieving the effect of energy saving and emission reduction. This study, however, is only a theoretical analysis; in plant construction, various practical factors should be considered comprehensively to enable effective decision-making.





5. Conclusions


In this study, pinch analysis is used to integrate and optimize the HEN of the conversion of PC and COG to methanol and ammonia with chemical looping technology (PCCLHG-CGTMA). When the HEN is designed individually, the HEN of CLHG + COMB requires 175.22 MW of low-pressure steam, and the HENs of DRU+MSU and APU produce 61.14 MW and 5.54 MW of low-pressure steam, respectively. By integrating these low-pressure steam flows with CLHG + COMB, the heat utility of the total site can be decreased to 108.54 MW, and the HEN designed individually requires cold utility of 288.75 MW. Compared to the HEN designed individually, the HEN designed as a whole requires 85.83 MW low-pressure steam and 296.52 MW cold utilities, saving a total of 112.12 MW of hot and cold utilities. For the HEN designed as a whole, the reduction in operating cost is sufficient to offset the increase in capital cost, with 10.9% reduction in TAC. Thus, both heat recovery and capital cost affect the economics of the heat integration process. For the PCCLHG-CGTMA system, when heat integration is carried out as a whole, there are more opportunities for energy saving and cost reduction, which have a greater impact on the TAC. Therefore, the economics of the HEN designed as a whole is more competitive for heat integration project.
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Nomenclature




	
Abbreviations




	
R

	
molar ratio of (H2-CO2)/(CO+CO2)




	
PC

	
pulverized coke




	
APU

	
ammonia production unit




	
CLC

	
chemical looping combustion




	
COG

	
coke-oven gas




	
DRU

	
dry reforming unit




	
HEN

	
heat exchanger network




	
MSU

	
methanol synthesis unit




	
TAC

	
total annual cost




	
CLHG

	
chemical looping hydrogen generation




	
COMB

	
combustion unit




	
PCCLHG-CGTMA

	
PC CLHG assisted COG to methanol and ammonia




	
Notations in formulation




	
A

	
heat transfer surface area




	
C

	
cost




	
N

	
number




	
Q

	
heat duty




	
U

	
heat transfer coefficient




	
m

	
mass flow




	
CC

	
capital cost




	
CP

	
heat capacity flow rate




	
Cp

	
specific heat capacity




	
CU

	
cold utility




	
HU

	
hot utility




	
OC

	
operation cost




	
PL

	
the plant life cycle




	
ROR

	
the rate of return




	
   Δ  T C    

	
temperature differences at cold end of the heat exchange interval




	
   Δ  T H    

	
temperature differences at hot end of the heat exchange interval




	
   Δ  T  L M     

	
the log means temperature difference




	
ΔTmin

	
minimum heat exchange temperature difference at pinch point




	
Subscripts




	
C

	
relating to cold stream




	
H

	
relating to hot stream




	
i

	
relating to the individual heat transfer device in each zone




	
CU

	
cold utility




	
HU

	
hot utility




	
tot

	
relating to the total quantity in each zone
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Figure 1. Schematic diagram of the PCCLHG-CGTMA process. 
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Figure 2. Flowchart of energy integration framework. 
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Figure 3. (a) TAC vs. ΔTmin, (b) cold and hot composite curves, (c) grand composite curve, and (d) balanced composite curve of CLHG+COMB. (Note: in figures (b,d), red line represents hot compound curve; blue line represents cold compound curve.). 
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Figure 4. Grid diagram of HENs for (a) CLHG + COMB, (b) DRU + MSU, and (c) APU. 
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Figure 5. (a) TAC vs. ΔTmin, (b) cold and hot composite curves, (c) grand composite curve, and (d) balanced composite curve of DRU + MSU. (Note: in figures (b,d), red line represents hot compound curve; blue line represents cold compound curve.) 
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Figure 6. (a) TAC vs. ΔTmin, (b) cold and hot composite curves, (c) grand composite curve, and (d) balanced composite curve of APU. (Note: in figures (b,d), red line represents hot compound curve; blue line represents cold compound curve.) 






Figure 6. (a) TAC vs. ΔTmin, (b) cold and hot composite curves, (c) grand composite curve, and (d) balanced composite curve of APU. (Note: in figures (b,d), red line represents hot compound curve; blue line represents cold compound curve.)



[image: Processes 10 01879 g006]







[image: Processes 10 01879 g007 550] 





Figure 7. Total site profile for the system. (Note: red solid line represents heat source profile; blue solid line represents heat sink profile; red dashed line represents utility consumption curve; blue dashed line represents utility generation curve.) 
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Figure 8. (a) TAC vs. ΔTmin, (b) cold and hot composite curves, (c) grand composite curve, and (d) balanced composite curve of the system. (Note: in figures (b,d), red line represents hot compound curve; blue line represents cold compound curve.) 
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Figure 9. Grid diagram of HEN for the system. 
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Figure 10. Cost comparison of HENs designed individually and as a whole. 
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Table 1. Verification of simulation results for the key units.






Table 1. Verification of simulation results for the key units.





	
Units

	
T/°C

	
P/MPa

	
Molar Ratio

	
Key Component Conversion Rate/%

	
Relative Error




	
Calculation Formula

	
Literature

	
Aspen






	
DRU

	
800

	
0.1

	
CH4/CO2 = 1

	
   C  H 4     conversion  =    F  C  H 4    i n   −  F  C  H 4    o u t      F  C  H 4    i n     %   

	
89 [8]

	
86

	
3%




	

	

	

	

	
    H 2     selectivity  =    F   H 2    o u t   −  F   H 2    i n     2 (  F  C  H 4    i n   −  F  C  H 4    o u t   )   %   

	
97 [8]

	
94




	

	

	

	

	
   C O    selectivity  =    F  CO   o u t   −  F  CO   i n      F  C  H 4    i n   −  F  C  H 4    o u t   +  F  C  O 2    i n   −  F  C  O 2    o u t     %   

	
103 [8]

	
106




	
MSU

	
240

	
5

	
H2/CO = 2

	
   C O    conversion  =    F  CO   i n   −  F  CO   o u t      F  CO   i n     %   

	
35 [50]

	
33

	
2%




	
APU

	
450

	
20.3

	
H2/N2 = 3

	
    H 2     conversion  =    F   H 2    i n   −  F   H 2    o u t      F   H 2    i n     %   

	
24 [48]

	
27

	
0~3%




	

	

	

	

	
    N 2     conversion  =    F   N 2    i n   −  F   N 2    o u t      F   N 2    i n     %   

	
27 [48]

	
27




	

	

	

	

	
   N  H 3     selectivity  =    F  N  H 3    o u t   −  F  N  H 3    i n     2 (  F   N 2    i n   −  F   N 2    o u t   )   %   

	
100 [48]

	
100








Note:    F i  i n     and    F i  o u t     in the table are the flow rates of the inlet and outlet gas i, respectively.
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Table 2. Hot and cold flow streams of HEN for CLHG + COMB, DRU + MSU, and APU.






Table 2. Hot and cold flow streams of HEN for CLHG + COMB, DRU + MSU, and APU.





	
Heat Exchange Units

	
Heat Exchanger

	
Stream No.

	
Supply Temperature

	
Target Temperature

	
Heat Load

	
Mass Flow




	
°C

	
°C

	
kW

	
kg/s






	
CLHG + COMB

	
HX5

	
H11

	
950

	
50

	
14,633

	
14.56




	
HX10

	
H12

	
950

	
50

	
68,470

	
62.77




	
HX8

	
H13

	
900

	
50

	
15,026

	
15.61




	
HX6

	
H14

	
800

	
60

	
417,174

	
104.00




	
HX7

	
C11

	
25

	
710

	
438,123

	
111.10




	
HX9

	
C12

	
30

	
625

	
11,798

	
18.65




	
HX11

	
C13

	
45

	
140

	
4844

	
50.40




	
DRU + MSU

	
HX2

	
H21

	
900

	
40

	
46,853.93

	
29.28




	
HX4

	
H22

	
240

	
40

	
41,003.93

	
45.41




	
MSU-

	
H23

	
240

	
239.5

	
61,133.81

	
-




	
Distillation column-Condenser

	
H24

	
82.5

	
42.5

	
31,018.03

	
24.32




	
HX1

	
C21

	
75.9

	
650

	
27,039.55

	
29.28




	
HX3

	
C22

	
186.7

	
240

	
6046.52

	
45.41




	
Distillation column-Reboiler

	
C23

	
89

	
89.3

	
32,548.64

	
258.34




	
APU

	
HX14

	
H31

	
450

	
27

	
77,222.50

	
47.13




	
HX13

	
C31

	
231.7

	
340

	
8739.17

	
23.56




	
HX12

	
C32

	
31

	
231.7

	
32,678.36

	
47.13
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Table 3. Cost of HEN.






Table 3. Cost of HEN.





	Item
	CLHG + COMB
	DRU + MSU
	APU
	The Whole System





	Total Area (m2)
	269,212.1
	13,740
	2013
	330,200



	Heating (million USD/y)
	11.06
	0
	0
	5.417



	Cooling (million USD/y)
	1.58
	−3.29
	0.1763
	1.327



	Operating (million USD/y)
	12.64
	−3.29
	0.1763
	6.744



	Capital (million USD)
	47.16
	2.523
	0.4343
	57.99



	Total Cost (million USD/y)
	18.85
	−2.958
	0.2334
	14.37
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