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Abstract: The discrete element method (DEM) coupled with computational dynamics (CFD) has been
considered one of the most sensitive ways of studying the micro fluidized bed. This article proposes
a so-called particle circumstance-dependent drag model that is dependent on a particle’s complex
circumstances. Slugging and non-slugging fast fluidization in a micro fluidized bed is modeled with
the use of the CFD-DEM. The results show that the formation and the fragmentation of clusters in a
slugging fast fluidized state are clearly captured, and both have time synchronization. However, with
the increase in gas velocity, the boundary of the dense and dilute phases turns blurry and the slugs
disappear. Furthermore, there exists a relatively serious backmixing of particles in the slugging fast
fluidization, while the backmixing effect weakens in the non-slugging fast fluidization. Moreover,
the outlet solid flux decreases compared with those in the big fluidized beds for the slugging fast
fluidized bed due to the micro size effect, while the micro size effect on the solid flux is not distinct
for the non-slugging fast fluidized bed. Last but not least, the radial porosity with slugging exhibits a
weakened core-annulus structure compared with the correlated radial porosity in the big fluidized
beds. The radial porosity without slugging tends to approach the correlated core-annulus structure.

Keywords: fluidization; simulation; CFD-DEM; backmixing

1. Introduction

Gas-solid two-phase flow phenomena can be commonly found in nature and in
industrial processes [1]. Fluidized beds were used early on for coal gasification and are
currently widely used in industries such as chemical, petroleum, metallurgy, and nuclear
industries. Nearly all types of two-phase flows in gas-solid fluidized beds are typical
coupled complex systems and asymmetrical problems. There exist three unit sizes of
single gas molecule, single particle, and bed device in a fluidized bed, corresponding to
the molecule scale, the micro scale, and the macro scale, respectively. Furthermore, the
interaction between the three unit scales will generate more complex fluid mesoscopic scale
phenomena. The mesoscale structures include bubbles in the emulsion phase in bubbling
fluidization, clusters in the cavitation in fast fluidization, and gas slugs and particle plugs
in slugging fluidization. These local characteristic structures are of great importance for the
cognition of the fluidization dynamics under different fluidization regimes.

The fluidization behaviors or regimes are determined by not only operation conditions
and gas-solid properties, but also by bed geometry structures and sizes [2]. Sometimes,
changing the geometry structure is equivalent to changing the operating conditions. For
example, a fast fluidized bed usually forms an axial structure with a single increasing
exponential distribution. However, when a constraint structure is set at the outlet of the
fast fluidized bed, a C-shaped distribution is formed where the middle of the bed is dense
and the two ends are dilute. The geometry change is essentially an additional outlet
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boundary condition. The geometry size factor, although not emphasized enough, has
been reported in theoretical, experimental, and stimulation research. For example, the
bubbling fluidization is easy to translate into the slugging fluidization when decreasing
the bed diameter or increasing the aspect ratio. When maintaining the slugging operation,
increasing the bed height is beneficial for converting the wall slugs and the round-nosed
slugs to the square-nosed slugs [3].

Another case in point is the micro fluidized beds (MiFB), the size of which may be
several orders of magnitude smaller than the big fluidized beds (MaFB) in laboratory
and industrial scales. The significance of the research in the MiFB lies in at least four
aspects. Firstly, the micro fluidized bed is advantageous considering its low cost, convenient
construction, safe operation, and high output efficiency. It has been applied as a reaction
analyzer and to produce high-value fine chemicals [4]. Secondly, the decreasing global scale
is beneficial for using numerical methods to study fluidized beds. Thirdly, the number and
range of interaction units are both reduced, which helps researchers to capture the most
fundamental dynamic mechanisms. Last but not least, from the point of view that the MiFB
and the MaFB have the statistical similarities in time process and spatial structure, one
can conduct comparative research based on a fractional method. This may help to break
through the difficulty of fluidization amplification laws.

The present work mainly researches on the fast fluidization in the MiFB using com-
putational fluid dynamics (CFD) and the discrete element method (DEM). The CFD-DEM
simulation [5–8] has been considered one of the most sensitive ways of studying the MiFB.
Due to the very narrow bed diameter of an MiFB, one may have no choice but to use
A-Type fine particles in the simulations. As is known, the A-Type fine particle is one of
the most fluidizable material types and is best suitable for the fast fluidization operation.
However, there are almost no simulation results of the fine particles’ fast fluidization to be
referred to. In fact, the CFD-DEM simulations of fine particles in the MaFB have not been
carried out for the time being, let alone in the MiFB. Furthermore, to design accompanying
beds and separators while retaining the advantages of the MiFB has certain theoretical and
technical difficulties, or there may be other unknown factors. Experimental research of the
fast fluidization in the MiFB has not been carried out, either.

Fortunately, there still exist three kinds of references. Firstly, there has been simu-
lation and experimental research on the micro fluidized bed of Type-A particles under
conventional operations. Yu and Xu [9] once simulated and analyzed different traditional
fluidization types of particles with their diameter being 30 µm, which is the finest particle
size ever used in DEM simulations. Kuipers’ group modeled the fluidization of fine parti-
cles [10] and then proposed the concept of MiFB in another experimental and simulation
research [11]. In the last few years, Guo et al. [12] studied the solid-like and fluid-like
states in the homogeneous fluidization regime. Li et al. [13] also presented a study on a
detailed analysis of bed hydrodynamics for polydisperse gas-solid flow. For more details
on this, see [14–18]. These references about traditional MiFBs, such as fixed, homogeneous,
bubbling, slugging and turbulent beds, provided preliminary insights into the micro size
effect on the fine particles’ fluidization. Furthermore, some textbooks about fluidization
engineering and the gas-solid two-phase flow [1–3] can provide the general theories of
the traditional fluidized bed and the non-conventional fast fluidized bed. Moreover, there
have been laboratory scale MaFB correlated results for fast fluidization, which formally do
not depend on the size of the equipment and will be further referred to in the results and
discussion section.

The reaction vessel of a fast fluidized bed is usually a riser with a relatively large
aspect ratio. The size of a micro fluidized bed, especially the bed diameter, is very small
and in the order of millimeters. Under conditions where the operating gas velocity is not
large enough, the size of this container can easily promote slugging. Sometimes, even if
there are obvious signs of rapid fluidization in an MiFB, such as clustering, backmixing,
and the continuous transport of particles, slugging is inevitable. In order to deeply analyze
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the impact of micro size on fast fluidization, the present work simulates the fast fluidization
with and without slugging, by using the CFD-DEM.

This article presents the two models that were used in the simulations in the following
section. A total of three simulation cases employing both models show that the particle
clusters, the particle backmixing, the outlet solid flux, and the radial porosity reveal
different characteristics. According to these characteristics, the simulated fast fluidization
regimes are divided into two types: the slugging fast fluidization and the non-slugging fast
fluidization. It seems that the micro size effect is significantly weakened in the non-slugging
fluidized regime.

2. Models
2.1. Precise Area Fraction Model

For the two-dimensional CFD-DEM simulation of the particle system, one should
use the two-dimensional porosity ε2D to calculate the three-dimensional porosity ε3D. It is
strongly suggested that the precise two-dimensional porosity be used to ensure sufficient
accuracy. The precise area fraction (PAF) model is proposed to calculate the precise two-
dimensional porosity.

Let ε2p be the solid area fraction, fi be the grid area fraction occupied by particle i, and
N be the total number of particles overlapping with the grid. The solid area fraction ε2D
can be expressed as

ε2D = 1− ε2p = 1−
N

∑
k=1

fi (1)

To obtain the precise expression of fi, a detailed check of the overlap should be made
as in the following.

Firstly, the variations and the region division of the particle-grid overlap are given in
Figure 1 [19]. Here, let us take just the particle centroid (X, Y) to be closest to the bottom-left
grid vertex (x1, y1). Moreover, let the particle redius be R. Secondly, the overlap variation
index and the corresponding formula are determined according to the location relation
between the particle centroid and the grid. For example, if the location relation satisfies

x1 − R < X < x, y1 − R < Y < y, and
√
(X− x1)

2 + (Y− y1)
2 < R, it corresponds to

Variation 2. Then, fi is calculated as

fi =
1

dx · dy

[
πR2 − R2arccos

X− x1

R
− R2arccos

Y− y1

R
+

1
2

R2 sin(2arccos
X− x1

R
) +

1
2

R2 sin(2arccos
Y− y1

R
)

]
(2)

Similarly, when the particle centroid is closest to the other vertexes of the grid, the
expressions for fi in various overlapping variations can all be easily derived. Take fi into
Equation (1) to calculate the precise ε2D; thus, the PAF model is constructed.

2.2. Drag Model

Most of the researchers calculate drag on the particle according to the particle’s drag
correlation in the unbounded uniform flow field. Let dp be the particle diameter, Cdi be the
apparent drag coefficient of the particle group around particle i, ρg be the gas density, ui be
the local gas velocity, vi be the local gas velocity, and εi be the local porosity. Then, the drag
on particle i in the particle group is calculated as

Fdi =
1
8

πdpCdiρg

∣∣∣∣ui − vi

∣∣∣∣(ui − vi)ε
2
i (3)
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Figure 1. Five variations and their region division of particle-grid overlap.

According to Wen and Yu’ s well-known drag correlation [20] and the single-particle
drag coefficient proposed by Schiller and Naumann’s drag formula of a single particle [21],

Cdi =
24µgε−3.7

i
ρg
∣∣ug − vp

∣∣dp
+

3.6µ0.313
g ε−4.387

i

(ρg
∣∣ug − vp

∣∣dp)
0.313 (4)

According to Equations (3) and (4), both the drag and the drag coefficient are sensitive
to the local porosity. Borrowed from the nuclear approximation idea of smooth particle
dynamics and the local porosity formula of Xu et al. [22], a circumstance-dependent way of
calculating εi can be constructed.

Let Ni be the number of particles in the neighborhood, h be the characteristic radius or
the smooth length of the neighboring area,

∣∣ri − rj
∣∣ be the distance between particle i and

j, and W(d, h) be the quintic normalized kernel function in SPH. The present drag model
calculates εi as

εi = 1− λ
Ni

∑
j=1

W(
∣∣ri − rj

∣∣, h) · 1
6

πdp
2 (5)

where λ is the introduced multiplier parameter that was not included in Xu et al.’s formula.
Let εts be the total solid volume fraction of the bed and N be the total number of real particles
that are initially randomly distributed throughout the bed. The introduced multiplier
parameter λ can be determined in the initial state of randomly homogeneity as

N

∑
i=1

Ni

∑
j=1

W(
∣∣ri − rj

∣∣, h) · λ

6N
πdp

2 = εts (6)

By combining the above Formulas (3)–(6), the present drag model, which is called the
particle circumstance-dependent drag (PCDD) model, is constructed.

3. Simulation Method

The gas motion is described by the well-known Navier-Stokes equations. Let εg be the
grid mean porosity, p be the pressure, u be the gas velocity, t be the time, τg be the stress
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tensor, and Sp be the momentum exchange source term [23]. The Navier-Stokes equations
are expressed using the following two equations:

∂
(
εgρg

)
∂t

+∇ · (εgρgu) = 0 (7)

∂
(
εgρgu

)
∂t

+∇ · (εgρguu) = −εg∇p− Sp −∇ · (εgτg) + εgρgg (8)

So far as two-dimensional simulation is concerned, the grid mean porosity should be
transformed from two dimensions to three dimensions. Firstly, the PAF model is used to
calculate the two-dimensional porosity and the following formula [6] is used to convert
ε2D to the three-dimensional porosity ε3D as follows:

ε3D = 1− 2√
π
√

3
(1− ε2D)

3
2 (9)

As the Navier-Stokes equations are complex differential ones, there is currently no
analytical solution available. Therefore, the CFD method should be used to solve them.
After setting the boundary conditions of the consistent velocity inlet, the pressure outlet,
and the impenetrable wall, the Navier-Stokes equations can be discretized using the well-
known finite volume method. Further, the obtained algebraic equations can be solved by
the SIMPLER method [24].

The particle motion is resolved into translation and rotation. Let Fci be the contact
force, Fvi be the van der Waals force, Vp be the volume of the particle, and pi be the local
pressure. The translated motion of particle is calculated using

ρpVi
dvi
dt

= ρpVpg + Fdi + Fvi + Fci −Vp∆pi (10)

The drag force Fdi is calculated by use of the PCDD model. When particle i is in contact
with the other particles or the wall, the well-known soft-sphere model is applied to calculate
the contact force between the particles and the wall. If the particles are not in contact, the
van der Waals force between them should be considered due to the non-negligible adhesion
force between the fine particles. Let Ha be the Hamaker constant, eij be the unit vector from
particle i to particle j, H0 be the cutoff distance, and dij be the distance between particle i
and particle j. The van der Waals force of particle j applied to particle i is calculated as

Fvij =
Hadpeij

24max2
{

dij − dp, H0
} (11)

If particle j just represents the bed wall, the resulting viscous force is Fviw = 2Fvij.
Letωi be the particle angular velocity, I be the inertia of the particle, and Tci be the

torque of the collision. The particle motion of rotation is calculated as

I
dωi
dt

= Tci (12)

Three numerical cases are carried out on a micro riser, the size of which is D × L =
2.5 mm × 40 mm. The grid number used for the spatial discretization is 10 × 160. For all
cases, there are initially a total of 8230 real particles randomly set in the riser. Then, λ is
determined to be 0.948 according to Equation (6). For case 1, the real particle number in the
riser is kept fixed. That is, particles are always import-and-export balanced. The inlet gas
velocity is 1.7 m/s for this case. The maximal particle number used is 11,452 accounting for
the virtual particles. For cases 2 and 3, the real particles increase once per CFD time step
until the real number gets up to 9600. Then, the import-and-export balance condition is
used as the following particle feed way. The maximal total number of particles is 13,516
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and 12,807 for cases 2 and 3, accounting for the virtual particles. The inlet gas velocity is
2.1 m/s for case 2 while it is 3.0 for case 3. Other fixed parameters are given in Table 1.

Table 1. Fixed parameters for particle and gas.

Particle Gas

Density ρp = 930 kg·m−3 Viscosity µg = 1.7 × 10−5 N·s·m−2

Particle diameter dp = 54 µm Density ρg = 1.28 kg·m−3

Minimum porosity εmf = 0.45 CFD time step ∆tg = 2 × 10−6 s
Stiffness Coef. κ = 10 N·m−1

Restitution Coef. ξ = 0.9
Friction Coef. f = 0.3

Smooth length h = 2.5 dp

Cutoff distance H0 = 0.4 nm
DEM time step ∆tp = 2.5 × 10−7 s

4. Results and Discussion
4.1. Clustering

Figure 2 shows the instantaneous distribution of the particle location and the mean
porosity for cases 1 and 2. The critical value of porosity 0.85 [25] is used as a criterion to
determinate dense or dilute phases in the riser. Once the radial size of a dense cluster is
greater than two-thirds of the bed diameter, it is determined to be a particle slug. When
clusters turn large, they tend to adhere closely to the wall, which is consistent with the
results in [26]. It is noticed that for both cases, there consistently coexist the structures of
the dilute phase and the dense phase or clusters. The dilute phase is continuous while the
dense phase is dispersed, which is completely opposite to the observations in the bubbling
fluidization. Sometimes, the clusters turn into strands stretching across the whole bed
diameter, which look like particle plugs in the slugging fluidization. The figure also shows
that the clusters almost form and break at the same time. When the clusters tend to form,
there are more of them existing in the bed. When the clusters tend to break, the number is
smaller. The temporal synchronization of the clusters’ dynamic behaviors is an interesting
phenomenon that has not been reported in the MaFB research. Overall, since the DEM
achieves single particle tracking, a complete description of the heterogeneous structures
within any volume in the flow field can be obtained by tracking the details of the interaction
between each particle and the fluid.

Figure 3 gives the instantaneous distribution of the particle location and the mean
porosity for the non-slugging case 3. It shows that the cluster number and radial size both
decrease. There is no sign of the formation of particle and gas slugs. Although there are
dense and dilute phases in the bed, the boundary between them is always blurred. Due to
the high operating gas velocity, the interaction between gas particles and particle particles is
intensified, resulting in a higher frequency of particle cluster formation and fragmentation.
In addition to the changes in the size and morphology of particle clusters, there are also
particle groups with varying but not too low concentrations in the dilute phase. It can also
be noticed that the dispersion behavior of individual particles is extremely rare. Generally,
the global heterogeneity of the non-slugging fast fluidization in the bed weakens compared
to that of the slugging fast fluidization.
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4.2. Particle Backmixing

Figure 4 gives the particle velocity below 0.01 m of the bed in slugging case 2. Particle
backmixing has much to do with the residence time and the mixing behavior of solids, both
of which are critical for the design, operation and scale-up of CFB reactors [2]. According
to [27], the backmixing degree decreased along the height of the riser, so the selection of
lower part of the riser is suitable for observing the backmixing phenomenon. It can be seen
from the figure that particles backmix to a serious degree. Some particles aggregate to form
a large cluster near the wall and most of them move downwards along the wall. Inside the
large cluster, the axial particle velocity is relatively large compared to the radial velocity.
There is a strong effect of the tail vortex so that the trailing particles can follow down with
the downward cluster. Meanwhile, the head-on particles can also be captured by the cluster
so that it can continuously grow larger, especially in the radial size. Eventually, the cluster
even occupies the entire bed diameter like a plug in the slugging fluidized bed. However,
the plug-like cluster is just a flash in the pan. Once the largest cluster forms and blocks the
bed layer, it starts to disintegrate due to the gas penetration. As the gas velocity is fast, the
bed layer will neither collapse nor continue to be choked by the plug-like cluster.
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Figure 5 gives the particle velocity below 0.01 m of the bed in the non-slugging case 3.
It shows that the particle velocity turns high with the increase in gas velocity. Although
most of the particles keep the upward conveying state, it can be observed that a small
amount of particle backmix. Some scholars consider the suspension and transportation of
particles, the continuity of gas, and the dispersion of particles or particle clusters as criteria
for fast fluidization. However, Jin et al. argued that in fast fluidization, there should be
backmixing in the bed [2]. The present simulations seem to support Jin et al.’s viewpoints.
Under high gas velocity conditions, even if the continuous backmixing of particle clusters
is no longer captured, it is still possible to capture a small amount of the downward motion
of the particles at any time and position in the flow field.
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4.3. Outlet Solid Flux

Figure 6 gives the outlet solid flux Gs over time with slugging. For case 1, after about
0.2 s, the two-phase flow within the MiFB can achieve a stable state, although the calculated
Gs still waves in large fluctuations. The time-averaged value obtained is 7.8 kg/(m2·s),
which is much lower than the previously simulated 90~110 kg/(m2·s) [28]. This distinct
difference shows that the present drag model significantly reduces the drag force. For case
2, after 0.2 s, the calculated Gs reveals more intense fluctuations and the two-phase flow
in the riser cannot achieve a stable state, although the numerical calculation may have
converged. There is no evidence of physical stability even though the calculation time is
extended to 0.625 s. The time-averaged value obtained is 14.7 kg/(m2·s) after 0.2 s.
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Are the drag reduction and the decreased outlet solid flux rational? Consider the
saturated entrainment rate of the particles G∗s . This quantity in the MaFB can be correlated
with the following equation [2]:

G∗s dp

µg
= 0.125Fr1.85 Ar0.63(

ρp − ρg

ρg
)
−0.44

(13)

where Fr represents the Frodes number and Ar represents the Archimedes number. In Li
and Kwauk’s experiments [29] and Yang et al.’s simulations [30], the values of G∗s were
both about 14.3 kg/(m2·s) at the operating gas velocity of 1.52 m/s. The correlated value of
G∗s is 16.18 kg/(m2·s), indicating the good predictive ability of Equation (13). The corre-
lated values of G∗s are 19.90 kg/(m2·s) and 29.14 kg/(m2·s), corresponding to the present
operating gas velocity in the simulation cases 1 and 2, respectively. The presently simulated
Gs valued at 7.8 kg/(m2·s) in case 1, which is lower than the correlated G∗s , is reasonable,
which indicates that the over-estimated drag force in [28] can be effectively improved using
the present drag model. The presently simulated Gs valued at 14.7 kg/(m2·s) in case 2,
which is lower than the correlated G∗s , is also reasonable. For case 2, the relative inventory
is just equal to that used by Yang et al., while the gas velocity is higher than 1.52 m/s.
However, the presently simulated Gs in case 2 is almost the same as that used by Yang et al.
Note that Yang et al.’s simulations were well supported by the experiment data from the
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MaFB. It seems that the present simulations predict the further decreased Gs in the MiFB,
compared with that in the MaFB.
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How to explain the further decreased outlet solid flux in the MiFB? This decrease
should be attributed to the micro geometry effect. From the point of view of the first type
of references classified in the introduction, the micro geometry effect is focused on the
friction factor. For example, Han et al. [4] insisted that in a traditional MiFB compared with
an MaFB, the bed diameter is so small that for the wall, the relative area of contact with
particles significantly enlarges. Due to the relatively strong wall friction, the particles near
the wall cannot be transported upward, which through particle collisions can gradually be
passed to the surrounding particles and even to the central area. Moreover, the gas phase
needs to consume a lot of energy or the pressure drop for the suspended particles, which
seriously hinders the transport of the particles. On the other hand, from the point of view
of the second type of references classified in the introduction, it is focused on the slugging
choking factor. For example, according to the handbooks [2,3], slugging fluidization is easy
to form when decreasing the bed diameter or increasing the aspect ratio. For the present
narrow bed diameter of 0.0025 m and the large aspect ratio of 16, the fast fluidization might
occasionally transform into slugging fluidization, at least in some local area of the MiFB.
This has also been captured in Figure 2. As the slugging fluidization is mainly the particle
internal circulation flow, it will inevitably prevent the upward transport of particles and
promote the backmixing of particles in the fast fluidized bed. This has also been captured
in Figure 4. Therefore, the current simulations seem to be more supportive of the second
viewpoint.

Figure 7 gives the outlet solid flux Gs over time without slugging. For this case 3, with
the increase in the gas velocity to 3 m/s, the outlet solid flux has significantly increased.
After 0.2 s, the minimal time-varying flux is close to 10 kg/(m2·s), while the maximal is close
to 125 kg/(m2·s). The simulated mean flux is 44.25 kg/(m2·s). According to Equation (13),
the correlated value is about 53.46 kg/(m2·s). The simulated value is close to the correlated
saturated entrainment rate of the particles. Note that we use a drag reduction model. If the
simulated outlet flux is not overestimated, then even if the same operation is performed
in a big fluidized bed, the deviation in the simulated outlet solid flux of the MiFB is at
most 17%. Obviously, the simulated value likely deviates from the outlet solid flux in the
MaFB to a smaller extent. Therefore, the influence of the micro device size is mainly on
the slugging fast fluidization, and the influence on the non-slugging fast fluidization can
almost be ignored.

4.4. Core-Annular Structure

Figure 8 shows the porosity close to the wall and the central area with the height of
0.015125 m in case 1. Let r be the dimensionless radius of the bed. Figure 8a shows that
the average porosity at r = 0.95 in the right wall area is significantly lower than that in the
central area at r = 0.05. It can be noticed that the particles are widely distributed around the
core of the riser cross-section with rotational symmetry [31]. Low concentrations prevail
in the core, whereas a dense annulus is observed in the wall region. The difference of the
core-annular porosity rates from negative to 1 − εmf, indicating that the formation and
fragmentation of the clusters has spatial and temporal dynamic characteristics. In the center,
there also exists a sign of the clusters, while in close, the wall clusters are easy to break
and transfer. Figure 8b shows the porosity of the left wall area (r = −0.95) and the central
area (r = −0.05) at the same height. There is a large difference in the distribution of the
porosity between the left and the right at the same time, indicating a severe asymmetry in
the instantaneous radial structure in the MiFB. In addition, the total time-mean values are
symmetrical. It can be concluded that the rotational symmetry of the core-annular structure
reported in the experimental research should be in the sense of time average [32]. The
symmetry of the time-averaged distribution indicates good particle mixing and gas-solid
contact performance in the MiFB. Thus, the further discussion of the radial structure in the
following considers only the results from the right of the MiFB.
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Figure 9 gives the radial porosity distribution at the section with a height of 0.015125 m
for slugging cases 1 and 2. According to [2], the radial porosity is just a function of the
dimensionless radius once the cross-sectional porosity is determined. This does not depend
on the gas and particle flow rates. The simulated time-averaged cross-sectional porosity
values at the height 0.015125 m are 0.912 and 0.907 for cases 1 and 2, respectively. The
radial porosity in the MaFB can be correlated by the following equation [2]:

ε0.4 − ε

ε0.4 − ε
= 4r6 (14)

The simulation results for both cases fundamentally follow the core-annulus radial
structure in the trend. That is, a higher central porosity and a lower side porosity. However,
the simulated radial structures exhibit the lower porosity in the central area and the higher
porosity close to the wall, compared with the correlated structures. This can be explained
with the micro geometry size factor. The relatively strong wall friction can be conducted at
the center of the MiFB so that the cluster traces can be captured in the center. On the other
hand, the frequent onset of particle slugs could even flash the entire bed cross-section.
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Figure 10 gives the radial porosity distribution at the section with a height of 0.015125 m
for non-slugging case 3. The simulated radial structures still exhibit the lower porosity in
the central area and the higher porosity close to the wall, compared with the correlated
structures. However, the simulated near-side porosity is very close to the correlated results.
Moreover, the simulated far-side porosity is also very close to the correlated results, except
for the porosity at r = 0.7. Among all the simulated radial structures, the results from case 3
are closest to the correlated results in the MaFB, indicating once again that when slugging
does not appear, the influences of the micro device size are of no significance.
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5. Conclusions

This paper presents a drag model that considers the complex circumstances of the
target particle. The proposed model is implanted into the CFD-DEM simulations of the fine
particles’ fast fluidization in the micro riser. As it is affected by the micro geometry size,
the simulation results exhibit a special law different from that in the MaFB. The formation
and fragmentation of the clusters in the different local regions of the slugging fast bed
exhibit temporal synchronization. The boundary of the dense and dilute phases turns
blurry, and slugs disappear with the increase in the gas velocity. There exists serious solid
backmixing effects in the slugging fast fluidization, while the backmixing effect weakens in
the non-slugging fast fluidization. The outlet solid flux decreases compared with those in
the MaFB for the slugging fast fluidized bed due to the micro size effect, while the micro
size effect on the solid flux is not distinct for the non-slugging fast fluidized bed. The radial
porosity with slugging exhibits the weakened core-annulus structure when compared with
the correlated radial porosity from the MaFB. The radial porosity without slugging tends
to approach the core-annulus structure in the MaFB.
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Nomenclature

A area, m2

Ar Archimedes number
C drag coefficient
D bed diameter, m
d particle diameter or distance between particles, m
e unit vector
F force on particle, N
f grid area fraction occupied by particle
Fr Fred number
G outlet solid flux, kg·m−2·s−1

g gravity acceleration, m·s−2

h smooth length, m
H height in bed, m
Ha Hamaker constant, N·m
H0 truncation distance, m
I inertia moment of particle as spherical, kg·m2

i, j, k particle or grid index
N number of particles
p pressure, Pa
R particle radius, m
r particle position vector
r dimensionless bed radius, m
Sp momentum exchange source term
T torque, N·m
t time, s
u0 inlet gas velocity, m·s−1

u gas velocity, m·s−1

ut particle terminal speed
V volume, m3

v particle velocity, m·s−1

X, Y particle centriod coordinate component, m
x, y grid node coordinate component, m
ε porosity
ε cross-sectional porosity
εsd solid volume fraction at bottom of bed
κ stiffness coefficient, N·m−1

λ solid volume fraction multiplier
µ viscosity, N·s·m−2

ρ density, kg·m−3

τ viscocous stress tensor, Pa
ω particle angular velocity, s−1

ξ restitution coefficient
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subscript
2D two dimension
3D three dimension
c contact
d drag
g gas
i, j, k particle or grid index
mf minimal fluidized state
p particle
s solid
t total
v van der Waals
w bed wall
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