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Abstract

:

We investigate the choosing of the fractions number for numerical simulation of a polydisperse bubbling fluidized bed using the Sauter mean diameter. The results were verified using experiments from a glass tube with a diameter of 2.2 cm and a height of 50 cm. As a fluidizing agent, air with a velocity of 0.0716 m/s to 0.1213 m/s was used. Polydispersed aluminum oxide particles with a diameter size of 20–140 µm were used as a solid phase. We propose a simple method for choosing the fractions number for the polydispersed granular phase in order to improve the quality of the numerical simulation results. In this study, we consider the Sauter mean diameter D32 for each selected group of particles for the solid phase. By increasing the number of solid phase fractions, it is possible to obtain a mean boundary of the bubbling fluidized bed close to the observed experimental results. In our study, the division of polydispersed powder into four distinct solid-phase fractions enabled us to attain satisfactory agreement with experiments regarding the average value of the bed boundary.
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1. Introduction


Fluidized bed reactors have many practical applications. These reactors have gained popularity in the following industries: oil refining [1,2], gasification [3,4], and petrochemistry [5]. The phase behavior of fluidized bed reactors can be studied both experimentally and mathematically.



Computational fluid dynamics (CFD) [6] is a modern tool for studying processes using numerical modeling. Currently, CFD is increasingly becoming the basis for understanding the physics of fluidized bed processes, replacing costly experimental studies. At the same time, modern CFD technologies are actively beginning to use artificial intelligence to increase accuracy and reduce computational costs [7,8].



A fluidized bed is a process that occurs in the presence of gas and solid particles. The selection and adjustment of the correct model for describing the behavior of a fluidized bed seems to be the primary task of a research engineer. One of the main models for describing the hydrodynamics of the behavior of gas (liquid) and solid particles in a fluidized bed is the Euler–Euler model (TFM—two-fluid model).



In the Euler–Euler model, each phase is regarded as a continuum, and the equations of mass and momentum conservation are formulated for each phase. The phases are interconnected through the inclusion of interphase forces in the equations, which comprise the lifting force, the drag force, and the virtual mass force [9]. The main disadvantage of the Euler–Euler model is that it is impossible to consider the behavior of particles separately when using this approach, since the model itself assumes the interaction of a continuum of interpenetrating phases [10,11,12,13,14]. Particles can move not only in a gas, but also in a liquid, and the same models of motion of multiphase media are applicable for calculations [15]. It is common to use the Euler–Euler multiphase model. This model requires less computation time but is able to describe the process with sufficient accuracy. Numerical modeling techniques can be used not only for the computation of vertical reactors, which typically take the form of a cylindrical column, but also for other issues. For instance, the authors of [16] conducted a simulation of a rotating drum using TFM.



Due to its superior efficacy, TFM has been extensively employed to simulate the thermal conversion of solid fuel in fluidized bed reactors [17]. The authors of [18] conducted an investigation into the fluid dynamics and heat transfer in a biomass fluidized bed gasifier by employing the two-dimensional Euler–Euler model. The authors of [19] conducted a simulation of the pyrolysis of combustible solid waste in a fluidized bed reactor by employing the Euler–Euler model. The numerical studies were conducted to examine the hydrodynamics, temperature, and emissions of harmful substances during the combustion of oxygen fuel in a combustion chamber equipped with a circulating fluidized bed [20]. The authors of [21] examined the process of biomass gasification in a bubble pseudo-fluidized bed using a combination of numerical modeling and experiments. In [22], the authors describe the results of an experimental study and numerical modeling of the process of isobutane dehydrogenation to isobutylene in a laboratory reactor with a fluidized bed and an alumina-chromium catalyst. In [23,24], the authors model an industrial reactor for the conversion of isobutane to isobutylene. In [25], the effect of internal grids on the expansion of the fluidized bed and particle separation in the reactor is considered. Fluidized bed processes have found wide applications not only in petrochemical applications, but also in energy applications, such as coal gasification processes. In [26], experiments are considered on different types of installations using nitrogen at low and high pressures.



Solid-phase particles may have non-uniform sizes in industrial reactors. Many catalysts use something called aluminum oxide, which can wear away over time. This will result in a modification of the particle size distribution during the operation of the reactor. Hence, it is imperative to consider particle polydispersity and the mechanisms of particle size distribution change when modeling fluidized bed reactors. In article [27], the author presents an overview and discusses the issues of attrition and heat transfer, their interaction, and the implications for the design of a fluidized bed system. The author also examine the effects of attrition on bed hydrodynamics and its impact on heat transfer and heat transfer correlations.



The utilization of diverse fraction groups with distinct particle sizes can be used in practice to alter the bed fluidization mode and enhance the efficiency of reactors. For example, studies [28,29,30,31] show bed expansion and an increase in the voidage of the dense phase due to the addition of small particles with a diameter of less than 45 µm. In other instances, the addition of these particles results in a decrease in the voidage of the solid phase [32,33]. The authors of [34] found that the addition of fine particles only slightly reduced the effective viscosity. In [35], experimental results showing a decrease in bubble size using fast X-ray tomography were obtained. The impact of fine particles on fluidization was examined in [36] through numerical simulations. It has been demonstrated that the addition of a significant number of fine particles suppresses bubbles, thereby enabling the apparatus to attain a stable solid-like operating mode. In studies [37,38], a bi-dispersed mixture of particles was employed in the isobutane dehydrogenation model, which had a positive impact on the expansion of the fluidized bed, heat transfer, and the yield of the reaction product. The value of 45 µm used in the study [28] cannot always be considered as a fine fraction. Such particles will not be fine for a very low gas velocity.



It is important to accurately model the behavior of particles in a reactor by correctly selecting the mean particle diameter. In general, the mean diameter is selected, which is called the Sauter diameter [39]. A comparison of the data presented in the literature for the Sauter diameter D32 utilized indicates that, in certain instances, this choice may not provide a sufficient approximation of the results of calculating the concentration of particles in the layer to the results obtained in experimental studies.



The authors of [40] investigated the influence of particle size distribution on the results of computational particle fluid dynamics simulations. The authors found that an increase in average particle velocity leads to a decrease in pressure. They looked at how much the pressure drop varied depending on the average particle size (D50), the geometric and arithmetic mean diameter, and the mean diameter according to Sauter (D32). When the diameter was chosen according to Sauter, the relative standard deviation value was 5.8%, which is two times less than the relative standard deviation value obtained with D50.



In a real fluidized bed study, the solid granular phase can consist of several different sizes. This can be a consequence of the destruction of the original particles or the intentional addition of fine particles to increase the efficiency of the apparatus operation. The correct choice of the particle mean diameter will allow for a highly accurate numerical simulation of the process under study. However, this is actually a true statement for a well-mixed fluidized bed, when we observe the same distribution of particles in each small volume. Obviously, fine particles are easier to lift upward than larger particles. Therefore, in some fluidization modes, particle segregation by size can be observed along the height of the apparatus. In [41], the authors developed a model for predicting the segregation directions of binary mixtures of particles with differences in density and size in bubbling fluidized beds. In [42], a comprehensive theoretical basis for regulating the mixing and segregation of particles in a fluidized bed was developed. Thus, in some zones of the studied area there will be more fine particles, and in other zones there will be more large particles. Then, the use of one mean diameter to describe the entire fluidized bed will be incorrect. In this case, it is possible to divide the studied particles into several fractions and consider each of them separately in numerical modeling. In previous studies [43,44], we identified fine particles using the terminal velocity parameter. Then, the average diameter D32 of large and small particles was determined. The use of small particles allowed us to bring the bed boundary closer to the experimental values in numerical calculations. However, the results obtained have not yet allowed us to achieve good agreement with the experiment. This can be caused by several reasons: incorrect choice of the number of fractions, incorrect choice of the method of separating fractions by particle size, and incorrect choice of the particle mean diameter.



Thus, for numerical simulation of a fluidized bed with polydispersed solid particles, the researcher must solve additional problems: determine the number of particle fractions, determine the method of fraction choice, and determine the model of the mean particle diameter. When choosing the mean particle diameter, standard models D32 or D50 can be used. For a perfect determination of the fraction number and the method of their choice, the researcher must know the particle material, changes in the particle distribution function, the fluidization mode, and the geometric features of the apparatus. In this case, a positive result will most likely show a choice of two or three main fractions. In this study, we propose a simpler method when the researcher only needs to know the particle size distribution function. We will separate the fractions into equal parts by particle size. Thus, a positive modeling result can be achieved with a larger number of fractions. But this method is acceptable when there is no complete information about the particles or the fluidization mode.



The present study was conducted to determine the particle number fractions for numerical simulation of a bubbling fluidized bed with polydispersed powder. We are interested in determining when numerical simulation with the Sauter mean diameter D32 is appropriate. To verify the findings, we utilize the outcomes of experimental investigations conducted on a glass tube with a diameter of 2.2 cm and a height of 50 cm. Air having a velocity ranging from 0.0716 m/s to 0.1213 m/s is employed as a fluidizing agent. Polydispersed aluminum oxide particles with a particle size of 20–140 µm are used as a solid phase. We intend to divide the particle size distribution function into various groups in order to enhance the outcomes of numerical modeling. Obviously, a large number of groups of different sizes can help us more closely approach real experimental data. However, an increase in the number of particle fractions will result in a significant increase in the cost of computing resources.




2. Materials and Methods


2.1. Experiment Setup


In this study of fluidized bed hydrodynamics, we used a laboratory reactor, which is a vertical glass tube with a height of 50 cm and a diameter of 2.2 cm (Figure 1a,b) [37,38,43,44]. The thickness of the glass tube is 1.2 mm. We selected the glass tube for the experiment owing to the excellent transparency of the wall material. In our study, we obtain video data from the experiment to determine the boundary of the particle bed at a moment in time. The air flow is supplied to the bottom of the glass cylinder through a multi-layer porous material, which ensures uniform flow distribution across the cross-section of the tube and prevents solid particles from entering the gas supply system. Aluminum oxide particles with a polydispersed fractional composition are placed in the reactor. Initially, a fixed bed of particles with a total mass of 30 g is poured. The density of the solid particle material is 2400 kg/m3. The height observed for the fixed bed is 0.079 m. Subsequently, air is introduced to the bottom of the tube, thereby initiating the fluidization process. The process of fluidization was recorded with a high-speed camera, and the bed height was estimated from the camera frames. The resulting frames were used to determine the average and boundary values. We used our own code, which is written in Python and based on intelligent computer vision technologies. The code used automatically detects the bed boundaries during the fluidization process.



From the experimental data, we can determine the initial volume fraction of the solid dispersed phase. We will use this information to adjust the numerical simulation model. We know the inner diameter of the tube D = 2.2 cm and observe the height of the fixed bed H = 7.9 cm. The calculated volume V = H × π × D2/4 = 30.02 cm3 contains solid particles and air. The density of the particle material is determined during production [45] and is ρ = 2400 kg/m3 = 2.4 g/cm3. The measured mass of the poured bed of particles is m = 30 g. Then, the volume of the solid phase is Vs = m/ρ = 12.5 cm3. Thus, we determine the initial solid volume fraction of the bed as αs = Vs/V = 0.41639.



In laboratory experiments, we investigated a polydispersed powder of microspherical particles with a diameter of 20–140 µm. The particles employed are intended for the production of a catalyst for isobutane dehydrogenation [45,46,47]. The granules belong to Geldart group B. The cumulative distribution function, the probability distribution function and the discrete probabilities of the particle size are shown in Figure 1b. Particle size distribution was determined using a Mastersizer 2000 analyzer and its software v5.60.



For a wide range of air flow rates, experimental studies were carried out to observe bubble fluidization with the formation of a height-limited particle bed. In this investigation, we examine four values of air velocity, namely 0.0716 m/s, 0.0892 m/s, 0.1088 m/s, and 0.1213 m/s.



As a result of the experimental study, we evaluated the height of the particle bed. During the fluidization process, bubbles of various sizes are generated, which are destroyed at the upper boundary of the bed. Therefore, the boundary of the particle bed is non-stationary. The minimum and maximum boundaries of the bed are observed, as well as the average value of the bed boundary during the observation period. The results are presented in Table 1.




2.2. Particle Mean Diameter


The Euler–Euler multiphase model necessitates the discretization of particle characteristics. The discretization of particle characteristics can be accomplished through a multigroup approach, wherein the probability distribution function transforms into a collection of scalars that correspond to a comprehensive group of particle sizes. For each group, it is necessary to solve the transport equations.



The simplest CFD approaches that employ phase interaction assume the existence of particles with the same diameters. It is common practice to identify the mean size of polydispersed particles using statistical or other models. When applying the multigroup approach, the mean particle size must be determined for each group.



First, consider the models used for selecting one mean particle diameter size. If the particle size distribution function by diameter sizes exhibits a normal form, then all models for determining the average diameter will exhibit the same value. In our case, the size distribution function (Figure 2) differs from the normal form. We calculate the median diameter D50 by separating half of the particles by volume fraction. We also consider the statistical modal diameter Dmode. Moreover, it is imperative to take into consideration the Sauter mean diameter D32.



When modeling a fluidized bed, the Sauter mean diameter D32 is frequently employed, which is determined by utilizing the particle diameter distribution density function [39]:


   D  32   =       ∫ 0 ∞   f ( D )  D 3  d D         ∫ 0 ∞   f ( D )  D 2  d D       .  



(1)







The distribution density function satisfies the condition:


     ∫ 0 ∞   f ( D ) d D    = 1 .  



(2)







For the distribution function shown in Figure 1, we obtained the following values: D50 = 56.705 µm, Dmode = 56.3685 µm, and D32 = 69.8087 µm. The results are also shown in Figure 2.



From Figure 2 and the obtained numerical values, it is evident that D50 and Dmode have close values, and the D32 value is approximately 13 µm greater. In [37], we studied the selection of one effective diameter for similar experimental parameters. It was shown that good agreement with experimental results can be achieved by choosing D = 60 µm. This value is incompatible with any analytical model.



We will then consider the use of a multi-group approach, with division into several fractions and determination of the mean particle size for each group. It is obvious that a large number of different groups of different sizes can allow us to more closely approach the real problem. At the same time, if there are more fractions, it will make numerical modeling more expensive. The particle distribution will be divided into several groups of fractions in this investigation. In this case, we will not use physical parameters to separate the groups, but will instead use uniform division. First, the number of particle groups will allow us to bring the numerical modeling closer to the experimental data. Second, such a simple division is based only on knowledge of the minimum and maximum size of the particles used and does not require additional knowledge of the gas and solid phases. The mean diameter values D32 are presented in Table 2 and Figure 3.



The particle mean diameter for each group was determined using the Sauter model. For this, we used Formula (1), but the integration was performed within the limits of the size variation for each group. The dashed lines in Figure 3 show the boundaries of the selected groups.



In Figure 3d, we see that the selected finest fraction is almost not represented in the volume fraction. We can obtain the same information from Table 2. In fact, the boundary regions are of special interest for our problem. In the present study, we took the cumulative function, which shows the presence of particles in the range from 0 to 26 μm. When we use the Sauter mean diameter model for the entire particle distribution (the case of one group), we integrate from zero to infinity. When dividing into several groups, we also started the integration from zero for the first group boundary. When there were few groups (for example, 2 or 3), this did not play a significant role. However, when dividing into five groups, we obtained a fine fraction with a volume fraction of 0.00083. Obviously, this fraction will not make a significant contribution to the model. With further division into groups, we obtain the finest phase with the near-zero fraction. This will also be a disadvantage of our model. The model should be improved in further studies to avoid similar situations.



The values of the solid-phase volume fraction presented in Table 2 are calculated for the total volume, which initially contains 0.58361 air, and the initial solid-phase fraction is α0s = 0.41639. Let us consider the normalized solid-phase fractions for each group relative to the initial total solid-phase fraction α0s. The results are presented in Table 3.



From Table 3, we see that for the case of three groups, the normalized fraction of group 1 will be about 2%. This group will make a minor contribution to the overall numerical model of the fluidized bed. For the case of four groups, the normalized fraction of group 1 will be less than 0.5%. For the case of five groups, the normalized fraction of group 1 will be less than 0.2%. This also shows the limitation of the present model when groups with very small volume fractions can be considered in the calculation.




2.3. Numerical Simulation Model


In order to perform numerical simulation, we must define a geometry model. Since the experimental tube has a simple shape, we choose to use a cylinder as the computational domain. The scheme is shown in Figure 4a. Within the lower surface of the cylinder, we define the condition of supplying the gas velocity value; for the granular solid phase, the surface will be impermeable. Within the upper surface of the cylinder, we define a simple exit condition. Since heat transfer is not considered in this problem, the walls are set to be impermeable without additional thermal conditions. As the initial conditions for numerical modeling, we established a fixed bed of solid particles with a specified volume fraction within the lower zone of the cylinder. From the experiment, the initial bed height of 0.079 m and the initial volume fraction of the solid substance of 0.41639 were determined. The density of the solid phase corresponds to the material value from the experiment of 2400 kg/m3. The standard for air density and viscosity is determined at a temperature of 20 °C.



After the computation start, upon the introduction of gas from below, the particle bed will commence to expand. After a certain period, the expansion of the bed will cease, and we shall consider it to have reached the fluidization mode at a given gas velocity. Next, we observe the parameters of the fluidized bed for some time and average the results.




2.4. Fluidized Bed Model


In the numerical simulation of the fluidized bed, a two-fluid continuous Euler–Euler multiphase model was used, supplemented by the kinetic theory of gases to take into account the collisions of solid particles. It is assumed that all considered phases in total occupy the entire volume of the computational domain. Let us denote the volume fraction of the i-th phase by    α i   , respectively; the sum of the volume fractions of all phases is equal to 1. For each of the phases, the equations of conservation of mass, momentum and energy are satisfied [48,49]. In the study of this problem, the following equations were solved.



The mass conservation equation for the gas phase:


     ∂  α g   ρ g    ∂ t    + ∇ ⋅    α g   ρ g    v →  g    = 0 ,  



(3)




where    ρ g    is the real density of the gas phase, and     v →  g    is the velocity of the gas phase.



The mass conservation equation for the solid phase:


     ∂  α s   ρ s    ∂ t    + ∇ ⋅    α s   ρ s    v →  s    = 0 ,  



(4)




where    ρ s    is the real density of the solid phase, and     v →  s    is the velocity of the solid phase.



The momentum conservation equation for the gas phase:


     ∂  α g   ρ g    v →  g    ∂ t    + ∇ ⋅    α g   ρ g    v →  g    v →  g    = −  α g  ∇ p + ∇ ⋅    τ ¯  ¯  g  +  α g   ρ g   g →  +   ∑  j = 1  N    K  g   s       v →  g  −   v →   s , j       ,  



(5)




where  p  is the pressure,      τ ¯  ¯  g    is the stress tensor in gas phase, and    K  g s     is the coefficient of interaction between the gas and discrete solid phases. Here, the subscript s,j means the interaction of the gas with the j-th solid phase for cases where more than one solid phase is present in the model. In Equation (5), the stress tensor is calculated as follows:


     τ ¯  ¯  g  =  α g   μ g    ∇   v →  g  + ∇   v →  g T    +  α g    2 3    μ g  ∇ ⋅   v →  g    I ¯  ¯  ,  



(6)




where    μ g    is the shear viscosity, and    I ¯  ¯   is the unit tensor.



The momentum conservation equation for the solid phase is


     ∂  α s   ρ s    v →  s    ∂ t    + ∇ ⋅    α s   ρ s    v →  s    v →  s    = −  α s  ∇ p − ∇  p s  + ∇ ⋅    τ ¯  ¯  s  +  α s   ρ s   g →  +  K  s   g       v →  s  −   v →  g    +   ∑  j = 1  N    K  s   s , j       v →  s  −   v →   s , j       ,  



(7)




where    p s    is the pressure of solid-phase granules,      τ ¯  ¯  s    is the stress tensor in the solid phase,    K  s g     is the coefficient of interaction between discrete solid phases and gas, and    K  s s . j     is the coefficient of interaction between operating solid phases and another j-th solid phase. For the interaction of gas and solid phases, we have    K  g s   =  K  s g    . In Equation (7), the stress tensor is calculated as follows:


     τ ¯  ¯  s  =  α s   μ s    ∇   v →  s  + ∇   v →  s T    +  α s     λ s  −   2 3    μ s    ∇ ⋅   v →  s    I ¯  ¯  ,  



(8)




where    μ s  ,      λ s    are shear and bulk viscosity of the solid phase.



The conservation of solid particle phase fluctuating energy [50] is calculated as follows:


    3 2       ∂  ∂ t       α s   ρ s   Θ s    + ∇ ⋅    α s   ρ s    v →  s   Θ s      =   −  p s    I ¯  ¯  +    τ ¯  ¯  s    : ∇   v →  s  + ∇ ⋅    k   Θ s    ∇  Θ s    −  γ   Θ s    +  ϕ  g   s   +   ∑  j = 1  N    ϕ  s   s , j     ,  



(9)




where    k   Θ s      is the granule energy diffusion coefficient,    Θ s    is the solid granule temperature,    γ   Θ s      is the particle collisions energy dissipation,    ϕ  g s     is the energy exchange between solid and gas phases, and    ϕ  s s , j     is the energy exchange between a pair of solid phases.



Further, we consider the constitutional relations for the closure of the equations system presented above. In the case of the interaction of two phases of the gaseous–solid granular type, the model as described in [49] is used, as follows:


   K  s g   =       3 4    C D      α s   α g   ρ g      v →  s  −   v →  g       d s      α g  − 2 / 65   ,                                                            α g  > 0.8 ,     150     α s    1 −  α g     μ g     α g   μ s 2     + 1.75     ρ g   α s      v →  s  −   v →  g       d s     ,                                α g  ≤ 0.8 ,      



(10)




where drag coefficient is calculated as follows:


   C D  =    24    α g    Re  s       1 + 0.15      α g    Re  s      0.687     ,  



(11)







The Reynolds number is calculated as follows:


    Re  s  =     α g   ρ g   d s      v →  s  −   v →  g       μ g     .  



(12)







The application of the interphase interaction model [49] has shown good agreement with the experimental and industrial results in our previous studies [24,25,26].



For the solid phase, the values of shear and bulk viscosity, granule pressure, diffusion and energy dissipation are determined using standard models [49,50,51,52].



The coefficient of interphase interaction between a pair of solid phases is determined according to the model [53]:


   K  s s , j   =    3   1 +  e  s s , j      π 2   α s   ρ s   α  s , j    ρ  s , j        d s  +  d  s , j      2   ϑ  0 s s , j     2 π    ρ s   d s 3  +  ρ  s , j    d  s , j  3           v →   s , j   −   v →  s     



(13)




where    e  s s , j     is the coefficient of recovery of solid-phase particles after a collision, and    ϑ  0 s s , j     is the radial distribution coefficient. Typically, the default value is    e  s s , j     = 0.9, but this value can be adjusted to suit the particle type. The radial distribution coefficient    ϑ  0 s s , j     is determined using model [49].



Considered in the glass tube, the fluidized bed component movement is turbulent. In the solution model used for calculations, a dispersed     k − ε   turbulence model was used, in which the motions of the “secondary” solid granular phases are generated against the turbulent motion of the “primary” gas phase. The ANSYS Fluent 19.2 software has been used to solve the written system of equations. Many of the component property parameters are taken from the database of the software.




2.5. Terminal Velocity


Let us consider the formula for determining the value of the terminal velocity. This study will help us determine which particles will be carried away from the apparatus at a given gas velocity. We consider the terminal velocity in the form [5]:


   v t  =        4 g D (  ρ s  −  ρ g  )   3  ρ g   C D         0.5   ,  



(14)




where drag coefficient can be used from Formula (11). By solving Equation (14) for a given value of    v t   , we can find the particle diameter Dt. All particles whose size is smaller than Dt will be carried out of the apparatus by the gas flow. The results of the calculated diameters for the studied velocity values are presented in Table 4.



Comparing the values in Table 4 and Table 2, we see that some fraction of the fine particles must be carried out of the fluidized bed apparatus for an adjusted gas velocity. For the two-fraction division, all of the selected particles are large enough to form a bounded fluidized bed. For the three-fraction division, we see that the fine fraction must be carried out of the apparatus for gas velocities of 0.1088 m/s and 0.1213 m/s. For the four-fraction division, the finest fraction will be carried out for all gas velocities studied. For the five-fraction division, the finest fraction will also be carried out for all gas velocities studied. In this case, the second particle group will most likely be located throughout the entire height of the apparatus and will be slowly carried out of it.




2.6. Mesh Size


We need to cover the computational domain with a mesh for using computational fluid dynamics methods. Since the geometric model of the computational domain has small dimensions and simple shapes, we used a uniform mesh with a cell size of   Δ x   = 0.001 m (Figure 4b). We conducted a mesh study in order to select the optimal size for solving our problem. Let us consider the cell sizes   Δ x   = 0.005 m, 0.0025 m, 0.001 m, and 0.0005 m. Mesh examples are presented in Figure 5. We will examine the volume fraction of the solid phase in the tube and the pressure drop between the inlet and outlet surface.



The numerical simulation represents 15 s of real time. In order to determine the average volume fraction of the solid phase, we record and average the results from the 5th to the 15th second of the calculation, with a step of 0.025 s. The results of the mesh study for a case with a gas velocity of 0.0892 m/s are shown in Figure 6. The results of testing the mesh size   Δ x   for the time-step value   Δ t   = 0.0005 s are shown in Figure 6a. It is observed that reducing the mesh size almost does not alter the volume fraction profile of the solid phase after the value of   Δ x   = 0.001.



Next, we present the results of the study of the pressure drop for gas passing through a fluidized bed of particles (Figure 6b). We observe significant deviations for the value of   Δ x   = 0.005 m. With a further decrease in the mesh size, the pressure drop values reach a constant value. There are small differences for the cases of   Δ x   = 0.0025 m and   Δ x   = 0.001 m. For the cases of   Δ x   = 0.001 m and   Δ x   = 0.0005 m, the differences are less than 0.5 Pa.



We also looked at the y+ parameter. This value is important for problems with the formation of a boundary layer of gas when moving along a wall. The study of y+ shows the need to use additional wall functions with insufficient grid resolution. In our problem, there is no full-fledged continuous gas motion along the walls. The presence of solid particles in the fluidization mode can form gas flows in any direction near the wall. However, the study of y+ can additionally evaluate the quality of the selected cell size. In our problem, we found that the y+ value varies from 1.3 to 3.65 for different values of   Δ x  . For the selected mesh size   Δ x   = 0.001 m, the average value of y+ = 1.56. These values are obtained from the ANSYS Fluent software during numerical simulation. The selected mesh size does not require the use of additional wall functions in the turbulence model used.



The optimal mesh size for calculations in our model is   Δ x   = 0.001 m.




2.7. Time Step


Also, for all sizes   Δ x  , we used four time-step values:   Δ t   = 0.0025 s, 0.001 s, 0.0005 s, and 0.00025 s. The results of the test on the step   Δ t   for the mesh size of   Δ x   = 0.001 m are shown in Figure 7a. It is seen that changing the time step almost does not affect the volume fraction of the solid phase.



Figure 7b shows the results of the pressure drop calculation for all the values of   Δ x   and   Δ t   used. A change in the value of   Δ t   also does not greatly affect the pressure drop value.



To select the time step   Δ t  , we estimated the Courant number [54]:


   N C  =      v →   Δ t   Δ x    .  



(15)







The values   Δ t   were chosen considering the fulfillment of the criteria for the Courant number NC < 1. However, numerical modeling of a fluidized bed may have its own characteristics, different from modeling the motion of a homogeneous gas. A maximum Courant number of 0.3 was suggested by the authors of [55]. The authors of [56] proposed establishing a limit on the Courant number for monodispersed liquid–fluidized suspensions, ranging from 0.03 to 0.3. The gas velocity ranges from 0.0716 to 0.1213 m/s in our studies. The time step should be between 0.000247 and 0.00419 s for such   Δ x   = 0.001 m and velocity values. The optimal time step for calculations in our model is   Δ t   = 0.0005 s. In all calculations, sufficient convergence is observed for all parameters for the selected values   Δ x   and   Δ t  .





3. Results and Discussion


The results of a numerical simulation with one mean diameter D32 are presented first. Figure 8 shows the volume fraction fields for the solid phase for a gas velocity of 0.0892 m/s at different times. The scale for the volume fraction is selected from 0 to 0.5. It is evident that the bubbling fluidized bed is already formed at the fourth second of the numerical simulation calculation. Similar results were obtained for other gas velocity values. We recorded and averaged the results from the 5th to the 15th second of the calculation with a step of 0.025 s, to analyze the average volume fraction profile. The results obtained for the average volume fraction of the solid phase are depicted in Figure 9 for four different gas velocity values.



Figure 9 shows that the calculation results are within the minimum and maximum values of the bed boundary that were found in the experiments. Note that these boundaries may be different for each experiment because they only cover one extreme case. At the same time, our numerical simulation results do not match the average experimental values. Numerical calculation results are lower than experimental values in all cases. All particles of the solid phase are located in the lower part of the apparatus and are not carried away by the gas flow. The chosen diameter is too large, and the bed is not sufficiently expanded as a result of the numerical simulation. In the results of numerical simulations, the average height of the bed boundary varies from 12.26 cm for a gas velocity of 0.0716 m/s to 13.75 cm for a gas velocity of 0.1213 m/s.



Next, we will consider numerical modeling options for cases where several solid-phase fractions are selected. It should be noted that we are currently considering the cases of two, three, four, and five fractions. The volume fraction fields for the solid phase for a gas velocity of 0.0892 m/s at a time of 14 s are shown in Figure 10 for the cases of two and five groups. The volume fraction scale is selected from 0 to 0.2. It is observed that, for two solid-phase groups, particle fractions are well mixed and fill the entire height of the fluidized bed. For the case of five groups, the observed height of the fluidized bed is higher. In this case, the phase of the smallest particles is almost absent. The gas flow from the tube removes particles of the smallest size. According to the theoretical analysis of the terminal velocity, we can conclude that the finest fraction is carried out of the apparatus. Therefore, we do not visually see the fraction of group 1/5 in Figure 10.



Let us examine the results of the average volume fraction profiles for all the studied cases. Figure 11 shows the results of modeling using two solid groups. Next, Figure 12 illustrates the numerical simulation results using three solid-phase groups. Results of the numerical simulation using four solid-phase groups are presented in Figure 13. Figure 14 shows the results of numerical modeling using five groups of the solid phase.



A good approximation can be obtained for the gas velocity cases of 0.0716 and 0.0892 m/s by using two solid particle fractions. However, for the other two gas velocities (0.1088 m/s and 0.1213 m/s), the fluidized bed height remains insufficient to reach the average experimental line. For the gas velocity of 0.1213 m/s, particle separation can be observed in the upper part of the bed. Most of the small particles are located over a bed of larger particles. Despite the partial separation of different fractions, all particles remain in a bounded bed in the lower part of the apparatus.



Using three solid particle fractions shows a similar result for the bed height compared to using two fractions for the gas velocity cases of 0.0716 m/s and 0.0892 m/s. However, for the gas velocity cases of 0.1088 m/s and 0.1213 m/s, the average particle bed height decreased. Here, we cannot see how much of the finest fraction is there. The separation of the fine particle group plays a negative role in this case. According to the theoretical analysis of the terminal velocity, we can conclude that the finest particles will be completely removed from the apparatus for the cases of gas velocity of 0.1088 m/s and 0.1213 m/s. That is, we will lose particles that in our model occupy about 2.5% of the total solid volume fraction. This is not much. But the remaining fractions have a large particle size. At the same time, the presence of fine particles for the cases of gas velocity of 0.0716 m/s and 0.0892 m/s contributes to a greater expansion of the total particle bed.



The use of four groups of solid particles shows good agreement with the experimental results for the average height of the fluidized bed for all cases of gas velocity. The smallest fraction is almost completely carried away by the gas flow from the tube, but its volume fraction is significantly less than in the case of using three groups. It is already possible to observe separation of particles in the upper part of the bed for two gas velocity values of 0.1088 m/s and 0.1213 m/s.



The use of five groups of solid particles shows good agreement with the experimental results for all cases of gas velocity. But for a gas velocity of 0.1213 m/s, the boundary of the fluidized bed is lower than when using four groups of the solid phase. Particle separation in the upper part of the bed can be observed already for three gas velocities of 0.0892 m/s, 0.1088 m/s and 0.1213 m/s. For the cases of gas velocity of 0.0716 m/s and 0.0892 m/s, we see in the graphs a sufficient volume fraction of the four groups of the largest particle sizes. They form a limited fluidized bed. The smallest fraction is almost invisible. We saw the same result in Figure 10. For the case of gas velocity of 0.1088 m/s, we see that the three large fractions form the boundary of the bed. Particles of the smallest fraction are almost completely absent. The next fraction is presented mainly in the upper part of the bed and above the bed of large particles. For the case of a gas velocity of 0.1213 m/s, we see that two small groups of solid phase are carried out from the bed. As a result, the remaining fractions form a fluidized bed, the height of which is lower than for the case of using four groups of solids.



The removal of the finest group of particles from the apparatus for all values of gas velocity shows the disadvantage of the proposed model. One fraction, identified in the model, does not participate in the formation of the fluidized bed. However, such a situation may correspond to the real behavior of particles. We observed the removal of particles from the apparatus during experiments. But for numerical modeling, this is a negative point, since conservation equations will be solved for the fine fraction, which will increase computational costs.



By increasing the number of solid-phase fractions in a numerical simulation, we can obtain an average height of the fluidized bed close to the observed average experimental results. We can choose four solid-phase groups as a good result for our task. A further increase in the number of solid-phase groups could contribute to improving the accuracy of calculations, but it would require large computational resources. And the removal of some solid fractions from the apparatus leads to ineffective selection of some groups of particles. Further research is required to determine the size and number of small particle groups. It has been revealed that when selecting the mean diameter and volume fraction, it is imperative to consider the factors of gas and solid particle interaction, such as particle carryover and particle size separation by bed height.




4. Conclusions


This paper presents the investigation into the methodology employed to determine the mean particle size and the number of fractions for numerical simulation of a fluidized bed. We performed experimental studies of a bubbling fluidized bed with polydispersed powder on a glass tube. By selecting a different number of solid-phase groups, we can achieve a satisfactory agreement with the experimental results. We can more closely approach the real results by having a large number of groups of different sizes. A significant increase in computational costs will be caused by an increase in the number of fractions.



We decided to focus on the Sauter mean diameter model and selected the number of solid-phase groups as a control parameter. In this paper, we considered cases consisting of one fraction, as well as from two to five groups of solid-phase fractions. We have separated groups using only the particle size distribution function. This simple division does not require additional knowledge of the properties of the gas or solid phase. We found that the choice of four solid-phase groups is suitable for numerical simulation of a bubbling fluidized bed. Note that we have considered a powder sample to make an industrial catalyst. Our powder has a good unimodal particle size distribution with a pronounced high content of medium particles. Furthermore, each particle size distribution for a polydispersed powder may have its own characteristics that will contribute to the fluidization regime.



The proposed method for uniformly dividing the particle size distribution function is simple to use for numerical modeling. However, some particles may be carried away from the bed and not participate in the fluidization of the bed. This situation is shown in results when we divide the solid-phase fractions from three to five groups. In this situation, it is better to create methods that link the size of solid particles to the properties of the gas and solid phases. Similar problems will be considered in future studies in order to clarify the method considered in this study. Also, some particle ranges may have a very small volume fraction. Such groups make a minor contribution to the simulation result but take up additional computational resources. In this situation, it is better to create methods that relate the size of solid particles, the volume fraction of particle groups, and the properties of the gas and solid phases. Thus, to improve the efficiency, the proposed method of separating the distribution function requires further development. Such issues will be addressed in future studies to improve the method considered in this study.
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Nomenclature




	
Symbols




	
CD

	
drag coefficient




	
D

	
mean particle diameter




	
d

	
particle diameter




	
D32

	
Sauter mean diameter




	
D50

	
median mean diameter




	
Dmode

	
mode mean diameter




	
es

	
coefficient of recovery




	
   f ( D )   

	
distribution density function




	
g

	
gravitation




	
    I ¯  ¯   

	
unit tensor




	
Ksg

	
coefficient of interaction between solid and gas phases




	
Kss,j

	
coefficient of interaction between two solid phases




	
    k   Θ s      

	
granule energy diffusion coefficient




	
NC

	
Courant number




	
  p  

	
pressure




	
ps

	
pressure of solid phase granules




	
Re

	
Reynolds number




	
t

	
time




	
   v →   

	
velocity




	
Greek symbols




	
    α i    

	
volume fraction of the i-th phase




	
    γ   Θ s      

	
particle collisions energy dissipation




	
    Θ s    

	
solid granule temperature




	
    ϑ  0 s     

	
radial distribution coefficient




	
  λ  

	
bulk viscosity




	
  μ  

	
shear viscosity




	
  ρ  

	
density




	
    τ ¯  ¯   

	
stress tensor




	
    ϕ  g s     

	
energy exchange between solid and gas phases




	
    ϕ  s s , j     

	
energy exchange between two solid phases




	
Subscripts




	
g

	
gas phase




	
s

	
solid phase




	
sg

	
interaction between solid and gas phases




	
ss,j

	
interaction between two solid phases








References


	



Sadeghbeigi, R. Fluid Catalytic Cracking Handbook: An Expert Guide to the Practical Operation, Design, and Optimization of FCC Units; Butterworth-Heinemann: Oxford, UK, 2020; p. 352. [Google Scholar]

	



Bai, P.; Etim, U.J.; Yan, Z.; Mintova, S.; Zhang, Z.; Zhong, Z.; Gao, X. Fluid catalytic cracking technology: Current status and recent discoveries on catalyst contamination. Catal. Rev. 2019, 61, 333–405. [Google Scholar] [CrossRef]

	



Basu, P. Combustion and Gasification in Fluidized Beds; CRC Press: Boca Raton, FL, USA, 2006; p. 496. [Google Scholar]

	



Özkaya, B.; Kaksonen, A.H.; Sahinkaya, E.; Puhakka, J.A. Fluidized bed bioreactor for multiple environmental engineering solutions. Water Res. 2019, 150, 452–465. [Google Scholar] [CrossRef] [PubMed]

	



de Lasa, H. (Ed.) Chemical Reactor Design and Technology: Overview of the New Developments of Energy and Petrochemical Reactor Technologies. Projections for the 90’s; Springer: Berlin/Heidelberg, Germany, 2012; p. 850. [Google Scholar]

	



Tu, J.; Yeoh, G.H.; Liu, C.; Tao, Y. Computational Fluid Dynamics: A Practical Approach; Elsevier: Amsterdam, The Netherlands, 2023. [Google Scholar]

	



Babanezhad, M.; Behroyan, I.; Nakhjiri, A.T.; Marjani, A.; Shirazian, S. Computational modeling of transport in porous media using an adaptive network-based fuzzy inference system. ACS Omega 2020, 5, 30826–30835. [Google Scholar] [CrossRef]

	



Sahranavardfard, N.; Aubagnac-Karkar, D.; Costante, G.; Rahantamialisoa, F.N.; Habchi, C.; Battistoni, M. Computation of Real-Fluid Thermophysical Properties Using a Neural Network Approach Implemented in OpenFOAM. Fluids 2024, 9, 56. [Google Scholar] [CrossRef]

	



Loha, C.; Chattopadhyay, H.; Chatterjee, P.K. Euler-Euler CFD modeling of fluidized bed: Influence of specularity coefficient on hydrodynamic behavior. Particuology 2013, 11, 673–680. [Google Scholar] [CrossRef]

	



Antunes, G.G.B.; Bück, A.; Mariano, F.P.; Girardi, A.G.; dos Santos, D.A. Particle dynamics in a pseudo-2D spouted bed: Experiments and Euler–Lagrange simulations. Chem. Eng. J. 2024, 491, 152007. [Google Scholar] [CrossRef]

	



Tianqi, T.; He, Y.; Ren, A.; Wang, T. Experimental study and DEM numerical simulation of dry/wet particle flow behaviors in a spouted bed. Ind. Eng. Chem. Res. 2019, 58, 15353–15367. [Google Scholar]

	



Thornton, C. Granular Dynamics, Contact Mechanics and Particle System Simulations: DEM Study; Springer: Berlin/Heidelberg, Germany, 2015; Volume 24. [Google Scholar]

	



Pietsch, S.; Heinrich, S.; Karpinski, K.; Müller, M.; Schönherr, M.; Jäger, F.K. CFD-DEM modeling of a three-dimensional prismatic spouted bed. Powder Technol. 2017, 316, 245–255. [Google Scholar] [CrossRef]

	



Zhang, Q.W.; Cai, C.; Lu, D.; Gidaspow, H. Modified MFIX code to simulate hydrodynamics of gas-solids bubbling fluidized beds: A model of coupled kinetic theory of granular flow and discrete element method. Powder Technol. 2019, 357, 417–427. [Google Scholar] [CrossRef]

	



Marjani, A.; Nakhjiri, A.T.; Taleghani, A.S.; Shirazian, S. Mass transfer modeling absorption using nanofluids in porous polymeric membranes. J. Mol. Liq. 2020, 318, 114115. [Google Scholar] [CrossRef]

	



Elmisaoui, S.; Benjelloun, S.; Boukharfane, R.; Khamar, L.; Elmisaoui, S.; Khamar, M. In Silico CFD Investigation of the Granulation Hydrodynamics in Rotating Drum: Process Sensitivity to the Operating Parameters and Drag Models. Processes 2022, 10, 1939. [Google Scholar] [CrossRef]

	



Wu, H.; Yang, C.; Zhang, Z.; Zhang, Q. Simulation of Two-Phase Flow and Syngas Generation in Biomass Gasifier Based on Two-Fluid Model. Energies 2022, 15, 4800. [Google Scholar] [CrossRef]

	



Cardoso, J.; Silva, V.; Eusébio, D.; Brito, P.; Tarelho, L. Improved numerical approaches to predict hydrodynamics in a pilot-scale bubbling fluidized bed biomass reactor: A numerical study with experimental validation. Energy Convers. Manag. 2018, 156, 53–67. [Google Scholar] [CrossRef]

	



Ding, K.; Xiong, Q.; Zhong, Z.; Zhong, D.; Zhang, Y. CFD simulation of combustible solid waste pyrolysis in a fluidized bed reactor. Powder Technol. 2020, 362, 177–187. [Google Scholar] [CrossRef]

	



Wu, Y.; Liu, D.; Duan, L.; Ma, J.; Xiong, J.; Chen, X. Three-dimensional CFD simulation of oxy-fuel combustion in a circulating fluidized bed with warm flue gas recycle. Fuel 2018, 216, 596–611. [Google Scholar] [CrossRef]

	



Gao, N.; Zhu, K.; Fang, S.; Deng, L.; Lin, Y.; Huang, Z.; Li, J.; Huang, H. A Numerical Simulation and Experimental Study of Fluidization Characteristics of a Bubbling Fluidized Bed in Biomass Gasification. Energies 2024, 17, 2302. [Google Scholar] [CrossRef]

	



Solovev, S.A.; Soloveva, O.V.; Bekmukhamedov, G.E.; Egorova, S.R.; Lamberov, A.A. CFD-simulation of isobutane dehydrogenation for a fluidized bed reactor. ChemEngineering 2022, 6, 98. [Google Scholar] [CrossRef]

	



Solov’ev, S.A.; Egorov, A.G.; Lamberov, A.A.; Egorova, S.R.; Kataev, A.N. Effect of the design of a feedstock injection device in a fluidized bed reactor on the efficiency of the reaction, using the dehydrogenation of iso-paraffins in a fluidized chromia-alumina catalyst bed as an example. Catal. Ind. 2016, 8, 48–55. [Google Scholar] [CrossRef]

	



Soloveva, O.V.; Solovev, S.A.; Egorova, S.R.; Lamberov, A.A.; Antipin, A.V.; Shamsutdinov, E.V. CFD modeling a fluidized bed large scale reactor with various internal elements near the heated particles feeder. Chem. Eng. Res. Des. 2018, 138, 212–228. [Google Scholar] [CrossRef]

	



Kreesaeng, S.; Chalermsinsuwan, B.; Piumsomboon, P. Effect of Inserting Baffles on the Solid Particle Segregation Behavior in Fluidized Bed Reactor: A Computational Study. ChemEngineering 2024, 8, 7. [Google Scholar] [CrossRef]

	



Li, J.; Cheng, Z.; Fang, Y.; Wang, H.; Nie, W.; Huang, J.; Wang, Y. Minimum and terminal velocity in fluidization of coal gasification materials and coal blending of gasification under pressure. Fuel 2013, 110, 153–161. [Google Scholar] [CrossRef]

	



Doheim, M.A. Particle attrition and heat transfer problems in fluidized processing of ferrous industry with design implications. Powder Technol. 2022, 404, 117512. [Google Scholar] [CrossRef]

	



Yates, J.G.; Newton, D. Fine particle effects in a fluidized-bed reactor. Chem. Eng. Sci. 1986, 41, 801–806. [Google Scholar] [CrossRef]

	



Kono, H.O.; Ells, T.S.; Chiba, S.; Suzuki, M.; Morimoto, E. Quantitative criteria for emulsion phase characterization and for the transition between particulate and bubbling fluidization. Powder Technol. 1987, 52, 69–76. [Google Scholar] [CrossRef]

	



Grace, J.R.; Sun, G. Influence of particle size distribution on the performance of fluidized bed reactors. Can. J. Chem. Eng. 1991, 69, 1126–1134. [Google Scholar] [CrossRef]

	



van Ommen, J.R.; Nijenhuis, J.; van den Bleek, C.M.; Coppens, M. Four ways to introduce structure in fluidized bed reactors. Ind. Eng. Chem. Res. 2007, 46, 4236–4244. [Google Scholar] [CrossRef]

	



Khoe, G.K.; Ip, T.L.; Grace, J.R. Rheological and fluidization behavior of powders of different particle size distribution. Powder Technol. 1991, 66, 127–141. [Google Scholar] [CrossRef]

	



Saayman, J.; Ellis, N.; Nicol, W. Fluidization of high-density particles: The influence of fines on reactor performance. Powder Technol. 2013, 245, 48–55. [Google Scholar] [CrossRef]

	



Beetstra, R.; Nijenhuis, J.; Ellis, N.; van Ommen, J.R. The influence of the particle size distribution on fluidized bed hydrodynamics using high throughput experimentation. AIChE J. 2009, 55, 2013–2023. [Google Scholar] [CrossRef]

	



Brouwer, G.C.; Wagner, E.C.; van Ommen, J.R.; Mudde, R.F. Effects of pressure and fines content on bubble diameter in a fluidized bed studied using fast X-ray tomography. Chem. Eng. J. 2012, 207–208, 711–717. [Google Scholar] [CrossRef]

	



Gu, Y.; Ozel, A.; Sundaresan, S. Numerical studies of the effects of fines on fluidization. AIChE J. 2016, 62, 2271–2281. [Google Scholar] [CrossRef]

	



Solovev, S.A.; Antipin, A.V.; Soloveva, O.V.; Khusainov, R.R. Determination of Effective Diameter of Solid Particles for the Eulerian–Eulerian Modelling Approach of Fluidized Bed. J. Phys. Conf. Ser. 2019, 1210, 012133. [Google Scholar] [CrossRef]

	



Solovev, S.A.; Yafizov, R.R.; Antipin, A.V. Numerical simulation of the isoparaffins dehydrogenation in a bidisperse fluidized bed. IOP Conf. Ser. Mater. Sci. Eng. 2019, 618, 012095. [Google Scholar] [CrossRef]

	



Wang, D.; Fan, L.-S. Particle characterization and behavior relevant to fluidized bed combustion and gasification systems. In Fluidized Bed Technologies for Near-Zero Emission Combustion and Gasification; Elsevier: Amsterdam, The Netherlands, 2013; pp. 42–76. [Google Scholar]

	



Sung, W.C.; Kim, J.Y.; Chung, S.W.; Lee, D.H. Effect of particle size distribution on hydrodynamics of pneumatic conveying system based on CPFD simulation. Adv. Powder Technol. 2021, 32, 2336–2344. [Google Scholar] [CrossRef]

	



Liu, C.; Zhao, Y.; Li, Y.; Feng, Y.; Duan, C.; Zhou, C.; Dong, L. A model for predicting the segregation directions of binary Geldart B particle mixtures in bubbling fluidized beds. Particuology 2024, 90, 340–349. [Google Scholar] [CrossRef]

	



Li, Y.; Hong, K.; Zhou, C.; Zhang, Y.; Dong, L. Resonance-induced particle mixing and segregation phenomena in a forced oscillation fluidized bed. Chem. Eng. Sci. 2024, 299, 120448. [Google Scholar] [CrossRef]

	



Solovev, S.A.; Soloveva, O.V.; Antipin, A.V. Investigation of the influence of fine particles on the discrete phase density in the numerical modelling of a fluidized bed. J. Phys. Conf. Ser. 2019, 1158, 042022. [Google Scholar] [CrossRef]

	



Soloveva, O.V.; Solovev, S.A.; Shamsutdinov, E.V. The effect of fine particles influence on numerical simulation of bidisperse fluidized bed. IOP Conf. Ser. Earth Environ. Sci. 2019, 337, 012061. [Google Scholar] [CrossRef]

	



Bekmukhamedov, G.E.; Mukhamed’yarova, A.N.; Egorova, S.R.; Lamberov, A.A. Modification by SiO2 of Alumina Support for Light Alkane Dehydrogenation Catalysts. Catalysts 2016, 6, 162. [Google Scholar] [CrossRef]

	



Bekmukhamedov, G.E.; Morozov, V.I.; Tuktarov, R.R.; Bukharov, M.S.; Egorova, S.R.; Lamberov, A.A.; Yakhvarov, D.G. Electronic interaction between Cr3+ ions in chromia-alumina catalysts for light alkane dehydrogenation. J. Phys. Chem. Solids 2022, 167, 110778. [Google Scholar] [CrossRef]

	



Egorova, S.R.; Tuktarov, R.R.; Boretskaya, A.V.; Laskin, A.I.; Gizyatullov, R.N.; Lamberov, A.A. Stabilizing effect of α-Cr2O3 on highly active phases and catalytic performance of a chromium alumina catalyst in the process of isobutane dehydrogenation. Mol. Catal. 2021, 509, 111610. [Google Scholar] [CrossRef]

	



Loitsyanskiy, L.G. Mechanics of Liquids and Gases; Pergamon Press: Oxford, UK, 1966. [Google Scholar]

	



Gidaspow, D. Multiphase Flow and Fluidization; Academic Press: Cambridge, MA, USA, 1994. [Google Scholar]

	



Ding, J.; Gidaspow, D. A bubbling fluidization model using kinetic theory of granular flow. AIChE J. 1990, 36, 523–538. [Google Scholar] [CrossRef]

	



Ogawa, S.; Umemura, A.; Oshima, N. On the equation of fully fluidized granular materials. J. Appl. Math. Phys. 1980, 31, 483–493. [Google Scholar] [CrossRef]

	



Lun, C.K.K.; Savage, S.B.; Jeffrey, D.J. Kinetic theories for granular flow: Inelastic particles in couette flow and slightlyinelastic particles in a general flow field. J. Fluid Mech. 1984, 140, 223–256. [Google Scholar] [CrossRef]

	



Syamlal, M. The Particle-Particle Drag Term in a Multiparticle Model of Fluidization; No. DOE/MC/21353-2373; EG and G Washington Analytical Services Center, Inc.: Morgantown, WV, USA, 1987. [Google Scholar]

	



Courant, R.; Kurt, F.; Hans, L. Über die partiellen Differenzengleichungen der mathematischen Physik. Math. Ann. 1928, 100, 32–74. [Google Scholar] [CrossRef]

	



Gobin, A.; Neau, H.; Simonin, O.; Llinas, J.; Reiling, V.; Selo, J. Numerical simulations of a gas-phase polymerization reactor. In Proceedings of the European Congress on Computational Methods in Applied Sciences and Engineering, Wales, UK, 4–7 September 2001. [Google Scholar]

	



Cornelissen, J.T.; Taghipour, F.; Escudie, R.; Ellis, N.; Grace, J.R. CFD modelling of a liquid–solid fluidized bed. Chem. Eng. Sci. 2007, 62, 6334–6348. [Google Scholar] [CrossRef]








[image: Processes 12 02528 g001] 





Figure 1. Laboratory reactor: (a) experiment example of fluidization; (b) experimental reactor scheme; (c) particle characteristics. 
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Figure 2. Particle size distribution function and mean diameter models. 
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Figure 3. Particle size distribution function and mean diameter model D32 for different numbers of selected groups: (a) two fractions; (b) three fractions; (c) four fractions; (d) five fractions. 
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Figure 4. Numerical simulation model: (a) domain; (b) mesh. 






Figure 4. Numerical simulation model: (a) domain; (b) mesh.



[image: Processes 12 02528 g004]







[image: Processes 12 02528 g005] 





Figure 5. Mesh examples for numerical simulation independency testing: (a)   Δ x   = 0.005 m; (b)   Δ x   = 0.0025 m; (c)   Δ x   = 0.001 m; (d)   Δ x   = 0.0005 m. 






Figure 5. Mesh examples for numerical simulation independency testing: (a)   Δ x   = 0.005 m; (b)   Δ x   = 0.0025 m; (c)   Δ x   = 0.001 m; (d)   Δ x   = 0.0005 m.



[image: Processes 12 02528 g005]







[image: Processes 12 02528 g006] 





Figure 6. Results of mesh-size testing for numerical simulation for gas velocity of 0.0892 m/s: (a) average profile of solid-phase volume fraction for different values   Δ x  ; (b) pressure drop for different values   Δ x  . 
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Figure 7. Results of time-step testing for numerical simulation for gas velocity of 0.0892 m/s: (a) average profile of solid-phase volume fraction for different values   Δ t  ; (b) pressure drop for different values   Δ t  . 
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Figure 8. Volume fraction fields for the solid phase at different times for a gas velocity of 0.0892 m/s. 
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Figure 9. Average volume fraction profile for a model with one mean particle diameter: (a) velocity 0.0716 m/s; (b) velocity 0.0892 m/s; (c) velocity 0.1088 m/s; (d) velocity 0.1213 m/s. 
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Figure 10. Volume fraction fields for the solid-phase fractions at time of 14 s for a gas velocity of 0.0892 m/s: (a) two fractions; (b) five factions. 
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Figure 11. Average volume fraction profile for a model with two mean particle diameters: (a) velocity 0.0716 m/s; (b) velocity 0.0892 m/s; (c) velocity 0.1088 m/s; (d) velocity 0.1213 m/s. 
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Figure 12. Average volume fraction profile for a model with three mean particle diameters: (a) velocity 0.0716 m/s; (b) velocity 0.0892 m/s; (c) velocity 0.1088 m/s; (d) velocity 0.1213 m/s. 
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Figure 13. Average volume fraction profile for a model with four mean particle diameters: (a) velocity 0.0716 m/s; (b) velocity 0.0892 m/s; (c) velocity 0.1088 m/s; (d) velocity 0.1213 m/s. 
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Figure 14. Average volume fraction profile for a model with five mean particle diameters: (a) velocity 0.0716 m/s; (b) velocity 0.0892 m/s; (c) velocity 0.1088 m/s; (d) velocity 0.1213 m/s. 






Figure 14. Average volume fraction profile for a model with five mean particle diameters: (a) velocity 0.0716 m/s; (b) velocity 0.0892 m/s; (c) velocity 0.1088 m/s; (d) velocity 0.1213 m/s.



[image: Processes 12 02528 g014]







 





Table 1. Measurement result from experiments.






Table 1. Measurement result from experiments.





	Air Velocity, m/s
	Observed Minimum Height, m
	Observed Average Height, m
	Observed Maximum Height, m





	0.0716
	0.107
	0.1386
	0.18



	0.0892
	0.12
	0.1433
	0.19



	0.1088
	0.13
	0.1683
	0.23



	0.1213
	0.13
	0.1721
	0.24










 





Table 2. Values of mean diameters D32 for different numbers of separated fractions.






Table 2. Values of mean diameters D32 for different numbers of separated fractions.





	Fraction

Numbers
	D32, µm,

Group 1
	αs

Group 1
	D32, µm,

Group 2
	αs

Group 2
	D32, µm,

Group 3
	αs

Group 3
	D32, µm,

Group 4
	αs

Group 4
	D32, µm,

Group 5
	αs

Group 5





	1
	69.8087
	0.41639
	-
	-
	-
	-
	-
	-
	-
	-



	2
	48.6256
	0.160518
	76.4034
	0.255872
	-
	-
	-
	-
	-
	-



	3
	34.0683
	0.00941
	59.6621
	0.316956
	81.3161
	0.090024
	-
	-
	-
	-



	4
	26.3030
	0.00201
	48.6609
	0.158508
	69.7646
	0.219063
	88.0555
	0.036809
	-
	-



	5
	23.0010
	0.00083
	38.7122
	0.033186
	55.2646
	0.214233
	74.0327
	0.13133
	93.0555
	0.036809










 





Table 3. Normalized solid fractions for each group in present model.






Table 3. Normalized solid fractions for each group in present model.





	Fraction

Numbers
	αs/α0s

Group 1
	αs/α0s

Group 2
	αs/α0s

Group 3
	αs/α0s

Group 4
	αs/α0s

Group 5





	1
	1
	-
	-
	-
	-



	2
	0.3854992
	0.6145008
	-
	-
	-



	3
	0.0225990
	0.7611998
	0.2162012
	-
	-



	4
	0.0048272
	0.3806720
	0.5261005
	0.0884003
	-



	5
	0.0019933
	0.0796993
	0.5145008
	0.3154014
	0.0884003










 





Table 4. Fine particle diameter for adjusted air velocity.






Table 4. Fine particle diameter for adjusted air velocity.





	Air Velocity, m/s
	Fine Particle Diameter, µm





	0.0716
	31.2



	0.0892
	34.5



	0.1088
	37.3



	0.1213
	39.1
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