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Abstract: Performance analysis of the adsorptive separation of ethylene downstream of an oxidative
coupling of methane (OCM) process, being an alternative process for converting methane content of
natural gas or other methane-rich sources to ethylene, was studied in this research for a production
capacity of 1 Mt/yr. This was motivated by observing promising adsorption characteristics and
efficiency in the selective adsorption of ethylene using 13X zeolite-based sorbent. The energy and
economic performance of alternative scenarios for retrofitting the adsorption unit into an integrated
OCM process were analyzed. Simulations of the integrated OCM process scenarios include OCM unit,
COy-hydrogenation, ethane dehydrogenation and methane reforming sections. The use of efficient
ethylene adsorption separation enabled the improvement of the economic and energy efficiency of
the integrated OCM process under specific operating conditions. For instance, the invested amount
of energy and the associated energy cost per ton of ethylene in the cryogenic ethylene-purification
section of the integrated process using adsorption unit are, respectively, 75% and 89% lower than the
reference integrated OCM process. Under the conditions considered in this analysis, the return on
investment for the final proposed integrated OCM process structure using adsorption separation was
found to be less than 9 years, and the potential for further improvement was also discussed.

Keywords: adsorption; ethylene separation; oxidative coupling of methane (OCM) process; integrated
process; miniplant-scale experimentation; techno-economic analysis; zeolite sorbent

1. Introduction

Cryogenic separation is an energy-intensive technology commonly utilized for the
downstream separation and purification of paraffins and olefins (e.g., ethylene from ethane)
in industrial-scale crackers. When used for the separation of olefins in low fractions from a
relatively diluted product stream, the energy efficiency of this technology is very low [1].
This is, for instance, the case for separating ethylene from the effluents of oxidative coupling
of methane (OCM) reactor, which is a promising alternative process for directly converting
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methane content of natural gas, biogas, or other methane-rich sources to ethylene. Alterna-
tively, adsorption separation is a conceptually promising choice for selectively targeting the
components comprising the smaller portion of the processed gas. Having considered these
and after experimentally demonstrating the promising and robust adsorption separation
of ethylene separation downstream of the OCM process at a miniplant-scale facility [2—4],
a model-based analysis of the performance of such industrial-scale adsorption process is
reported in this work. This includes a detailed simulation of the adsorption unit and an
extensive model-based techno-economic analysis of an integrated OCM process with and
without using the adsorption unit. Being supported by the miniplant-scale experimental
data and analyzing the techno-economic performance of such an integrated process while
synchronizing the main parameters in the upstream and downstream units are among
the distinguished novel aspects of this study. It is also important to point out that the
specifications of the reactor and the downstream units in the integrated OCM process
determine not only the compositions of the feed streams to be treated by the adsorption
unit but also the potential for optimal mass and heat integration between these units.

In order to assess the efficiency of the different process scenarios resulting from
alternative retrofitting of the adsorption unit in the integrated OCM process, the involved
units in each process scenario and their operations were simulated and analyzed. Special
focus was devoted to the detailed design and simulation of the adsorption unit using
the Aspen Adsorption simulator through which the impacts of the feed composition, as
well as the amount of utilized sweeping gas, were assessed. In all these, a suitable type
of sorbent, along with a proper set of operating conditions, should be utilized in order
to secure an energy-efficient and economically attractive ethylene separation/recovery.
The dimensional characteristics of the adsorption unit, including the required length and
diameter of the adsorption column to secure the targeted residence time and purity, were
also estimated. This was carried out by using the model-based study to be in line with the
experimentally observed multicomponent breakthrough profiles. Proper detailed design
of the adsorption—-depressurizing-purging—desorption—pressuring cycle was also targeted
using systematic model-based analysis to determine operating and structural parameters,
including the required number of columns, the applied set of time steps and the switching
procedure of this cycle.

Reported data from similar studies using this or other types of sorbents for the same
application [3-5], for ethylene separation from different processes [6,7], or even for other
olefin separation applications [8,9], were also reviewed to support the general aspects of
simulating the adsorption cycle. The assumptions made in the analysis of the adsorption
unit and the integration potentials of the adsorption unit within the OCM process, as well
as the possible strategies for improving its performance, are also revisited through the
conducted comprehensive model-based study of the industrial-scale plant. After simulating
all involved units and individually validating their predicted performances, a comparative
energy-economic analysis of the investigated integrated process scenarios was conducted,
and its results are reported in this paper. Having conducted such a comprehensive analysis,
the potential and proper utilization of the adsorptive separation of ethylene in the integrated
OCM process are highlighted.

2. Conceptual Design and Demonstration of the Integrated OCM Process

The OCM reaction system consists of a surface-catalytic and gas-phase set of reactions,
including the coupling of two activated methane molecules on the surface to generate
ethane, which subsequently undergoes a primarily gas-phase dehydrogenation to pro-
duce ethylene. In parallel, methane and other hydrocarbons are converted to carbon
oxides (mostly CO;), hydrogen and water via undesired oxidative or reforming reactions.
Therefore, at the outlet of an OCM reactor, unreacted methane, water, carbon oxides, ethy-
lene, ethane, and a small portion of heavier hydrocarbons C3+ (propane, propylene, etc.)
are expected.
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As in most oxidation processes, the net thermal balance of the OCM reactions set
demonstrates a strong exothermic behavior. Having considered this and the range of
temperature in which the OCM catalysts have been usually tested (>600 °C), it is clear that
a special thermal-reaction engineering and reactor design is required to simultaneously
control the reaction temperature and the selectivity towards the olefin. In order to control
the reaction temperature, the reactive atmosphere can be diluted using an inert gas diluent
such as nitrogen, steam, carbon dioxide, or extra methane using higher methane-to-oxygen
ratios. Depending on the type and amount of the diluting gas, the performance of the
OCM reactor and downstream units will be affected [10]. In this research, CO, was
selected as dilution gas as it is a side product of the OCM reactions and can be selectively
separated by conventional amine absorption in the downstream units and recycled back
to the reactor. The excess CO; generated in an integrated OCM process can then be
converted to value-added chemicals such as methanol via catalytic hydrogenation, and
thereby, the environmental prospect and the economic performance of the whole process
can be improved [11]. In such an integrated process, the generated ethane in the OCM
reactor and the remaining unreacted methane will also be further converted, respectively,
to ethylene and syngas via ethane dehydrogenation and methane reforming. The simulated
process configuration of such an integrated process, in which the adsorption unit has been
retrofitted, can be seen in Figure 1.
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Figure 1. Simulated flowsheet of the integrated OCM process, in which the adsorption unit has
been retrofitted.

In the OCM reactor section, CO, hydrogenation and methane reforming reactors,
as well as in the downstream units, the operating conditions and the design parameters
were set to secure the best performance in each section. The performance of each unit in
this integrated process can be tracked through the detailed results of sequential modular
simulation of the integrated process scenarios. The available experimental and industrial-
scale operating data for these units indicate the plausibility of such predicted performances,
especially for the adsorption section, as will be discussed in the next sections.

2.1. OCM Process Scheme

The process block-flow diagram of one possible configuration of the integrated OCM
processes investigated in this research is shown in Figure 1, where connections between
the main unit operations have been indicated. In such an integrated OCM process, the



Processes 2024, 12, 1759

40f17

potential of the high level of process integration to improve energy efficiency, as well as
carbon conversion efficiency, has been highlighted. This prepares the setting to minimize
the direct and indirect emission of carbon dioxide and methane. In brief, following the
diagram of Figure 1, the process starts with a methane stream fed to the OCM reactor
together with oxygen, recycled CO, for dilution and recycled ethane. The effluent of the
reactor is passed through a cooling section before sending the gas to a CO, absorption unit
(CO2-SEP I). Once most CO; is removed, an adsorber is used to separate C, hydrocarbons
from methane. Alternatively, methane removal can be first accomplished, followed by
CO, absorption removal in the CO2-SEP-II unit. CO, used as sweep gas is separated
downstream to be recycled and reused in the adsorption unit. As previously mentioned,
part of the CO, removed in the absorption columns is mixed in the CO2-MIX unit with the
recovered CO, from the CO2-SEP III unit that processes the effluents of the steam reformer;
the whole stream is then recycled to the OCM reactor. Another fraction of CO; removed in
the absorption units is sent to the methanol reactor, while unconverted methane is sent to
the steam reformer. Finally, C; hydrocarbons are fed to a distillation train operating under
low temperatures (cryogenic section), where ethylene is isolated, ethane is recycled and
Cs+ hydrocarbons are separated from the system.

2.2. Typical Performance of Different Units and the Experimental Observations in Miniplant-Scale

In this subsection, the design and operating specifications of the unit operations in
the integrated OCM processes are described. This includes the results of the experimental
analysis of the reactors, CO, removal, cryogenic separation of the unreacted methane and
other light gases, cryogenic separation of ethane and ethylene from each other, as well as
their adsorption separation from the rest of the gaseous species.

2.2.1. OCM Reactor

A packed-bed reactor was considered to represent the industrial-scale operation of the
OCM reactor section. In this context, it is assumed that the catalyst is stable enough and the
thermal performance of the reactor can be controlled, as has been the case for the miniplant-
scale operation of the OCM reactor [12]. Mn-NayWO,/SiO; catalyst has shown promising
performance, especially in terms of securing a high C, selectivity under a CO,-diluted
reaction atmosphere. The selected values of methane-to-oxygen ratio (2), temperature
(820 °C) and operating pressure (>5 bar) in the OCM reactor have been chosen for practical
reasons. In particular, this was carried out to secure a significant amount of methane
conversion and to ensure that without the need for an intermediate compression, the gas
flow passes through the packed-bed reactor as well as through the following downstream
units, such as absorption and adsorption units. One of the best experimentally observed
reactor performances in miniplant-scale OCM operation, corresponding to a methane
conversion of 45% as well as C; selectivity close to 60% and ethylene yield of 20% [12], was
considered to represent the OCM reactor performance in this study. In fact, securing a high
level of ethylene selectivity is the primary target in the conceptual design of an OCM reactor,
even if it can be secured under low methane conversion. Therefore, usually even a higher
concentration of unreacted methane than the one considered in this study is expected in
the OCM reactor outlet. The experimentally confirmed low interaction of methane with the
sorbent during the adsorption step enables relatively easier handling of the feed stream
containing such a significant amount of methane and other light components [4]. This is
among the main factors highlighting the promising potential of an adsorption unit to be
retrofitted within an OCM process.

2.2.2. CO, Separation

Right after the OCM reactor, CO, and water should be completely removed because
they are corrosive and will cause serious operational difficulties in the downstream cryo-
genic separation unit (e.g., freezing), even if they are present in very low concentrations.
Specifically, to accommodate for using the adsorption unit, water should be completely
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separated earlier, and CO; is preferred to be also separated, as will be discussed in detail
later (in Sections 3 and 4). Conventional amine absorption technology or other well-
established CO;-separation technologies can be employed for this task [11]. However,
the type of absorbing solution and the applied operating conditions should be properly
chosen to avoid significant loss of ethylene and to secure an energy-efficient separation.
Therefore, methyldiethanolamine absorption, under the operating pressure of 10 bar, was
demonstrated to be efficient for this task in miniplant-scale operation.

2.2.3. Adsorption Unit

The mole fraction of ethylene in the product outlet stream of an OCM reactor never
exceeds 10%. This highlights the selective adsorption of ethylene as the conceptually
preferred separation option in this case. The targeted operating pressure in the industrial-
scale OCM reactor and the CO,-removal section could be synchronized at 10 bar which
is also considered as the operating pressure in the adsorption section of the integrated
process. Providing a higher operating pressure would be a straightforward technical task if
needed, but it will correspond to higher compression costs. Having considered the affinity
of the available sorbents towards the gas components existing in the OCM reactor outlet
stream, a bed of zeolite 13X sorbent (with bulk density of 600 kg-m?, pellet radius of 3 mm,
and intra-particle voidage 85%) was used in this research to establish a selective adsorption
unit. Design of the adsorption/desorption columns and setting the operating conditions
aim to secure a maximum recovery of ethylene along with minimum energy and fixed-
capital investments. In this manner, specifically, it is targeted to minimize the ethylene loss
during the adsorption step. Moreover, a well-tuned combination of pressure reduction,
temperature rise and introduction of a suitable type and flow of sweeping gas enables
maximizing the energy efficiency in ethylene recovery in the desorption step. Details of
the simulation and validation of the predicted performance of the ethylene adsorption
separation are provided in the next sections.

2.2.4. Cryogenic Separation of Ethylene, Ethane and Heavier Hydrocarbons

Cryogenic distillation can be used for the separation of ethylene and heavier hydro-
carbons from lighter gases such as methane and hydrogen in the demethanizer or for
the separation of ethane and ethylene (C;) and Cs+ products from each other. This is a
conventional technology and the details of its design and operation have been specified
in this research based on the conducted rate-based simulation as well as the available
industrial-scale operating data [1]. In this system, three distillation columns are present:
(a) the demethanizer for the separation of the light gases (CHy, Hy, and CO); (b) the C,
splitter for the separation of ethylene from ethane and heavier hydrocarbons; (c) and the
de-ethanizer column to separate ethane from heavier hydrocarbons in order to recycle it
back in the EDH section. The implementation of the adsorption system aims to improve
the separation of methane and light gases, mainly affecting the energy-intense operation of
the demethanizer.

3. Simulation of Unit Operations

After finalizing the conceptual design of the integrated process and the specifications
of its reactors and downstream units, the industrial-scale plant of this process was simu-
lated using Aspen Plus V.11. The ethylene production capacity of the plant was specified at
1 Mt/yr, and its economic performance was evaluated using the Aspen Process Economic
Analyzer (APEA). In order to precisely represent the operation of the units and their capital
and operating costs, all units have been simulated considering the details of their operations.
Particularly, all steps of the adsorption—-desorption cycles and the rate-based simulation of
the amine absorption and cryogenic distillations were simulated considering all involved
phenomena and operating details. The performed techno-economic analysis enables re-
viewing and comparing the specifications and performance of the reference integrated
OCM process with the ones in which the adsorption separation has been retrofitted.
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3.1. OCM Integrated Process Scenarios Represented in Aspen Plus Supported by
Experimental Data

Multi-tubular packed-bed reactor modules were used to represent all reactor sections
in the integrated process structures. The experimentally observed OCM and hydrogenation
reactors’ performances were mapped to their industrial-scale simulated operations. In this
manner, similar catalyst productivity, selectivity and conversion were considered in the
experimental setups and the industrial-scale reactors while scaling up the dimensions and
the processing duties proportional to the scales of the processed feed flows in different
reactor scales. For the reforming and dehydrogenation reactors, the data available in the
literature were similarly used as an extra validation and plausibility check. Moreover, the
detailed rate-based modeling of the CO, absorption targeting 99.5% CO, removal and the
cryogenic separation of the light gases (demethanizer) and heavier hydrocarbons to secure
the targeted 99.9% ethylene purity have also been performed. The feed specifications and
the compositions of all reactors’ outlet streams, along with the typical performance of other
unit operations in such integrated processes, have been reported in Figure A1.

3.2. Specifications of the Developed Aspen Adsorption Model

Having selected the sorbent (zeolite 13X) and considered the type and concentration
of ethylene and other gas components in the targeted feed streams, two operating scenarios
for implementing the adsorption separation were evaluated. The first one (Scenario I)
is to selectively adsorb ethylene from the OCM reactor outlet after removing the water
and carbon dioxide. In the second one (Scenario II), ethylene is adsorbed from the gases
right after removing its water content (CO; rich) by cooling and condensation. In both
scenarios, a hybrid combination of pressure swing adsorption (PSA) and temperature swing
adsorption (TSA) is utilized to establish an energy-efficient ethylene adsorption separation.

3.2.1. Modulation of an Adsorption Column

The design and operating concept of the hybrid PSA-TSA system for each of the
investigated process scenarios were simulated using the Aspen Adsorption module. The
operation in the adsorption separation unit consists of four steps in a cycle, namely (1) ad-
sorption, (2) quick depressurization-purging of the gas components in equilibrium with the
saturated sorbent, (3) desorption using sweeping gas, and (4) quick pressurization using
the feed stream. The full cycle was simulated through which the feeding, pressurizing,
adsorption, purging, heating, desorption purging, and cooling were implemented in the
Cycle Organizer of Aspen Adsorption, as schematically presented in Figure 2.

d(—(}j * Two inlets
i v - 1. Feed (F1) k=

sz 2. Sweeping CO, gas (PG)

T * Two outlets

" 1. Ethylene-rich stream (ET)

2. Methane-rich stream (P1) 81

T *  Avalve for each stream

o e *  Adsorption bed (B1)

90
ET

*  Two gas tanks (TD1&TD2 as pressure setters)
Al E>
* Cycle Organizer

Figure 2. (Left): The cycle of adsorption-purging—desorption in the Aspen Adsorption simulator;
(middle): the steps and streams involved; (right): the adsorber bed module.

Details of the modular representation of all steps of a typical cycle and how to im-
plement it step-by-step in Aspen Adsorption can be found elsewhere [13]. The governing
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equations as well as the involved important parameters for simulating the operation of the
adsorption system in this research for all investigated scenarios, treating the CO,-rich and
CO;y-lean streams, are discussed in the following subsections.

3.2.2. Adsorption Coefficients

The adsorption coefficients (adsorption constants) represent the speed at which the
molecules of an adsorbate are adsorbed at the surface of the sorbent. The adsorbed
molecules accumulate at the surface and align themselves in such a way that the molecule
groups with higher affinity are aligned inwards, and those with less affinity are aligned out-
wards. It has been reported that a linear approximation of the driving force of adsorption,
calculated based on the adsorbed-phase concentration, can satisfactorily track the dynamic
behavior of the adsorption phenomena. Therefore, instead of complicated, detailed model-
ing, which is time-consuming and requires the actual values of many parameters, linear
approximation, such as the one shown in Equation (1), can be used.

9q _
3% k(Qmax - 5]) 1)

In this equation, g represents the molar concentration of the adsorbed phase per
kilogram of zeolite 13X (mol-Kgsorbent 1), Gmax is the saturation concentration and k is the
mass transfer coefficient (MTC) with the unit (s~!). This coefficient is calculated using the
data available for diffusivities, assuming that diffusion is the rate-determining step. The
values of the MTC were determined based on the experimental results of miniplant-scale
operation [2]. Selected sets of experimental data, in the form of breakthrough data, were
introduced to the estimation mode of the Aspen Adsorption model to estimate the value of
the MTC for all components so that the predicted performance matches the experimentally
observed performance. Equation (2) [14] was used for estimating the values of MTCs for
zeolite 13X assuming the predominant micropore diffusion (intra-crystal) step.

15 Dyic [ 15 Dyac
- mac — —

D, =D o 2
P . RT
re ”p i 1,03 ( )

Kinic =

In this set of expressions, 7. is the crystal radius and r, is the particle radius of the
sorbent. D, and Dy, are, respectively, the micropore and macropore (intra-particle)
diffusivities. The dependency of the diffusion coefficients on the temperature can be

correlated using the Arrhenius equation, as shown in Equation (2). The predicted values of
MTCs are listed in Table 1.

Table 1. The predicted values of the mass transfer coefficients (MTCs) for all involved components.

Components

H;

coO CO, CHy4 CHy CyHg C3Hs C3Hg

MTC Value

10

0.2 1x1074 0.1 1x 1073 1.6 x 1073 7 x 1072 5 x 1072

3.2.3. Isotherms

To complete modeling the involved adsorption steps, the interaction of the diffused
gas species and the surface of the sorbent is represented via isotherms. Different forms of
isotherms can be utilized to calculate the equilibrium adsorption capacity of the sorbent in
an adsorber model. The representative data set of isotherms in the form of a multicompo-
nent dual-site Langmuir (DSL) model (type I), as shown in Equation (3) [15], was used in
this simulation. The values of the parameters are reported in Table 2.

0 = Qu,ib1,ipi Qa,iba,ipi
Ol bypp 1T bapg

3)
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Table 2. Equilibrium data of all involved components to calculate the isotherms over Zeolite 13X [6].

Component Qq[mol-kg ] byi[Pa—!] AH;[J-mol™1] Q,[mol-kg 1] byi[Pa~1] AH;[J-mol 1]
CoHy 291 3.14 x 10710 37,000 1.58 1.71 x 1010 30,110
CoHg 3.93 1.02 x 10~° 26,500 0 0 0
C3Hg 2.71 1.52 x 10~ 39,820 1.14 1.25 x 10712 50,200
C3Hg 2.79 7.77 x 10710 35,320 0.69 1.33 x 10711 38,000
CH, 3.22 5.62 x 10711 18,290 0 0 0

H, 7.33 1.54 x 10~° 6947 0 0 0
Cco 2.19 4.81 x 10710 22,445 0 0 0
CO, 3.89 1.75 x 10~10 58,401 3.61 294 x 107° 39,459

Here, g represents the equilibrium adsorption capacity (mmol-g,gsorbent ), b (bar—1)
is the affinity parameter, and P (bar) is the pressure. The values of the parameters in this
multicomponent isotherm can be estimated by the pure gas isotherms. The temperature
dependency of the Langmuir coefficients can be expressed through parameter b, which
can be calculated using its reported values at different temperatures. In this manner, the
isosteric heat of adsorption (AH) can be calculated, as shown in Equation (4) [15].

bi(T )
Rln -1

b =bige®  AH; = — T2 4)
T T

Other sets of experimentally validated values of the coefficients in the DSL isotherm
models for all involved species in this application could be found elsewhere [7,16,17].

3.2.4. Specifications of the Feed Gas Streams and Predicting the Breakthroughs

Operating pressure of 10 bar was considered in the adsorber which is similar to the
considered operating pressure in the CO,-removal section and the reactors. The momentum
balance during the adsorption step is calculated using the semi-empirical Ergun equation,
which has been demonstrated to be capable of accurately representing pressure drop in
an adsorption operation [18]. The specifications of the gas stream entering the adsorber
are reported in Figure A1l. The feed flow, the mole fractions of each component in the feed
stream and the different affinity of the sorbent towards each component will be reflected
in the monitored breakthrough of the components leaving the adsorber. This is one of the
main indicators for designing the duration of the adsorption cycle and the dimensions of
the adsorber. In the observed breakthrough, the times at which ethane and ethylene leave
the adsorber are very important. The designed residence time for the adsorber should be in
the time slot between these two breakthroughs.

Initially, at t = O for each adsorption—purging—desorption cycle, the column is filled
with mainly CO, at a pressure of 1.1 bar, remaining from the last cycle of the desorption
step. Then, the feed is introduced and fills the column and the different components start
to be adsorbed. Later, when ethane and ethylene start to leave the adsorber column, the
feed is switched to the next column, and purging can be started in this column.

In order to demonstrate the validity of the simulated breakthroughs, the typical
experimentally observed adsorption behavior of this system under the same set of operating
conditions was simulated. The resulting predicted breakthroughs via simulation, along
with the recorded experimental breakthroughs, are shown in Figure 3. Details of the
miniplant-scale experimental facility utilized for testing the adsorption performance of the
zeolite sorbents have been provided earlier [2].
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Figure 3. Predicting the breakthroughs: breakthroughs predicted by Aspen Adsorption follow similar
trends as observed experimentally recorded for adsorption separation of ethylene under [T = 30 °C,

flow rate of 3 lit-min—1].

As seen in Figure 3, the sequence, trends and the appeared times of the simulated and
experimental breakthrough time are similar. However, the slopes of some of the simulated
breakthroughs are more gradual compared to their experimentally observed behaviors.
The predicted gradual slope, in this case, could be attributed to the effect of numerical
dispersion and can be counteracted by increasing the number of nodes used in simulation
at the expense of higher computation costs. From a practical point of view, this could not
affect the precision of the simulation in the conducted simulations for the techno-economic
analysis because the feed is switched when ethane and ethylene start to break through,
making ethylene recovery nearly 100%, no matter how stiff the slope is.

3.2.5. Design of the Adsorption Cycle

The design of the adsorption cycle in this research follows the classical steps of pressure
swing adsorption in combination with the features of a temperature swing adsorption
operation. Securing a minimum ethylene loss in the adsorption step and an energy-efficient
removal in the desorption step, as well as the desired level of ethylene purification, are the
main design criteria. Accordingly, the design and operation of the adsorption unit enabled
the collection of the highest quantity of ethylene with 99.5% ethylene purity as the product
stream of the C; splitter. The operating cost of the adsorption/desorption neutralizes a
significant portion of the revenue of the products’ sales. Therefore, even a slight reduction
in ethylene production cannot be tolerated, so losing even 1% of ethylene would push the
process to be economically infeasible. Therefore, 99% ethylene recovery was targeted in
the separation.

3.2.6. Summary of the Cycle’s Steps

The specifications of the integrated OCM process using the adsorption cycle simulated
in Aspen Adsorption are reported in Table 3. Three parallel sets of columns are required to
handle the targeted feed flow rate of 48,000 kmol/h. The designed adsorption period is
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0-1300 s, which agrees with the observed experimental data [2]. The dimensions of each
adsorption column are 7.5 m in diameter and 15 m in length. In the desorption period
of 1300-3900 s, 5000 kmol-h~! of sweep gas (CO,) is required for each of the columns,
and therefore, the overall flow rate of carbon dioxide required in this process (in all three
parallel sets) is 30,000 kmol-h—1. The process needs, therefore, a total of nine working
adsorption columns and an additional back-up adsorption column for this processing task.

Table 3. The design specification and the considered prices.

Project’s Specifications Value Main Cost-Factors Value
Number of weeks per year 48 Market selling price ethylene [€/t] 900
Number of years for analysis 15 Market selling price ethane [€/t] 250
Tax rate [%/year] 10 Market selling price methanol [€/t] 220
Interested rate/Desired rate of return [%] 12 Market selling price C3+ [€/1] 260
Economic life of project [year] 15 Market selling price HP steam [€/M]] 0.001
Working capital percentage [%/year] 15 Market selling price methane [€/1] 110
Operating charges [%/year] 25 Market selling price oxygen [€/] 13
Plant Overhead [%/year] 25 Cost of sorbent [€/t] 250
Salvage value [%] 10 Cost of fuel for heating [€/t] 60
Length of start-up period [week] 15 Cost of lowest cooling media (_160°c) [€/]] 35x 1078
Ethylene production capacity [t/year] 100 Cost of cooling in C; splitter (_47-c) [€/t] 1.4 x 1077
Cost of electricity [€/kWh] 0.05

In operating Scenario II, CO, was not removed before adsorption, and the feed flow
rate is 85,000 kmol-h~!. Consequently, five parallel sets of columns are required. Since feed
gas consists of more than 40% CO,, which is strongly adsorbed on zeolite, the bed is quickly
saturated and the adsorption period lasts only 300 s for the same column size. At the end
of the adsorption period, CO; occupies most adsorption sites making ethylene desorption
faster. However, it still requires 900 s for complete ethylene recovery despite the fact that
the purging flow rate is doubled. The desorption period is three times longer than the
adsorption period, resulting in a total of twenty working columns and an additional back-
up one. The total required CO, flow rate for all five sets of columns working continuously
is then 150,000 kmol-h~1. Scenario II is, therefore, considered inferior to Scenario I because
it requires five times more CO, and too many adsorption columns. Hence, only Scenario I
was implemented in Aspen Plus for the evaluation of the fully integrated OCM process.

3.2.7. Implementation of the Adsorption Cycles in Aspen Plus

The developed model in the Aspen Adsorption environment was implemented in
Aspen Plus to be connected to the other simulated unit operations of the integrated OCM
process. This enabled us to ultimately analyze its contribution to the techno-economic
performance of the whole plant. The methane-rich stream leaving the adsorption column
at 30 °C and 9 bar is then sent directly to the reforming section, while the ethylene-rich
stream is sent to the second CO,-removal unit before entering the cryogenic distillation
section. The generated, consumed and circulated CO; in this integrated process has been
tuned to secure the availability of the desired quantities of CO, dilution to the OCM reactor,
the required reactant for the methanol reactor section, and the needed sweep gas for the
adsorption cycles.

3.3. Economic Analysis

After implementing the units in Aspen Plus and simulating the flowsheet, the equip-
ment was mapped into the Aspen Process Economic Analyzer (APEA), where dimensions,
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construction materials and characteristics were defined. The design specifications of the
plant, along with the price of the raw materials, products and utilities, have also been
specified as listed in Table 3. Having considered these items, the APEA calculated the
economic performance of the plant.

Details of the direct costs of the main equipment in different sections of the integrated
OCM process using the adsorption unit are reported in Figure A2.

4. Process Performance Analysis

The results of the conducted techno-economic performance analysis of the integrated
OCM process scenarios with and without using the adsorption unit are reported and
discussed herein. Their performances are compared in terms of their energy efficiency and
economic performance indicators. The contribution of each unit in separating the targeted
components can be tracked by comparing the compositions of the inlet and outlet gas
streams at each unit. The correspondingly calculated energy efficiency and the operating
and capital costs for each unit can also be compared accordingly.

4.1. Reference Integrated Process

The specifications and the economic performance indicators of the reference integrated
OCM process have been reported in Tables 3 and 4.

Table 4. A general overview of the results of economic analysis of the investigated process scenarios.

Reference Integrated OCM  Integrated OCM Process

Scenarios Process (Cryogenic) (Adsorption)
Total Capital Cost [k€] 1,076,890 1,060,147
Total Operating Cost [k€/year] 1,368,520 1,451,366
Raw Material Cost [k€/year] 734,681 726,563
Total Products Sales [k€/year] 1,900,650 1,879,500
Specific Energy per t of Ethylene in Cryogenic Section [G]/t CoHy] ! 4.2 1.1
Specific Operating Cost in Cryogenic Section [€/t CoHy] 1 115 12
Total Specific Operating Cost in all Sections [€/t CyHy] 2 1054 1118
Payout Period [year] 7.93 8.44

! These values were calculated for the direct expensive type of energy usage and the operating costs in the
cryogenic section. 2 These values cover the total operating cost utilized for the production of ethylene, methanol,
syngas, etc.

The data reported in Table 4 show that the operating cost in the cryogenic section of
the reference integrated process is responsible for a significant portion of the total operating
costs, as has also been demonstrated to be the case for the individual OCM process [10].

4.2. Performance Analysis of the Adsorption Unit for the Targeted Feed Streams

The predicted breakthroughs under the investigated designed specifications and
configuration were studied and demonstrated (e.g., as shown in Figure 3) to follow similar
trends as recorded experimentally. The typical composition of the gas stream exiting the
adsorption column along the time, indicating the breakthrough of ethane and ethylene, can
be seen in Figure 4.

As observed, the breakthrough of ethylene appears long after the breakthrough of
ethane. The breakthrough of propane and propylene appears even later, and their zero-
mole fraction in the adsorber outlet stream has been predicted for the whole time span
shown in Figure 4. The general trends of the simulated breakthrough curve and the
predicted times of appearance of the components at the adsorber outlet gas stream have
been validated and found to be quantitatively and qualitatively in agreement with the
experimental observations [2]. The separation performance of the adsorption unit in the
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developed integrated OCM process can be highlighted by comparing the predicted mole
fraction of the components in the un-adsorbed (CHjy-rich) gas stream and the desorbed
(CyHj4-rich) gas stream using sweeping CO5, as reported in Table 5.
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Figure 4. The breakthrough of the species targeting the ethylene adsorption separation.
Table 5. The composition of the un-adsorbed gas stream (CHy-rich) and the desorbed (CpHy-rich)
stream using sweep gas CO;.
Streams Hz [0/0] CcO [o/o] COz [o/o] CH4 [‘)/o] C2H4 [O/o] C2H6 [o/o] C3H6 [0/0] C3H8 [o/o]
CHy-rich 22.3 10.2 3.2 63.6 0.0 0.6 0.0 0.0
CyHy-rich 0.0 0.0 77.7 0.0 14.9 5.6 14 0.3

It is noticed that the adsorption separation significantly contributes to reducing the
energy consumption in the energy-intense cryogenic section. This can be observed by
comparing the specific operating cost in the cryogenic section of the integrated OCM process
with and without an adsorption unit, as shown in Table 4. However, the total specific energy
in the integrated OCM process using ethylene adsorption separation is higher than the one
in the reference integrated process, mainly due to the significant portion of the operating
cost used in separating the CO, sweep gas stream. In fact, this is the main factor that has
resulted in poorer energy efficiency and a longer payout period of the integrated process
with the adsorption separation. Nevertheless, the resulting knowledge about the expected
impacts of the operating parameters on the energy-efficiency and economic performance
will be instrumental in retrofitting the adsorption—separation technology to the evolving
OCM technology, potentially playing a role in finalizing some of its design and operating
parameters. This could be particularly impactful for securing the continual production and
the targeted product’s specs in relatively small-scale decentralized OCM plants.

The economic viability of this integrated OCM process using cryogenic separation,
particularly for the separation of unreacted methane, is very sensitive to the exposed costs
of separation [19]. Therefore, securing higher ethylene selectivity should be prioritized.
This was targeted in designing the integrated process analyzed in designing this integrated
process by (a) integrating the ethane dehydrogenation process to improve the overall
ethylene selectivity and (b) being able to handle the consequences of using parameters
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in upstream and downstream units such as using higher methane-to-oxygen ratios in the
reactor and using an efficient adsorption—separation technology.

The integrated process using adsorption requires no cryogenic demethanizer, which
costs 45 million Euros in the reference integrated process. In fact, the capital cost saved
in this way is comparable with the additional capital cost needed for the adsorption unit.
Similarly, the required compression costs of these cases are, respectively, 6 million €/year
and 30 million €/year. However, the total operating costs of the integrated process using
an adsorption unit is 82 million €/year higher. Reducing the cost of CO, removal after
the desorption step can significantly reduce this. Having considered all these, it could
be identified that if the ethylene loss and the operating cost of the ethylene adsorption
separation or the price of the sorbent could be even slightly improved, the potential of
utilizing the integrated OCM process using an adsorption unit will be further improved to
the level of competing technology.

5. Conclusions

The aim of this study was to analyze the techno-economic potentials of the adsorption
separation of ethylene in an integrated OCM process. This was highlighted by compar-
ing the model-based estimated energy-efficiency and economic performance of such an
integrated process with and without using an adsorption unit. The equilibrium data and
the mass transfer characteristics of the 13X zeolite-based sorbent used in this study were
calculated using the available experimental data to develop a detailed representative model
of the adsorption operation. The adsorption unit operation was simulated in Aspen Ad-
sorption and then integrated into the integrated OCM process simulated in the Aspen
Plus simulation platform. The predicted performances of different parts of this simulated
integrated process, including the reactors and downstream units, were validated using the
available experimental data. In particular, the prediction and sensitivity of the developed
model representing the adsorption unit were examined by tracking the breakthrough of the
ethylene and ethane adsorption separation. It was found that in designing the adsorption
step, recovering the maximum amount of ethylene as well as a significant portion of ethane
should be prioritized. Due to the possibility of further converting ethane to highly valuable
ethylene via the EDH reactor in the integrated OCM process, we can significantly enhance
the economic performance of the integrated process.

The economic analysis performed on the integrated OCM process scenarios indicated
that using the adsorption unit, the capital cost and operating cost of the energy-intensive
cryogenic demethanizer could be completely saved. This also implies that a feed stream
with higher methane-to-oxygen can be processed in an OCM reactor to secure a higher
ethylene selectivity there without imposing tremendous costs in handling the unreacted
methane in the process downstream. However, the total energy consumption of the inte-
grated process in such a large-scale plant is significantly affected mainly due to the extra
energy and cost needed to separate the sweep gas CO,, composing around 80% of the pro-
cessed gas. In order to possibly further reduce the operating cost of the ethylene adsorption
separation, a low-interacting sweep gas such as syngas or ethane is recommended to be
tested in this integrated process. In any case, tailoring the characteristics of the sorbent,
particularly to reduce its affinity to adsorb the sweep gas, should also be pursued with a
significant potential on the economic viability of the technology.

Moreover, a detailed desorption study should be conducted to optimize the imple-
mented operating procedure as well as determine the amount of invested energy in different
parts of the adsorption—desorption cycle. These need to be also experimentally tested to ob-
serve their technical performances as well as their impacts on reducing the operating costs.
This could be particularly highlighted for improving the techno-economic prospects of the
small-scale decentralized OCM plants compared to the conventional cracker technologies
using cryogenic separation, in which securing the continual production and the targeted
product’s specs are difficult and expensive.
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Nomenclature

Acronyms

APEA  Aspen Process Economic Analyzer
(@) Ethylene and Ethane

EDH Ethane De-Hydrogenation

MTC Mass Transfer Coefficient

ocM Oxidative Coupling of Methane
PSA Pressure Swing Adsorption

TSA Temperature Swing Adsorption
Latin alphabet

by affinity parameter of factor i for specie j, bar~!

bi o standard affinity parameter of species i, bar !

D; diffusivity of species i, m? s~

Do standard diffusivity of specie i, m? s~

Dmac Maxwell-Stefan diffusivity for macroporous diffusion, m2 g1
Dmmic Maxwell-Stefan diffusivity for microporous diffusion, m? s~!
Ea Arrhenius activation energy, ] mol !

k mass transfer coefficient, s~!

Kmac mass transfer coefficient for macroporous diffusion, g1

Kmic mass transfer coefficient for microporous diffusion, st

pi partial pressure of species i, bar

qi adsorbed mole concentration of specie i, mol kggorpent *

Qij equilibrium mole concentration

qmax adsorbed mole concentration at equilibrium of species i, mol 1<gsorbenf1
R gas constant, 8.314 J mol 1 K1

Ip radius of particle, m

Te radius of crystallite, m

T absolute temperature, K

t time, s

AH; isosteric heat of adsorption, J mol~!
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Appendix A
Scenario | OCM Reactor EDH Reactor Cooling Section Amine | CO2 Hydrogenation Adsorber
Inlet Outlet Inlet Outlet Inlet Outlet Inlet Outlet Inlet To Reformer | Methanol Inlet | Met-rich | Et-rich
Temperature [°C] 650 600 835 650 375 30 30 0 249 18 41 0 30.0 150.0
Pressure [bar] 9.89 9.79 9.99 9.98 9.78 9.46 9.46 9.71 10 6 1.4 9.71 9 1.01
Mole flow [Mmol/h] 98.5 104.7 4.0 4.2 108.9 84.7 84.7 47.9 99.3 29.4 6.2 77.3 40.6 36.9
Mole fractions
Oxygen 0.232 Trace 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
Methane 0.464 0.248 Trace 0.020 0.238 0.306 0.306 0.540 Trace Trace 0.000 0.334 0.636 Trace
Ethane 0.000 0.014 0.581 0.236 0.022 0.029 0.029 0.051 Trace 0.000 0.000 0.030 0.006 0.056
Propane 0.000 0.001 Trace 0.021 0.001 0.002 0.002 0.003 Trace 0.000 0.000 0.002 0.000 0.003
Ethylene 0.000 0.043 0.006 0.294 0.052 0.067 0.067 0.119 Trace Trace 0.000 0.072 Trace 0.149
Propylene 0.000 0.005 Trace 0.006 0.005 0.006 0.006 0.011 Trace Trace 0.000 0.007 0.000 0.014
Carbon N id 0.000 0.040 0.000 0.002 0.038 0.049 0.049 0.087 0.044 0.109 0.000 0.054 0.102 0.000
Carbon Dioxide 0.305 0.348 0.000 0.002 0.334 0.430 0.430 Trace 0.214 0.165 0.004 0.371 0.032 0.777
Hydrogen 0.000 0.086 0.000 0.022 0.083 0.107 0.107 0.190 0.731 0.714 0.000 0.117 0.223 Trace
Water 0.000 0.212 0.413 0.398 0.206 0.004 0.004 0.000 0.007 0.003 0.001 0.014 0.000 0.000
Methanol 0.000 0.000 0000 0.000 0.000 0.000 0.000 0.000 0.004 0.009 0.995 0.000 0.000 0.000
Scenario | Amine Il Ethylene spliter Ethane spliter Reformer H2 Paladi brane Amine Il
Inlet Outlet Inlet Ethylene | Bottom Inlet C3+ Ethane Inlet Outlet Inlet H2 Syngas+C02 Inlet Outlet
Temperature [°C] 150.0 0 59.7 -31.0 -2.0 -2.0 31.5 -21.0 850 850 250 250 250 250 40
Pressure [bar] 1.01 9.64 20 18.9 18 18 13.97 13.95 10.2 10.1 10.08 10 10.08 10.08 9.5
Mole flow [Mmol/h] 40.9 11.2 8.2 5.5 2.7 2.7 0.67 2.1 82.8 134.2 163.7 43.5 120.2 120.2 98.0
Mole fractions
Oxygen 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
Methane Trace Trace Trace Trace Trace Trace 0.000 0.000 0.312 Trace 0.001 0.000 0.001 0.001 0.001
Ethane 0.108 0.251 0.251 Trace 0.754 0.754 0.031 0.989 0.003 0.002 0.001 0.000 0.002 0.002 0.001
Propane 0.006 0.015 0.015 Trace 0.045 0.045 0.185 Trace 0.000 0.000 Trace 0.000 Trace 0.000 0.000
Ethylene 0.289 0.670 0.670 0.999 0.008 0.008 Trace 0.011 Trace Trace Trace 0.000 Trace Trace Trace
Propylene 0.028 0.064 0.064 Trace 0.193 0.193 0.784 Trace 0.000 0.000 Trace 0.000 Trace 0.000 0.000
Carbon N id Trace Trace Trace Trace Trace Trace 0.000 0.000 0.050 0.192 0.177 0.000 0.241 0.241 0.295
Carbon Dioxide 0.569 Trace Trace Trace Trace Trace Trace Trace 0.006 0.034 0.057 0.000 0.078 0.078 0.000
Hydrogen Trace Trace Trace Trace Trace Trace 0.000 0.000 0.109 0.672 0.680 1.000 0.564 0.566 0.693
Water 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.519 0.099 0.081 0.000 0.111 0.111 0.007
Methanol 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.001 0.000 0.002 0.002 0.003
(Top)
OCM Reactor Section Cooling Section CO2-Sepl ADSORBER
02 CH4 OCM-CO2 |ETHANE-1 |OCM-GAS |OCM-GAS |TOCO2CAP [TOCO2CAP |TO-ADS TO-MEOH |CO2-1 TO-ADS C02-2 CH4-RICH _|ET-RICH
Phase Gas Gas Gas Gas Gas Gas Gas Gas Gas Gas Gas Gas Gas Gas Gas
Temperature °C 25 25 60! -21 376 376 30 30 0| 68 68! 0| 70 30 150
Pressure bar 10.1 10.1 14 14.0 938 9.8 95 9.5 97 14 14 97 14 9.0 1.0]
|Mass flow kg/hr 730744 732723 1431262 61960 2875715 2875715 2410783 2410783 801296 648827 980102 801296 1282279 614768 1506823
CO2-Sepll Cryogenic Section Reactor Steam Reformer
ET-RICH C02-2 TO-DIST TO-DIST ETHANE-1 |ETHYLENE |C3+ TO-MEOH |H2 METHANOL |CO2-MEOH |CH4-RICH |CO2-MEOH |H2 SYN+CO2
Phase Gas Gas Gas Gas Gas Gas Liquid Gas Gas Gas Gas Gas Gas Gas Gas
Temperature °C 150 70 0 0 -21 -31 32 68! 250 41 18, 30 18 250 250
Pressure bar 1.0 14 9.6 9.6 14.0 18.9 14.0 14 10.0! 1.4 6.0 9.0! 6.0 10.0 10.1
Mass flow ka/hr 1506823 1282279 244005 244005 61960 153806 28239 648827 87705 198040 355777 614768 355777 87705 1657497
CO2-Seplll Product Mass Flow Efficiency
SYN+CO2 |CO2-OCM2 |SYNGAS ka/hr %
Phase Gas Gas Ethylene 153806 21
Temperature °C 250 60 40, Methanol 198040 14
Pressure bar 10.1 1.6, 9.5 C3+ 28239 4
Mass flow kg/hr 1657497 451160 994296 Syngas 994296 68
(Bottom)

Figure A1l. Detailed results of simulating the integrated OCM process using an adsorption unit; (top):
specifications of the main inlet-out streams of the processing blocks; (bottom): material flow rates and
operating pressure and temperatures in different streams corresponding to the streams and sections
represented in Figure 1.
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Appendix B
Component Name Total Direct Cost (€)
COOLING.P203 153400
5 COOLING.P202 111500
§ COOLING.P-201 74600
g COOLING.02-MEM 1.30E+06
COOLING.HX-204 244500
& | COOLING.HX-203 350300
g COOLING.HX-202 350300
COOLING.HX-201 350700
COOLING.D-201-flash vessel 857300
MEOH-RXN.MEOH-RXN 3.45E+06
MEOH-RXN.MEOH-PUR-cond 1.86E+06
] MEOH-RXN.MEOH-PUR-cond acc 236800
§ MEOH-RXN.MEOH-PUR-reb 736300
[ MEOH-RXN.MEOH-PUR-reflux pump 105100
= | MEOH-RXN.MEOH-PUR-tower 3.91E+06
€ | MEOH-RXN.K-402 2.31E+07
] MEOH-RXN.K-401 5.44E+07
° MEOH-RXN.HX-504 142600
s MEOH-RXN.HX-503 323500
MEOH-RXN.HX-501 2.19E+06
MEOH-RXN.HX-401 134500
MEOH-RXN.D-501-flash vessel 578500
ADSORBER.FLASH-flash vessel 1.21E+06
ADSORBER.FEEDHEAT 125700
ADSORBER.CO2HEAT 1.21E+06
ADSORBER.CO2-SET 1.03E+06
- ADSORBER.ADS-BACKUP 2.04E+06
£ ADSORBER.ADS1.ADS1-3 2.04E+06
5 ADSORBER.ADS1.ADS1-2 2.04E+06
3 ADSORBER.ADS1.ADS1-1 2.04E+06
ADSORBER.ADS2.ADS2-3 2.26E+06
ADSORBER.ADS2.ADS2-2 2.04E+06
ADSORBER.ADS2.ADS2-1 2.04E+06
ADSORBER.ADS3.ADS3-3 2.04E+06
ADSORBER.ADS3.ADS3-2 2.04E+06
ADSORBER.ADS3.ADS3-1 2.04E+06
OCM.SEP102 1.16E+06
= OCM.REACT-2 3.26E+06
s OCM.OCM-REAC 3.21E+06
s OCM.K-101 6.43E+07
< OCM.HX-103 $96000
OCM.HX-102 501500
§ OCM.HX-101 4.96E+06
OCM.FURN-2 7.68E+06
OCM.FURN-1 4 87E+07
REFORMER.RPLUG 3.28E+06
S REFORMER.MEMBRANE 3.76E+06
E REFORMER.HX703 8.46E+06
.3_ REFORMER.HX702 2.67E+07
& REFORMER.HEAT 340000
£ REFORMER.FURN-701 6.67E+07
g REFORMER.EXP 1.13e+06
& REFORMER.COMP-REF 1.70E+07
| REFORMER.COMP 3.08E+07
CO2-C3.HX-SYN 1.38E+06
CO2-C3.FLASH-CO-flash vessel 672400
= #1#Main Tower_@T-100 4.14E+06
s #1#Main Tower @T7-101 4.13E+06
v #1#Reboiler @T-101 5.12E+06
~ E-101 2.82E+06
S | #1#E-103 669600
#1#E-104 1.54E+06
#1#P-100 503200
#1#Vv-101 415800

Component Name Total Direct Cost (€)
TOZ-CZCOZ-HEAT ZI6E06
#1#%1#Main Tower_@T-100 4.89+06
= | #2#Main Tower_@T-101 3.86E+06
§ | #2#Reboiler_@T-101 5.34E+06
’ #14E-101 2.40E+06
| #2#e102 683300
O | #2#E-104 1.496+06
#2#P-100 755300
#28V-101 417200
E-100 273000
£-100-2 473000
E-100-3 472000
£-100-4 475100
E-103 705200
£-103-2 674400
E-103-3 727000
£-103-4 727000
£-104 1.54E+06
E-104-2 1.54E+06
£-104-3 1.54E+06
E-104-4 1.54E+06
£-105 5.38E+06
E-105-2 5.88E+06
£-105-3 5.88E+06
= | E1054 5.386+06
b P-100 930300
. P-100-2 345500
S P-100-3 945700
o P-100-4 345700
V-100 202200
V-100-2 202200
V-100-3 202200
V-100-4 202200
V-101 463300
V-101-2 463300
V-101-3 463300
V-101-4 462300
Main Tower_@T-100 3.30£+06
Mzin Tower_@T-100-2 2.89E+06
Main Tower_@T-100-3 2.89E+06
Mazin Tower_@T-100-4 2.89E+06
Main Tower_@T-101 4278406
Reboiler_@T-101 1.026+07
Main Tower_@T-101-2 427406
Reboiler @T-101-2 1.026+07
Main Tower_@T-101-3 427E+06
Reboiler_@T-101-3 1.026+07
Mzin Tower_@T-101-4 4278406
Reboiler_@T-101-4 1.026+07
ETYL-SEP.K-402 2.90£+06
ETYL-SEP.K-401 3.206+06
ETYL-SEP.HX 241600
ETYL-SEP.HEAT 1.656+06
'§ ETYL-SEP.ETHL-SEP-cond 904500
A | ETYLSEP.ETHL-SEP-cond acc 532000
E | ETYL-SEP.ETHL-SEP-reb 357500
g ETYL-SEP.ETHL-SEP-reflux pump | 245800
Z | ETYLSEP.ETHLSEP-tower 8.09E+06
ETYL-SEP.ETHA-SEP-cond 125000
ETYL-SEP.ETHA-SEP-cond acc 210600
ETYL-SEP.ETHA-SEP-reb 159700
ETYL-SEP.ETHA-SEP-reflux pump 74600
ETYL-SEP.ETHA-SEP-tower 1.00£+06
Component Name Total Direct Cost (€)
Cooling Section 3833400
Methanol Reactor 91155200
Adsorber 12249000
OCM Reactor 134815400
Steam Reformer 158211500
CO,-Separation Section 135541100
Cryogenic Section 19775300

Figure A2. Detailed results of the performed economic analysis of the integrated OCM process using

adsorption unit: direct costs of the main equipment in different sections.
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