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Abstract

:

The ambitious CO2 emission reduction targets for the transport sector set in the Paris Climate Agreement require low-carbon energy solutions that can be commissioned rapidly. The production of gasoline, kerosene, and diesel from renewable methanol using methanol-to-olefins (MTO) and Mobil’s Olefins to Gasoline and Distillate (MOGD) syntheses was investigated in this study via process simulation and economic analysis. The current work presents a process simulation model comprising liquid fuel production and heat integration. According to the economic analysis, the total cost of production was found to be 3409 €/tfuels (273 €/MWhLHV), corresponding to a renewable methanol price of 963 €/t (174 €/MWhLHV). The calculated fuel price is considerably higher than the current cost of fossil fuels and biofuel blending components. The price of renewable methanol, which is largely dictated by the cost of electrolytic hydrogen and renewable electricity, was found to be the most significant factor affecting the profitability of the MTO-MOGD plant. To reduce the price of renewable fuels and make them economically viable, it is recommended that the EU’s sustainable transport policies are enacted to allow flexible and practical solutions to reduce transport-related emissions within the member states.
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1. Introduction


The legal framework set by the Paris Climate Agreement [1] calls for practical technological solutions to realise emission reduction targets at both the European Union (EU) and the national levels. The ultimate target of the EU is to gradually achieve carbon neutrality by 2050 [2]. The realisation of considerable emission reductions requires marked reconfiguration of the energy sector. The role of hydrogen in the energy transition has gained significant interest, and the question of whether to use renewable electricity directly as a source of power or to convert electricity to hydrogen via the electrolysis of water remains unresolved. The direct use of electricity in battery electric vehicles is the most energy efficient option, and this can be readily observed by comparing the overall well-to-wheels efficiencies of fully electric vehicles and internal combustion engine vehicles. After taking fuel production, distribution, retail, and vehicle losses into account, the well-to-wheels efficiency of fossil fuel-powered internal combustion engine vehicles is only 25–29%, while the corresponding figure for battery electric vehicles charged with renewable electricity is 68% [3]. However, wide-spread adoption of electric transport is hindered by the scarcity of materials required for the production of batteries. Weil et al. estimated that global lithium and cobalt reserves will be exhausted by 2050, even with high recycling rates for the used battery materials [4]. Additionally, there were 280 million road vehicles in use in the EU in 2019 [5], and 96% of these vehicles operated on either gasoline or diesel and were in use for 12 years on average. Transitioning the entire internal combustion engine vehicle fleet to battery-powered electric vehicles is therefore a slow and demanding process.



The announced auction prices for onshore wind power and solar photovoltaics fell by 49% and 83%, respectively, between 2013 and 2020 [6]. Despite the favourable reduction of renewable electricity prices, the conversion of aviation, long-haul marine transport, and heavy road transport to fully electric alternatives in the near future is challenging. Alternative liquid fuels, such as renewable methanol and ammonia, have been considered as substitutes for fossil fuels in marine transport [7], while jet fuel does not yet have such a sustainable alternative.



The direct use of hydrogen for transportation also has challenges. Large-scale deployment of hydrogen production is restricted by issues related to demanding storage conditions, safety concerns, and insufficient infrastructure [8], and these difficulties further translate to high costs. The use of hydrogen-powered fuel cells is also limited by the low overall technology readiness level (TRL) [9]. It would therefore be preferable to convert renewable hydrogen and carbon dioxide to methanol or liquid hydrocarbons via power-to-liquid (PTL) processes. PTL has gained increasing attention as an alternative route for transport fuel production, especially in hard-to-abate sectors [10]. The International Air Transport Association views the electrification of commercial aviation as unlikely until 2040 [11]; hence, producing liquid aviation kerosene is the most viable option for decades to come. Some major airlines [12,13] have already announced initiatives to begin using carbon-neutral kerosene. Global consumption of aviation kerosene was nearly 300 Mt in 2019, and consumption has increased steadily over the past 15 years with an average annual growth rate of 2.5% [14]. This represents remarkable business potential for PTL processes if fossil kerosene is gradually replaced with synthetic aviation fuel.



There are several methods to convert hydrogen and carbon dioxide into hydrocarbons. In conventional synthetic fuel production, the raw material is syngas, a mixture of CO and H2, which can be used to synthesise methanol or hydrocarbons. Processes converting CO2 to hydrocarbons can be divided into direct and indirect methods. Direct conversion technologies constitute Fischer–Tropsch (FT) processes in which syngas is converted to hydrocarbon chains with high carbon numbers [15]. As the FT synthesis uses CO, a reverse water–gas shift reaction must be carried out if CO2 is utilised as the carbon source [16]. The oil and petrochemical company Shell uses FT synthesis in its Shell Middle Distillate Synthesis (SMDS) plants in Qatar and Malaysia. The process produces synthetic crude that can be refined into liquid fuels [17]. The FT process is also used in South Africa by The Petroleum Oil and Gas Corporation of South Africa (PetroSA) [18]. The plant produces gasoline and diesel fuels via a conversion of olefins to distillate (COD) process by converting light FT olefins to higher olefins. To the best of our knowledge, PetroSA is the only company that uses the COD process [19].



In an alternate conversion process, hydrocarbons are produced via methanol. First, CO or CO2 is hydrogenated to methanol. The methyl alcohol is then further dehydrated to dimethyl ether (DME) and finally to hydrocarbons. As a result of the series of dehydration reactions, a large quantity of water is formed as a by-product. The first application of methanol for fuel production was ExxonMobil’s methanol-to-gasoline (MTG) process [20]. Haldor Topsøe developed the synthesis further and integrated methanol and gasoline production into a single synthesis loop in a process called Topsøe integrated gasoline synthesis (TIGAS) [21]. Both techniques are currently commercially available with a TRL of 9. While these processes produce only gasoline as the main hydrocarbon product, ExxonMobil further developed the methanol-to-olefins (MTO) process and Mobil’s olefins to gasoline and distillate (MOGD) process. When these processes are coupled, methanol can be converted into gasoline, kerosene, and diesel [22]. Because the MOGD process was only developed to the pre-commercial stage in the 1990s [23], the TRL of MTO-MOGD can be estimated to be 8.



Synthesis techniques originally developed for fossil raw materials can be adopted in renewable transport fuel production. CO2 can be acquired from industrial emissions, biogenic sources, or directly from the atmosphere. Hydrogen can be produced via electrolysis of water using renewable electricity. Methanol production is a well-known and industrially proven technology with fossil raw material sources that mainly uses steam reforming of methane to produce syngas. Renewable methanol is already produced in Iceland from captured CO2 and renewable H2 [24]. Further refining of methanol into liquid hydrocarbon fuels is possible in an MTO process where methanol is converted to light olefins and water via a dimethyl ether intermediate. The synthesis is coupled with a MOGD process that converts light olefins into gasoline, kerosene, and diesel range liquid fuels via olefin oligomerisation. The principle of methanol conversion into transport fuels by combining the two processes is illustrated in Figure 1 as a block diagram.



The reaction system in the synthesis catalysed by the ZSM-5 zeolite molecular sieve can be described in a generic form via Equations (1)–(3) [26,27]. Equations (1) and (2) describe the hydrocarbon pool mechanism proposed by Dahl and Kolboe [28]. First, methanol (MeOH) is dehydrated to dimethyl ether and water (Equation (1)). Further conversion of DME (Equation (2)) yields additional water and light olefins with a general expression of (CH2)n, where 2 ≤ n ≤ 4 [28]. C3–C6 olefins are the main reaction products in Equation (2), but light paraffins, naphtenes, and aromatics with carbon numbers ≤10 also form [23]. In the final step (Equation (3)), light olefins are oligomerised to produce higher olefins in the C5–C20 range. Estimates of the standard reaction enthalpies and the corresponding reference values found in literature [29,30] are given in the Supplementary Materials.
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The MTO-MOGD process is often introduced in the literature in connection to synthetic fuel production [31,32]; however, to the best of our knowledge, the process has not been modelled in detail. Baliban et al. [33] presented a synthesis and optimisation scheme for the thermochemical conversion of coal, biomass, and natural gas to liquid hydrocarbons via MTO-MOGD. Baliban et al. [34] also carried out a comparative study of FT and MTO-MOGD for biomass-based processes. Onel et al. [35] introduced a synthesis and optimisation framework focusing on light olefin production from biomass and natural gas. However, these studies considered hydrocarbon formation and refining only via atom balance calculations. As an improvement to the previous studies, the current work introduces a detailed process modelling and economic analysis for the synthesis of gasoline, kerosene, and diesel from renewable methanol. A steady-state process simulation model is created using the Aspen Plus V11 simulation software, and cost evaluation for the process is developed based on the model. A process model integrating the simultaneous production of several liquid fuels, a hydrogen recycling loop, and heat recovery system from fuel gas is a unique approach for further development of the MTO-MOGD process. Additionally, a sensitivity analysis to determine the parameters that most influence the profitability of this process is of great interest to decision-makers.




2. Materials and Methods


The simulation flowsheet was constructed, and the process conditions were determined based on literature references [22,23]. Because the MTO-MOGD process has not reached the commercial scale [23] and reported process information is limited, the design was complemented with approximations using common process engineering principles. For instance, process conditions in the separation stages were defined iteratively to achieve the desired performance. Heat integration within the model was also designed to reduce the energy consumption of the process. The Peng–Robinson (PENG-ROB) method was chosen for physical property estimation as it is applicable for nonpolar and mildly polar mixtures of hydrocarbons and MeOH/DME/water [36]. PENG-ROB was recently found to also be applicable in methanol/hydrocarbon processing by Shi et al. [37] and Henning and Haase [38]. This selection was validated by comparison of the modelling results to those predicted via alternative physical property methods. The process was designed for 3000 kg/h methanol feed, which corresponds to a pilot-scale production plant.



2.1. Process Description


A simulation flowsheet and process flow diagram are shown in Figure 2 and Figure 3, respectively. Further simulation specifications are given in the Supplementary Materials.



Methanol is assumed to enter the process under atmospheric conditions. It is pumped and heated to the MTO reactor conditions of 2 bar and 450 °C. In the reactor, methanol is first converted to DME and water, and further to light olefins and additional water. The reactor operates isothermally via high-pressure (HP) steam generation. The reactor effluent is cooled down and water is separated from the hydrocarbon–water system. Non-condensable light hydrocarbon gases are separated from light olefins via distillation and directed to high-temperature heat generation. Durene is separated from the olefin product in the following distillation column and sent to a dedicated heavy gasoline treatment.



The MOGD reactor converts light olefins into heavier olefins via oligomerisation reactions. The reactor operates at 40 bar and 200 °C, and the temperature is kept constant by low-pressure (LP) steam generation. The reactor product is fractioned to liquefied petroleum gas (LPG), gasoline, and distillate products via two-step distillation. The distillate blend formed by olefinic kerosene and diesel compounds is hydrotreated to saturate the carbon–carbon double bonds. The hydrogenation reactor operates isothermally at 40 bar and 300 °C. Exothermic reaction heat is directed to HP steam generation. The paraffinic distillate product is separated from excess hydrogen gas and distilled to separate kerosene and diesel fuels. Hydrogen is recovered at a purity of 99.6 mol% and recycled back to the reactor feed.



The aromatic gasoline fraction rich in durene is treated via hydroisomerisation in a heavy gasoline treatment unit. The isomerisation reaction takes place in the presence of hydrogen gas in an isothermal reactor operating at 16 bar and 345 °C. The reaction heat is provided by high-temperature heat. The durene content of the aromatic fraction is reduced by 57 mol% during the reaction. The resulting hydrocarbon–hydrogen mixture is separated, and the aromatics are blended with the gasoline fraction. Then, 99.7 mol% of hydrogen is recovered at a purity of 99.4 mol% in the separation stage and recycled back to the reactor feed.



Heat is recovered from combustion of light gases removed from the light olefins. The combustion air is pre-heated using HP steam prior to entering the furnace. Overall, 1.1 MW of high-temperature heat >500 °C is recovered from the furnace and cooling of the combustion gases. An additional 0.1 MW is recovered from the combustion gases by generation of high-pressure steam in a flue gas boiler.




2.2. Model Specification


To simplify the complex reaction system of various hydrocarbon compounds, the gasoline was considered as a mixture of C4–C10 paraffins, olefins, naphthenes, and aromatics. The kerosene was estimated to consist only of C12 paraffins and olefins, and diesel was assumed to include C16, C18, and C20 hydrocarbons. The Supplementary Materials contain the specifications of the model components and the reactions taking place in each reactor.



Operation of the MTO and MOGD reactors R-101 and R-103, respectively, was determined based on the reported operation experience of Mobil’s demonstration-scale MTO-MOGD plant [22]. In the model, full conversion of methanol to DME and further conversion to light olefins occurs in reactor R-101. Because of the highly exothermic reaction system, the reactor was assumed to be equipped with a cooling jacket. In reactor R-103, C2–C6 olefins are oligomerised to long-chained olefins with carbon numbers up to C20. The reactions are catalysed using the ZSM-5 catalyst. The yields in both reactors were set to correspond with the experimental yields reported by Avidan [22] by adjusting the fractional conversion of each reaction.



Hydrotreatment of the distillate fraction was modelled based on previously reported work [39]. The hydrogen feed was estimated to be equimolar to the hydrocarbon flow, as suggested by Gong [40]. The hydrogenation reactions were assumed to produce both linear and branched paraffins over a Ni/γ-Al2O3 catalyst [41].



The aromatic compound durene (1,2,4,5-tetramethylbenzene) has a melting point of 79 °C, while its two isomers, isodurene (1,2,3,5-tetramethylbenzene) and prehnitene (1,2,3,4-tetramethylbenzene), melt at −24 and −7 °C, respectively [42,43,44]. High durene content in gasoline can lead to engine issues, especially in cold climates. This can be avoided via treatment of durene by hydroisomerisation. The process was modelled based on the process patented by Topsøe [45]. Isomerisation of durene to isodurene and prehnitene occurs over a sulphided Ni/ZSM-5/Al2O3 catalyst in the presence of hydrogen gas. Along with the hydrogenation–dehydrogenation activity of the catalyst, cracking and hydrogenolysis reactions occur on a minor scale. It was discovered by Hidalgo-Vivas and Joensen [45] that ~6 vol% of the hydrogen fed to the isomerisation reactor was consumed in the synthesis, while the yield of the C3–C7 fraction increased. Thus, it was approximated that n-pentane was formed in this work via the reaction of durene and hydrogen in an amount that corresponds to the reported hydrogen consumption. Hidalgo-Vivas and Joensen did not, however, report the individual quantities of isodurene and prehnitene formed during the hydroisomerisation process. It was therefore assumed that the isomers formed in equimolar ratios. Based on these considerations, the reaction stoichiometry can be presented by Figure 4 and Figure 5.



The combustion of light gases in a furnace was modelled using an RGibbs reactor block with an isothermal specification at 1000 °C. Air input was specified at a molar excess of 20% above complete combustion, with combustion air pre-heated to 235 °C using high-pressure steam. The amount of high-temperature heat was calculated via addition of the furnace heat duty and the additional duty from cooling of the combustion gases to 500 °C. The amount of heat recovered as HP steam was calculated as the heat duty from further cooling of the gases to 260 °C.




2.3. Thermodynamic Model Comparison


Performance of a simulation model is conventionally evaluated by validating the model with an external dataset. As the MTO-MOGD process has not been developed into fully commercial scale, extensive experimental data are not available in the literature. The model validity can be alternatively evaluated by critically examining the model setup. The selection of an appropriate Aspen Plus property model is one of the most important steps and affects simulation of the hydrocarbons. While the Peng–Robinson equation of state is commonly used as a property method for the simulation of hydrocarbons especially in petrochemical processes [36], it was compared to other potential property models for hydrocarbon simulation to justify the selection. The methods selected for comparison include the Peng–Robinson with Boston–Mathias modification (PR-BM), Redlich–Kwong–Soave with modified Huron–Vidal mixing rules (RKSMHV2), and the Soave–Redlich–Kwong (SRK) method. Both the Boston–Mathias modification and the modified Huron–Vidal mixing rules aim to improve the accuracy of these equations of state under high-pressure conditions, and the latter is used in particular when both polar and non-polar components are present [36].



To compare the predictions of each property method, the mass flow rates of the key product fractions were compared to the results given by the PENG-ROB method. The comparisons were made in terms of the relative difference in mass flow rate compared with the corresponding PENG-ROB results, as described by Equation (4):


         m ˙    i , n   −      m ˙    i , PENG - ROB          m ˙    i , PENG - ROB     × 100 % .    



(4)




where i refers to the product fraction and n refers to the property method used.




2.4. Economic Evaluation


2.4.1. Capital Expenditure


The fixed capital investment for the MTO-MOGD plant was evaluated using the model in Aspen Plus. The purchased equipment costs (Ce,i,CS) were calculated using the Aspen Process Economic Analyzer (APEA) tool that sizes the equipment and estimates the costs based on the equipment dimensions. Reactor sizes were manually determined based on the liquid and weight hourly space velocities reported in the literature [40,45,46] rather than using the dimensions calculated by APEA. The purchase costs of the reactors were considered twice to enable a dual reactor configuration in which one reactor is on stream and the other is under catalyst regeneration. Reflux pumps for each distillation column were supplied twice for both the condenser and reboiler cycles.



APEA V11 calculates the equipment costs in the United States on the basis of 2018 Q1. The costs were updated using correction factors for inflation, currency rates, and location [47]. The inside battery limits (ISBL) investment was then calculated using Equation (5) taking equipment installation and commissioning into account. The material factor was considered for equipment manufactured using type SS304 stainless steel instead of carbon steel (CS). For such equipment, SS304 was chosen over CS because of its superior heat and pressure resistance as well as its relatively higher resistance to hydrogen embrittlement. The values of the factors in Equation (5) are listed in Table 1. The total fixed capital cost (TFCC) was calculated using Equation (6) by estimating the shares of outside battery limit (OSBL) costs (OS), design and engineering (DE) charges, and the investment contingency (X) [48].


   C  ISBL   =   ∑   i = 1    C  e , i , CS    [   (  1 +  f p   )   f m  +  f  er   +  f  el   +  f  ic   +  f c  +  f s  +  f l   ]   
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The MTO-MOGD plant was considered as an independent greenfield site with proprietary auxiliary systems. Towler and Sinnott [48] recommended the use of 40% of ISBL as an initial estimate for the OSBL cost. The share of the OSBL cost can be reduced by using auxiliary infrastructure serving several synthesis plants. The design and engineering as well as contingency charges were also estimated based on values given by Towler and Sinnott [48].




2.4.2. Cost of Production


The variable cost of production (VCOP), including the product and by-product revenues; costs associated with the raw materials, consumables, and utilities; and expenditure related to waste management, was calculated. The value for each cost factor is listed in Table 2. Catalyst replacement was assumed to take place every two years, as suggested in the literature [49]. A typical catalyst lifetime in hydrocarbon processing can be expected to vary between 1.5 and 3 years [50,51]. Assumptions for the fixed cost of production (FCOP) and profitability calculations are shown in Table 3. The fixed production costs were estimated as outlined by Towler and Sinnott [52]. The working capital of the plant can be estimated as a share of TFCC or based on the production rate. Towler and Sinnott [53] recommend estimating working capital in the range of 5–30% of TFCC depending on the complexity of raw material inventory and final product storage. In this case, 5% working capital was chosen for the calculations. The investment in the form of working capital is recovered at the end of plant lifetime by liquidating inventories [53]. The interest rate of the loan was estimated to be 2%, which corresponds to the rate of recent large corporate loans [54]. The median debt ratio of the petroleum refining industry was 56% in the U.S. in 2019 [55]. As production of MTO-MOGD fuels relies on novel technologies and has a higher financial risk, a debt ratio of 70% was assumed in the calculations. A 6% cost of equity was found to be reasonable when considering the small scale of the production plant. It was decided to neglect taxes as they would be paid by the company owning the plant.



Catalysts prices were estimated from foreign bulk order prices by including service fees from shipping, customs, and installation. The total price was determined by multiplying the bulk price by a factor of two to consider additional costs related to the acquisition of the catalysts. Prices of the fuel products were assumed to consist of the price of each fossil fuel and a premium price related to CO2 emission reduction. A premium of 350 €/t, which is the highest price in the current European market [59], was considered for each fuel product. Such fuel pricing would create competition between synthetic and biofuels in the low-emission fuel markets.






3. Results and Discussion


3.1. Simulation Results


Mass balance and hydrocarbon yields of the product streams calculated from the simulation results are listed in Table 4. A complete stream table can be found in the Supplementary Materials.



The design of the model was based on the experimental work reported by Avidan [22], and the hydrocarbon yield structures in Table 4 correspond relatively well to the reference values. The surplus of fuel gas and LPG approximately cover the deficiency in diesel yield compared with the reference. As discussed above, the light compounds contribute to the formation of heavier hydrocarbon compounds. The yield structure indicates that the conversion in both the MTO and MOGD reactors R-101 and R-103, respectively, should be directed towards longer carbon chains.



Next, the utility consumption of the process shown in Table 5 is addressed. As the design principle was based on heat integration within the model, the heating requirements in the reactor pre-heaters and distillation reboiler can be covered by the internal steam and fired heat production. Cooling of the exothermic reaction heat and the relatively high operation temperatures lead to a net surplus production of LP and HP steam. The residual cooling demand is covered by cooling water, which is the largest individual utility consumption. The electricity demand of the process is rather small, and the integration of excess LP steam production for electricity generation can be considered. Energy savings of 20.8 MW and 1.2 M€ per annum are achieved by the suggested heat integration including fuel gas combustion.



The properties of the modelled gasoline, kerosene, and diesel are compared with directive 2009/30/EC and standard ASTM D1655 in Table 6. An elevated olefin content indicates that the gasoline fraction requires hydrogenation in a manner similar to kerosene and diesel cuts. The diesel properties are within the guideline values, while kerosene is at the lower end of the quality standards, with only the aromatic content and 10 vol% distillation recovery temperature being within the target values. The hydrocarbon distribution of kerosene was also the most simplified because kerosene is estimated to consist solely of C12 compounds.



As fuels produced in the simulated process do not comply with the quality requirements, further treatment of the fuel cuts is needed for sale as drop-in products. For the case of gasoline, increasing the research octane number (RON) to realise a value of 95 is required. The RON can be adjusted to the required levels via straightforward methanol/ethanol blending. Additionally, the benzene content of the gasoline must be significantly reduced since it is markedly higher than the maximum allowable concentration. Kerosene requires more comprehensive treatment to adjust the quality to the standard for aviation fuel. If the MTO-MOGD plant is owned by a company with an established position in fuel production and distribution, it might be worthwhile to refine the raw fuel cuts at an existing fuel refinery with adequate process technology and the necessary additive chemicals.




3.2. Thermodynamic Model Comparison


Table 7 summarises a comparison of the PENG-ROB model with the other tested property models. It can be seen that there are no significant differences in the results as predicted by PENG-ROB, PR-BM, and SRK, justifying the use of any of these methods for modelling the present process. Both the PENG-ROB and SRK methods (also with the Boston–Matthias modification) are commonly used for modelling similar processes incorporating syngas, methanol, and hydrocarbon processing [60,67,68]. A more significant deviation was found with the RKSMHV2 method, which appears to rule out its use for this process pending a more detailed analysis. Based on this analysis, the use of the PENG-ROB property method was considered acceptable.




3.3. Economic Analysis


The equipment type, size, and cost are listed in the Supplementary Materials. The division of the purchased equipment cost per component type is illustrated in Figure 6.



Figure 6 shows that over 75% of the total equipment cost is covered by the compressors, and the rest of the components account for the remaining quarter, among which the reactors and distillation columns are the most expensive.



The structure of total fixed capital cost of the MTO-MOGD plant is shown in Table 8. The purchased equipment charges are a rather small portion of the total fixed capital expenditure once the other complementary costs are taken into account. In particular, design and engineering make up a large portion of the investment. This type of capital cost calculation can be considered as an initial order of magnitude estimate.



Table 9 breaks down the charges forming the total cost of production. Figure 7 shows how the different operational charges contribute to the total annual costs. The catalyst cost is based on the specific total catalyst consumption of 0.34 kg/tfuels and a 2-year catalyst lifetime.



It is evident in Table 9 and Figure 7 that the variable cost of production (VCOP) accounts for the major portion of the total cost of production (TCOP). The VCOP is heavily dependent on the methanol price as methanol accounts for ~70% of the annual costs. An important factor affecting the methanol consumption is the reaction stoichiometry. According to Equations (1) and (2), water is split from methanol in an equimolar ratio, leading to the loss of hydrogen in the form of water. The mass efficiency of methanol to fuels (39%) therefore results in a further increase in the cost of methanol from 963 €/t to the final production cost of 2470 €/tfuels. In turn, the methanol price largely depends on the price of renewable electricity used for hydrogen production via electrolysis. Nieminen et al. [56] calculated that hydrogen accounts for ~90% of the variable cost of methanol production and 70% of total fixed capital cost. A more detailed breakdown of the methanol production costs was presented by Nieminen et al. [56]. As a result of the high dependency on the methanol price, the TCOP of 3409 €/tfuels is also considerably higher than the average fuel product price of 1170 €/t used for the profitability calculations. A re-evaluation of the product price is therefore required to find the break-even point for the investment.




3.4. Sensitivity Analysis


3.4.1. Component Selection


Sensitivity analysis was carried out to study the effect of increasing the number of key components describing the kerosene fraction. The effect of adding C10 and C14 compounds to the fraction was evaluated by comparing the energy consumption figures in the distillation column DIST4 where kerosene is separated from diesel. In the analysis, C12 kerosene was considered as the benchmark. C10 and C14 normal and branched paraffins and 1-olefins were included in the distillate feed with the mass fractions of the corresponding C12 compounds. The total amount of kerosene was kept constant in all cases. It was assumed that the distillate mixture enters the distillation column at 100 °C and atmospheric pressure. A partial condenser was used to produce vapour distillate. The results of the sensitivity analysis are illustrated in Figure 8.



Figure 6 shows that neither the required condenser nor the reboiler duty changes notably, even if the composition of the kerosene was altered towards lighter hydrocarbons. The addition of C14 compounds increases the reboiler and condenser duties by 23% and 72%, respectively. The results are logical for lowering the average molar mass of the mixture would lead to less laborious separation of kerosene from diesel. Correspondingly, increasing the carbon number in the kerosene fraction decreases the boiling point difference of the fuels because the C16 compounds represent the lower limit of the diesel fraction.



Based on these findings, the number of compounds present in the carbon number distribution are less significant than the actual components. It might be possible to improve the ability of the model to describe the fuels via proper selection of the key components representing the fractions. The specification between paraffins and olefins and their different isomers is probably the most important factor affecting the performance of the separation stages and ultimately the product properties.




3.4.2. Profitability


The economics of the plant was inspected in further detail via sensitivity analysis. As discussed in the previous section, the selected fuel price is not in line with the calculated cost of production. Sensitivity analysis was carried out to investigate various options to improve the production profitability. The total capital expenditure (CAPEX) and methanol price were selected for investigation against the net present value (NPV). The results of the analysis for both variables are illustrated in Figure 9 and Figure 10. Complementary descriptions of the methanol prices in Figure 10 are listed in Table 10.



Variation of CAPEX by either −40% or +40% was considered in the analysis. The case of −40% can be realised in a situation where the synthetic fuel plant is granted the maximum investment subsidy from the Ministry of Economic Affairs and Employment of Finland. These investment aids are provided for projects that aim at investing in novel technologies in the field of sustainable and renewable energy production [72].



The sensitivity analysis of individual variables shows that investment subsidy alone would not improve the NPV with a fuel price of 1170 €/t. The subsidy would increase the NPV to 27 M€ if the fuel was priced at 3208 €/t. On the other hand, the NPV is strongly dependent on the methanol price and the NPV rapidly increases with decreasing methanol price, but the break-even point for the investment can be achieved at methanol prices lower than those from comparable literature studies.



Although hydrogen consumption during the production process is low as a result of the high level of recycling, the cost of hydrogen would influence the profitability of the synthetic fuel plant via the methanol production cost. The price of hydrogen currently varies between 1.50 and 2.50 €/kg [50,73] depending on the production method. The lowest cost can be achieved using natural gas as the hydrogen source for steam methane reforming, while the higher values are associated with the conversion of electricity into hydrogen via the electrolysis of water. The cost of electrolytic hydrogen production is directly proportional to the price of electricity, and water electrolysis is viewed as one of the most interesting technologies for producing green hydrogen with renewable electricity.



An alternative scenario to fossil or electrolytic hydrogen would be hydrogen that is available from the chemical industry as an underutilised by-product. These types of point sources of hydrogen include, for instance, chlorate production for pulp bleaching purposes. By-product hydrogen can generally be considered less expensive than hydrogen produced via water electrolysis. A lower cost of hydrogen would first enable small-scale production of renewable synthetic fuels taking into consideration the limited availability of hydrogen as an industrial side stream. Large-scale production could be realised on decreasing the cost of renewable electricity, which would lead to decreased hydrogen and methanol costs. Additionally, valuable operational experience would be gained by operating the plants first at the pilot and demonstration scales.



Because synthetic fuel production via MTO-MOGD does not appear to be economically attractive in light of the figures, sensitivity analysis was carried out from an alternate perspective. The investigation was carried out using the same variables as the previous analysis, and their effects on the production cost were evaluated. The product prices were increased so that the NPV reaches zero at the end of the plant lifetime. The results of the analysis are shown in Figure 9. The fuel production cost in Figure 11 is considered as an average of the three fuels, taking the different fuel densities into account.



It is clear that the cost of methanol is the most significant factor affecting the fuel price. The production cost of renewable methanol is highly dependent on the cost of electrolytic hydrogen, which in turn depends on the price of electricity and the rather limited electrolysis efficiency. The most remarkable cost reduction potential in methanol production lies in the use of industrial by-product hydrogen, while the price of renewable electricity continues to decline and the efficiency of power conversion to hydrogen is further increased. CO2 capture also accounts for a share of the production costs, but it has minor significance compared with hydrogen production.



A lower methanol price or higher final product prices would significantly improve the profitability of the plant. The pay-back time of the investment is 14.2 years, and the internal rate of return is 3.2% when the break-even point is realised by the end of the plant lifetime. Such a situation can be achieved with a methanol price of 167 €/t or average fuel production cost of 4.02 €/L (3208 €/t).



Table 11 shows a cost comparison for the fossil and renewable fuels considered in this work. The price of fossil methanol is the European market price [74]. The energy content of fossil and biofuel blend is calculated as a weighted average by assuming that 18% of the total energy content of the mixture is covered by the biofuel component, as set in the Finnish biofuel distribution mandate for 2021 [75]. Table 11 shows that there is a 100 €/MWh price difference between fossil and PTL methanol, making renewable methanol 150% more expensive. The difference is even larger when comparing the fossil/biofuel blend to MTO-MOGD products. The price of MTO-MOGD fuels is ~270 €/MWh, which is nearly three-fold higher compared with the fuel blend. Using the price of fossil methanol instead of PTL would decrease the TCOP of MTO-MOGD products to 155 €/MWh. This demonstrates the significance of methanol pricing once again.





3.5. Further Discussion


Biofuel quotas are a practical implication of the emission reduction targets for the transport sector set in the recast Renewable Energy Directive 2018/2001/EU (RED II) [77]. Fulfilment of the distribution obligation is controlled by setting a penalty to which the distributing company is subject to if it fails to meet the obligation [78]. Transport fuel premiums or emission reduction tickets are tradeable certificates indicating the amount of CO2 equivalents avoided by replacing a portion of the fossil fuels with biofuels [79]. Fuel suppliers can therefore either invest in biofuel production and sell the excess certificates or buy tickets from another distributor to fulfil their mandates. As the share of low-carbon fuels in the distributed fuel mixture increases over time, biofuels will not be adequate as the sole contributor for fulfilling the mandates. In particular, restrictions on the use of first-generation biofuels, the risks of indirect land-use change, and the limited availability of advanced biofuels put pressure on fuel distribution companies.



Renewable synthetic transport fuels are not yet recognised as an option for fulfilling the distribution obligation in Finnish legislation. However, a government proposal of including renewable fuels of non-biological origin in the national legislation as an implication of RED II is currently pending [80]. The current and pending legislation in Finland includes only road transport in the CO2 emission reduction schemes, even though road transport can be converted more readily to electric than maritime transport or aviation. Thus, only a portion of transport-related emissions can be reduced. Comprehensive regulation considering all three forms of motor transport would be necessary to decarbonise the entire transport sector. Obligatory regulation with a blending mandate for both biofuels and synthetic fuels would also create competition for biofuel blends on the markets. Hence, policy support is recognised as a necessity to motivate energy companies to invest in sustainable fuel technology that presently have unfavourable economics [81].



Sustainability issues related to biofuels and strict articles of RED II considering PTL fuels could be avoided in a pulp mill environment. In addition to pulp, mills convert biomass into biogenic CO2 and renewable steam and electricity. There is excellent potential for synthetic fuel production because every process step can be carried out on-site. Carbon emissions could be turned into a raw material via CO2 capture. Excess electricity could be used to power green hydrogen production instead of feeding it to a municipal power grid. Methanol forming in kraft pulping as a by-product could also be used to boost MeOH production from CO2 and H2. The forest industry is one of the largest industry sectors in Finland, thus offering an ideal platform for integrated bioproduct and carbon-neutral transport fuel production.





4. Conclusions


A simulation model of transport fuel production via the MTO and MOGD processes was created using Aspen Plus. The performance of the model in terms of product quantities was investigated by comparing physical property estimation methods, and an economic analysis of the combined process was carried out based on the model. The profitability analysis showed that the plant is not profitable with a renewable methanol price of 963 €/t and an average premium fuel price of 1170 €/t. Methanol was observed to impact the profitability of the plant the most in terms of the stoichiometric loss of hydrogen as water and the high production cost of PTL methanol. It was calculated that the average product price should be 3208 €/t at the given methanol price to realise a break-even point at the end of the 20-year plant lifetime. The results clearly demonstrate that synthetic fuels with a production cost of 3409 €/t cannot compete in markets dominated by inexpensive fossil fuels without regulatory incentives. Nonetheless, it is worth noting that the economic results are indicative as the simulation model is not fully optimised and validated by conventional means. The uncertainties related to unfinished regulation in RED II also slow down necessary investments in PTL technology. As the goal of the EU and Finland is decarbonisation of the transport sector, the indirect use of green hydrogen in synthetic fuel production should not be limited or hindered in any way. Therefore, the future practical adoption of alternative liquid transport fuel production methods, such as via the MTO-MOGD process presented herein, should be promoted via the provision of moderate incentives, tax exemptions, and allocating a monetary burden on carbon-intensive processes.
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Nomenclature




	ACC
	Annual capital charge



	APEA
	Aspen Process Economic Analyzer



	CAPEX
	Capital expenditure



	COD
	Conversion of Olefins to Distillate



	CS
	Carbon steel



	DME
	Dimethyl ether



	EU
	European Union



	FAME
	Fatty acid methyl esters



	FCOP
	Fixed cost of production



	FT
	Fischer–Tropsch



	HP
	High-pressure



	ISBL
	Inside battery limits



	LHV
	Lower heating value



	LP
	Low-pressure



	LPG
	Liquefied petroleum gas



	MeOH
	Methanol



	MOGD
	Mobil’s Olefins to Gasoline and Distillate



	MTG
	Methanol-to-gasoline



	MTO
	Methanol-to-olefins



	NPV
	Net present value



	OSBL
	Outside battery limits



	PENG-ROB
	Peng–Robinson



	PR-BM
	Peng–Robinson–Boston–Mathias



	PetroSA
	The Petroleum Oil and Gas Corporation of South Africa



	PTL
	Power-to-liquid



	RED II
	Recast Renewable Energy Directive 2018/2001/EU



	RKSMHV2
	Redlich–Kwong–Soave–Huron–Vidal



	RON
	Research octane number



	SRK
	Soave–Redlich–Kwong



	TIGAS
	Topsøe Integrated Gasoline Synthesis



	TRL
	Technology readiness level



	TCOP
	Total cost of production



	VCOP
	Variable cost of production



	C
	Cost, €



	DE
	Design & engineering, %



	f
	Correction factor



	ṁ
	Mass flow rate, kg/s



	OS
	OSBL cost, %



	X
	Contingency, %



	c
	Civil work



	e
	Equipment



	el
	Electrical



	er
	Equipment erection



	ic
	Instrumentation and control



	l
	Lagging and paint



	m
	Material



	p
	Piping



	s
	Structures and buildings



	TFCC
	Total fixed capital cost
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Figure 1. Block diagram of the methanol-to-olefins (MTO) and Mobil’s olefins to gasoline and distillate (MOGD) processes. Adapted from Grimmer et al. [25]. 
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Figure 2. Aspen Plus simulation diagram of the MTO-MOGD model. The MTO section of the process is indicated with a dashed line and the MOGD with a solid line. 
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Figure 3. Flow diagram of the MTO-MOGD model. 
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Figure 4. Hydroisomerisation of durene to isodurene and prehnitene over a Ni/ZSM-5/Al2O3 catalyst. 
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Figure 5. Hydrogenation of durene to n-pentane over a Ni/ZSM-5/Al2O3 catalyst. 






Figure 5. Hydrogenation of durene to n-pentane over a Ni/ZSM-5/Al2O3 catalyst.



[image: Processes 09 01046 g005]







[image: Processes 09 01046 g006 550] 





Figure 6. Cost structure of purchased equipment. Abbreviations in the figure: Comp, compressors; Dec, decanters; Dist, distillation columns; HeatX, heat exchangers; Flash, flash columns; Reac, reactors. 
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Figure 7. Breakdown of annual operational expenses and annualised capital charge. Variable operating costs are indicated with blue colours, fixed operating costs with green shades, and annualised capital charge with orange. Abbreviations in the figure: Cat, catalysts; WW, wastewater; Elec, electricity; CW, cooling water; Lab, labour; Maint, maintenance; Ovhd, overheads; ACC, annualised capital charge. Sales of the by-product LPG and excess steam are included in the figure in yellow, but they are not accounted for in the total costs. 
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Figure 8. Sensitivity analysis on the effect of the number of kerosene compounds to required duty for separation of kerosene and diesel. 
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Figure 9. Effect of capital expenditure (CAPEX) on net present value (NPV) over the 20-year plant lifetime and 2% interest rate. Black diamond indicates the starting point of the analysis with methanol price of 963 €/t and average fuel price of 1170 €/t. Point (0,0) is achieved by increasing the fuel price to 3208 €/t while keeping other values constant. 
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Figure 10. Effect of methanol price on net present value (NPV) over the 20-year plant lifetime and 2% interest rate. Black diamond indicates the base case with methanol price of 963 €/t and average fuel price of 1170 €/t. The white square represents the break-even point with a constant fuel price. 
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Figure 11. Sensitivity analysis for the average fuel production cost when the net present value over the 20-year plant lifetime and the 2% interest rate is set to zero by increasing the average fuel price to 3208 €/t while the methanol price is maintained at 963 €/t. 
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Table 1. Factors used to convert purchased equipment cost to ISBL cost. Factor values adapted from Towler and Sinnot [48].
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	Factor
	Symbol
	Value





	Material (CS/SS304)
	fm
	1/1.3



	Piping
	fp
	0.8



	Equipment erection
	fer
	0.3



	Instrumentation and control
	fic
	0.3



	Electrical
	fel
	0.2



	Civil work
	fc
	0.3



	Structures and buildings
	fs
	0.2



	Lagging and paint
	fl
	0.1
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Table 2. Prices of the raw materials, products, consumables, and utilities. The prices of methanol, hydrogen, and electricity were chosen based on their renewable origin.
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	Unit
	Value
	Reference





	Exchange rate
	USD/€
	0.84
	25.11.2020



	Methanol
	€/t
	963
	[56]



	Hydrogen
	€/kg
	3.00
	[56]



	Ni/γ-Alumina catalyst
	€/kg
	13.4
	[57]



	ZSM-5 catalyst
	€/kg
	8.40
	[58]



	Gasoline
	€/t
	1196
	[35,59]



	Kerosene
	€/t
	1171
	[35,59]



	Diesel
	€/t
	1143
	[35,59]



	LPG
	€/t
	551
	[60]



	Steam
	€/t
	30
	[60]



	Wastewater
	€/t
	0.72
	[61]



	Cooling water
	€/t
	0.17
	[62]



	Electricity
	€/MWh
	39.6
	[60]
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Table 3. Assumptions made for calculating plant profitability.
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	Cost Species
	Basis





	Working capital
	5% of TFCC



	Number of shifts
	4.8



	Number of operators per shift
	5



	Salary per operator
	40,000 €/a



	Supervision
	25% of operating labour



	Direct overhead
	50% of operating labour and supervision



	Maintenance
	3% of ISBL



	Plant overhead
	65% of labour and maintenance



	Insurance
	1% of TFCC



	Plant lifetime
	20 a



	Annual operation time
	8000 h



	Debt ratio
	70%



	Interest rate
	2%



	Cost of equity
	6%



	Tax rate
	0%
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Table 4. Mass balance and hydrocarbon yields of the model and in the reported literature [22].
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	Fraction
	Stream Type
	Stream

Number
	Mass Flow, kg/h
	Calculated

Hydrocarbon Yield, wt%
	Reference

Hydrocarbon Yield, wt%





	Methanol
	Inlet
	1
	3000
	-
	-



	Hydrogen
	Inlet
	64
	0.19
	-
	-



	Hydrogen
	Inlet
	66
	7.17
	-
	-



	Gasoline
	Outlet
	30
	224
	17
	15



	Diesel
	Outlet
	53
	591
	45
	57



	Kerosene
	Outlet
	55
	356
	27
	25



	Purge 1
	Outlet
	56
	1.43
	-
	-



	Water
	Outlet
	69
	1679
	-
	-



	Fuel gas
	Outlet
	70
	98.1
	7.4
	1.0



	Purge 2
	Outlet
	71
	0.04
	-
	-



	LPG
	Outlet
	72
	59.1
	4.5
	2.0



	Total
	
	
	
	100
	100
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Table 5. Utility consumption of the MTO-MOGD process. Positive duty values indicate utility inputs and negative values utility generation.
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	Utility
	kW
	kWh/tfuels
	t/tfuels





	Consumption
	Refrigerant
	39
	33
	-



	
	Cooling water
	732
	626
	108



	
	LP steam
	52
	44
	0.1



	
	HP steam
	302
	259
	0.5



	
	Fired heat
	452
	386
	2.3



	
	Electricity
	75
	64
	-



	Generation
	LP steam
	−569
	−486
	0.8



	
	HP steam
	−1355
	−1158
	2.4



	
	Fired heat
	−1095
	−936
	-



	Total demand
	Cooling
	771
	659
	108



	
	Heating
	806
	689
	2.9



	
	Electricity
	114
	98
	-



	
	Steam
	−2213
	−1891
	−0.3
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Table 6. Modelled fuel properties in comparison to the minimum and maximum values in directive 2009/30/EC and standard ASTM D1655 [63,64,65,66]. In the table, FAME refers to fatty acid methyl esters.
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Specification

	
Unit

	
Gasoline

	
Kerosene

	
Diesel

	
Quality

Minimum

	
Quality

Maximum






	
Research octane number

	

	
89

	

	

	
95

	
-




	
Reid vapor pressure

	
kPa

	
95

	

	

	
-

	
60




	
Density at 15 °C

	
kg/m3

	

	
668

	

	
775

	
840




	
kg/m3

	

	

	
890

	
-

	
845




	
Flash point

	
°C

	
−64

	

	

	
−40

	
-




	
°C

	

	
−2

	

	
38

	
-




	
°C

	

	

	
113

	
60

	
-




	
10 vol% recovery

	
°C

	

	
92

	

	
-

	
205




	
95 vol% recovery

	
°C

	

	

	
329

	
-

	
360




	
Final boiling point

	
°C

	

	
316

	

	
-

	
300




	
Olefins

	
vol%

	
21

	

	

	
-

	
18




	
Aromatics

	
vol%

	
23

	

	

	
-

	
35




	
vol%

	

	
8

	

	
-

	
25




	
Benzene

	
vol%

	
13

	

	

	
-

	
1




	
Polycyclic aromatics

	
wt%

	

	

	
0

	
-

	
8




	
Oxygen

	
wt%

	
2.9

	

	
0

	
0

	
3.7




	
Methanol

	
vol%

	
0

	

	

	
0

	
3




	
FAME

	
vol%

	

	

	
0

	
-

	
7




	
Sulphur

	
mg/kg

	
0

	

	

	
-

	
10




	
Lead

	
mg/L

	
0

	

	

	
-

	
5
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Table 7. Comparison of the tested Aspen Plus property methods in terms of the relative differences in product fraction mass flow rates compared to the PENG-ROB model.
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	Property Method
	PENG-ROB
	PR-BM
	SRK
	RKSMHV2





	Gasoline flow rate
	0.0%
	−0.1%
	0.5%
	−1.5%



	Diesel flow rate
	0.0%
	1.2%
	0.1%
	8.9%



	Kerosene flow rate
	0.0%
	−2.1%
	−0.6%
	−16.0%



	LPG flow rate
	0.0%
	0.3%
	−0.6%
	−6.2%










[image: Table] 





Table 8. Fixed capital cost structure of the MTO-MOGD plant.
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	Cost Species
	Basis
	M€





	Major equipment purchase cost
	Major equipment sizing
	6.82



	ISBL investment
	Equation (5) and Table 1
	24.7



	OSBL cost
	40% of ISBL
	9.87



	Design & engineering
	30% of ISBL and OSBL
	10.4



	Contingency
	10% of ISBL and OSBL
	3.45



	Total fixed capital cost
	Equation (6)
	48.4
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Table 9. Breakdown of the production costs of synthetic fuels. Sales of the by-product LPG and excess steam are included in the VCOP.
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	Cost Species
	M€/a
	€/tfuels
	% of TCOP





	VCOP
	23.2
	2479
	73



	FCOP
	5.75
	614
	18



	ACC
	2.96
	316
	9



	TCOP
	31.9
	3409
	100
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Table 10. Prices of high purity methanol (≥99.2 wt%) reported in the literature. Hydrogen prices were calculated based on the electricity price if not specified in the reference.
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	Reference
	MeOH, €/t
	H2, €/kg
	Electricity, €2015/MWh
	Notes





	Anicic et al. [69]
	204
	2.11
	39.6 1
	Hydrogen from electrolysis.



	Atsonios et al. [70]
	913
	2.49
	51.5
	Hydrogen from alkaline electrolysis.



	Nieminen et al. [56]
	963
	3.00
	57.5
	Hydrogen from alkaline electrolysis. The price includes costs of hydrogen production and storage. The electrolysis is powered by 30 MW of wind electricity.



	Tremel et al. [71]
	980
	3.00
	93.0
	Hydrogen from PEM electrolysis. The price includes hydrogen production, storage, and transport costs.







1 Electricity price according to Hannula (2015) [60].
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Table 11. Prices of fossil and PTL fuels on mass and lower heating value (LHV) basis. Gasoline, kerosene, and diesel are considered via average LHVs and prices. The price per ton of MTO-MOGD fuels is the calculated TCOP.






Table 11. Prices of fossil and PTL fuels on mass and lower heating value (LHV) basis. Gasoline, kerosene, and diesel are considered via average LHVs and prices. The price per ton of MTO-MOGD fuels is the calculated TCOP.





	Fuel Type
	MJ/kg
	€/t
	€/GJ
	€/MWh
	Reference





	Fossil MeOH
	19.9
	390
	19.6
	70.6
	[74,76]



	PTL MeOH
	19.9
	963
	48.4
	174
	[56,59]



	Fossil transport fuels
	43.0
	820
	19.1
	68.6
	[35,76]



	Fossil/biofuel blend
	43.2
	1170
	27.1
	97.4
	[35,59,75]



	MTO-MOGD fuels
	45.0
	3409
	75.7
	273
	This work
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