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Abstract

:

Inhibiting homoacetogens is one of the main challenges in fermentative hydrogen production because these hydrogen consumers have similar growth features to hydrogen producers. Homoacetogens have been related to the excessive accumulation of biomass in fermentative reactors. Therefore, a suitable food/microorganism ratio has the potential to minimize the homoacetogenic activity. In this work, the specific organic loading rate (SOLR) was controlled in two fermentative fixed-bed up-flow reactors through scheduled biomass discharges. Reactors were differentiated by the bed arrangement, namely, packed and structured conformation. The SOLR decay along the time in both reactors was previously simulated according to the literature data. The volume and volatile suspended solids (VSS) concentration of discharges was estimated from the first discharge, and then additional discharges were planned. Biomass discharges removed 21% of the total biomass produced in the reactors, maintaining SOLR values of 3.0 ± 0.4 and 3.9 ± 0.5 g sucrose g−1 VSS d−1 in the packed-bed and structured-bed reactors, respectively. Such a control of the SOLR enabled continuous and stable hydrogen production at 2.2 ± 0.2 L H2 L−1 d−1 in the packed-bed reactor and 1.0 ± 0.3 L H2 L−1 d−1 in the structured-bed one. Controlling biomass was demonstrated to be a suitable strategy for keeping the continuous hydrogen production, although the fermentative activity was impaired in the structured-bed reactor. The homoacetogenic was partially inhibited, accounting for no more than 30% of the total acetic acid produced in the reactor. Overall, the high amount of attached biomass in the packed-bed reactor provided more robustness to the system, offsetting the periodic suspended biomass losses via the planned discharges. Better characterizing both the VSS composition (aiming to differentiate cells from polymeric substances) and the bed hydrodynamics could be useful to optimize the online SOLR control.
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1. Introduction


Currently, with the global objective of limiting the increase in global temperature to 1.5 °C [1], hydrogen has re-emerged as a key fuel to achieve the goal of net zero emissions by 2050 [2]. Although hydrogen is a zero-carbon energy at the point of end use, this characteristic depends on the cleanliness of the production path and the energy used to produce it. Thus, guaranteeing the origin of hydrogen is fundamental to considering hydrogen as clean energy [3]. Hydrogen can be obtained from various raw materials using different process technologies. Currently, the majority of hydrogen produced worldwide is obtained from fossil fuels, with ca. 96% of global production, resulting in high carbon dioxide emissions that contribute to climate change [4]. Conventional hydrogen production releases around 900 Mt of CO2 per year worldwide [5].



Recently, the International Energy Agency (IEA) differentiated hydrogen production methods in terms of contributions to greenhouse gas (GHG) mitigation. Therefore, hydrogen has been labeled by color depending on its production process: brown and gray for that obtained from charcoal and natural gas, respectively, without including carbon capture, utilization, and sequestration (CCU) technologies; blue for hydrogen obtained from natural gas with the inclusion of CCU technologies; green for that produced from renewable sources; and moss color for that produced from biomass, biofuels, and dark fermentation [6].



During dark fermentation, anaerobic bacteria degrade the complex organic matter to simple molecules such as organic acids, releasing hydrogen and carbon dioxide in an oxygen-free environment [7]. Therefore, hydrogen can be produced from several substrates such as domestic, industrial, and agro-industrial wastewater and wastes, which are widely available. This technology is appealing due to its low energy requirements and its compatibility with mild processing conditions of pressure and temperature. However, fermentative hydrogen production is not yet applied at a commercial scale due to the low yield of hydrogen [8] and unstable performance [9]. Hydrogen production is affected by inorganic compounds, i.e., metals, ammonia, sulfate; organics, i.e., high concentration of volatile fatty acids, furan derivatives, and phenolic compounds; biological such as bacteriocins, and the presence of archaea, sulfate-reducing bacteria (SRB), and homoacetogens; in addition to the partial pressure of hydrogen [10,11].



Among these factors, homoacetogenesis has been reported to consume at least 43% of hydrogen yield in batch fermentation [12] and between 25% and 60% in continuous-mode fermentation [13,14,15,16,17,18]. Homoacetogens are Gram-positive bacteria able to convert saccharolytic and gaseous substrates into acetate through the Acetil-CoA pathway. Since homoacetogens belong mainly to the genera Clostridium, inoculum pre-treatments can be ineffective to guarantee their inhibition [19]. The occurrence of homoacetogenesis during dark fermentation was associated with excess accumulation of microbial biomass, a condition in which the amount of organic substrate is not sufficient for supplying the heterotrophic metabolism of fermentative bacteria [14,20]. In practical aspects, the food/microorganism ratio is unbalanced, forcing bacteria to use metabolic pathways other than saccharolytic ones, such as homoacetogenesis [21], or even methanogenic pathways [22].



On the one hand, the excess accumulation of biomass can be associated with the stimulus to enhanced cell growth as a result of high nutrient concentrations, such as N and Ca [20,23]. On the other hand, this accumulation can also be triggered by the physical configuration of the reactors. For instance, in fixed-bed reactors, the amount of biomass retained is directly associated with the bed porosity. Empty spaces between the media forming the bed are progressively filled with microbial agglomerations, consequently, decreasing the food/microorganism ratio along the time. In fixed-bed up-flow reactors under continuous operation, the biomass accumulation between the interstices of the bed reached up to 32% of the total biomass produced within 60 days of operation. Such accumulation caused a drastic fall in the hydrogen production rate and yield, and values as low as 50 mL H2 h−1 and 0.2 mol H2 mol−1 sucrose were obtained, respectively, despite complete substrate conversion [20,23].



This situation is more frequently observed in reactors with low porosity beds formed by small-sized particles (e.g., 10 mm diameter), which can lead to void indices of less than 65%. Some strategies to regulate the F/M ratio included mechanisms for controlling biomass growth through the nutrient dosage in relation to the substrate as N [20] and Ca [23]. Other approaches included the control of biomass accumulation by the augmentation of the bed porosity increasing the size of the media and replacing the conventional packed-bed systems with structured-bed ones [24,25,26,27], as well as by increasing the amount of biomass naturally washed out from the reactor by flow inversion [13]. However, despite some promising results associated with the application of structured-bed reactors in fermentative hydrogen production [13,28], maintaining an ideal amount of biomass in the reactors is still challenging. Assessing the specific organic loading rate (SOLR), a parameter that shows a dynamic portrait of the F/M ratio on the course of continuous fermentation, provided important insights related to this issue. Numerous studies [20,23,26,28,29] have associated maximum hydrogen production rates from different substrates with SOLR values of ca. 6.0 g COD g−1VSS d−1 (COD = chemical oxygen demand, VSS = volatile suspended solids). Hence, SOLR values below the optimized one indicate conditions of excess biomass accumulation and, therefore, should be prevented in fermentative reactors as a strategy to inhibit homoacetogenesis. Meanwhile, when SOLR is less than 6.0 g COD g−1VSS d−1, the occurrence of organic overloads is characterized, negatively impacting hydrogen-producing bacteria [30] and, in some cases, also triggering homoacetogenesis due to the inhibition of heterotrophic pathways [23].



The SOLR has been recurrently used simply to understand biomass accumulation-related failures in hydrogen-producing reactors [20,23,28,30]. This trend results from the methodology used to calculate this parameter, which is feasible only after the reactor operation has ended. In other words, the calculation depends on variables (e.g., total amount of biomass retained and substrate consumption throughout the operation, biomass growth factor) that can be accessed once the reactor has been disassembled. This study proposes an online strategy to control the SOLR during fermentation by using scheduled biomass discharges in two fixed-bed reactors, namely, a packed- and a structured-bed system. The literature data were initially used to simulate the temporal profile of the SOLR, and once an approximately optimal SOLR (6.0 g COD g−1VSS d−1) was expected to occur, the consecutive biomass discharges were carried out. The impacts of the planned biomass discharges on the occurrence of homoacetogenesis, hydrogen evolution, and soluble fermentation product distribution were assessed, contributing to an overall understanding of refined operating strategies toward the maximization of fermentative hydrogen production.




2. Materials and Methods


2.1. Fixed-Bed Up-Flow Reactors


Each reactor consisted of three chambers made with acrylic tubes of 80 mm internal diameter, 88 mm external diameter, and 810 mm length, making a total volume of 4.1 L (Figure 1). Circular stainless steel meshes were used for separating chambers. The inferior chamber was used for liquid inlet and biomass accumulation. The bottom was cone-shaped to promote the sedimentation of excess biomass. A valve was installed at the bottom for the biomass discharges, and another valve was placed at one side for the liquid inlet. The superior chamber was used as headspace and liquid outlet. The liquid level was controlled through an internal siphon in the middle of the chamber. At one side, a valve was placed for liquid outlet. The gas outlet was located on the top of the chamber.



The middle chamber was used for bed placing. The packed-bed reactor was randomly filled with cylinder-shaped particles of recycled low-density polyethylene with size of 5 mm diameter and length between 25 and 35 mm (Figure 1A). The void index of the packed bed was 50% (porosity bed). Therefore, the useful volume of the packed-bed reactor was 2.8 L. The structured-bed reactor was filled with small regular-shaped cylinders of recycled low-density polyethylene 20 mm in diameter and 25 mm in length (Figure 1B) organized in columns through stainless steel rods. The void index of the structured bed was 85% (porosity bed). Therefore, the useful volume of the structured-bed reactor was 3.6 L.



Both reactors were fed in continuous up-flow mode with a hydraulic retention time (HRT) of 2 h, organic loading rate (OLR) of 24 g COD L−1 d−1, and controlled temperature of 25 °C.




2.2. Substrate and Inoculum


Synthetic wastewater with 2 g COD L−1 based on sucrose (1.79 g L−1) was used as the substrate. Urea was added as nitrogen source keeping a carbon/nitrogen ratio of 140 (11.5 mg L−1) [20]. Micronutrients were added as NiSO4·6H2O (0.5 mg L−1), FeSO4·7H2O (2.5 mg L−1), FeCl3·6H2O (0.25 mg L−1), CoCl2·2H2O (0.04 mg L−1), CaCl2·6H2O (2.06 mg L−1), SeO2 (0.036 mg L−1), KH2PO4 (5.36 mg L−1), K2HPO4 (1.3 mg L−1), and Na2HPO4·2H2O (2.7 mg L−1). The pH was maintained at ca. 6.5 by the addition of NaHCO3 and/or HCl.



Indigenous microorganisms presented in the commercial sugar of sugarcane were grown on the synthetic wastewater as reported by Anzola-Rojas et al. [20]. That is, for each reactor, synthetic wastewater was left in an open plastic basin at 25 °C for five days until acidification, stimulating the interaction between microorganisms and substrate. Subsequently, in order to promote the biomass attachment on the bed, the acidified solution was re-circulated into the reactor on batch mode for one week. After that, fresh synthetic wastewater was supplied for each reactor in continuous mode.




2.3. Physical–Chemical Analyses


The biogas flow was measured by a Type TG1 gas meter (Dr-Ing. Ritter Apparatebau GMBH & Co. KG, Bochum, Germany), which was coupled to the gas outlet of the reactor. Biogas was sampled just at the gas meter entrance using a VICI Precision Sampling syringe, and the biogas composition (H2, CH4, and CO2) was determined by gas chromatography (GC-2021, Shimadzu, Columbia, MD, USA) using a thermal conductivity detector (TCD) [31].



The concentration of sucrose was determined through the phenol–sulfuric method as proposed by Dubois et al. [32]. Such a method consists of dehydrating the sugars in a sample by the action of concentrated sulfuric acid, followed by the complexation of the compounds formed with phenol, which results in the production of an orange-colored substance, with a maximum absorbance peak of 490 nm [32]. The chemical oxygen demand (COD), concentration of volatile suspended solids (VSS), and pH were analyzed according to the Standard Methods for the Examination of Water and Wastewater [33]. The concentrations of volatile fatty acids (VFA; acetic, propionic, isobutyric, isovaleric, valeric, and caproic), acetone, and alcohols (ethanol, methanol, and n-butanol) were measured by gas chromatography (Shimadzu GC-2010) using a Flame Ionization Detector (FID) [34].




2.4. Calculation of the Specific Organic Loading Rate (SOLR)


The SOLR is defined as the amount of the substrate available per amount of biomass in the reactor per time (g COD g−1 VSS d−1) such as represented by Equation (1), in which   O L R   (g substrate L−1 d−1) is the organic loading rate and   x   (g VSS L−1) is the concentration of biomass inside the reactor.


  S O L R =   O L R   x    



(1)







However, in continuous systems, the SOLR is not a fixed value since biomass is constantly produced and accumulated inside the reactor. Therefore, SOLR at a given time “n”,     S O L R   n    , could be estimated according to Equation (2), in which     x   n     (g VSS L−1) is the amount of biomass inside the reactor at given time “n”.


    S O L R   n   =   O L R     x   n      



(2)







For estimating     x   n    , the following calculations were adapted from Anzola-Rojas et al. [20]. In order to assess the biomass growth per consumed substrate factor     Y   x / s     (g VSS g−1 substrate), the total biomass produced     x   T     (g) and the total substrate consumed     S   c     (g) during the entire operation were calculated. Therefore,     Y   x / s     was calculated from Equation (3), whilst     x   T     is given by Equation (4), in which     x   a     (g) is the biomass attached to the bed,     x   s     (g) is the suspended biomass in the bulk liquid (g),     x   e     (g) is the biomass washed out in the liquid effluent during the operation and     x   d     (g) is the biomass drained out of the bottom of the reactor.


    Y   x / s   =     x   T       S   c      



(3)






    x   T   =   x   a   +   x   s   +   x   e   +   x   d    



(4)







To obtain     x   a    , at the end of the experimental uptime, part of the bed was removed and washed with distilled water until total biomass detachment. Thus, the VSS of the washing solution was estimated by the gravimetric method as described elsewhere [33]. On the other hand, the support material was dried at 55 °C for 48 h. The ratio between the VSS of the washing solution and the support material weight was multiplied by the total weight of the support material in each bed to estimate     x   a    . Similarly, for     x   s    , the final concentration of VSS of the bulk sample was multiplied for the useful volume of the reactor.



The value of     x   e     was determined by the integral of the mass flow of biomass effluent as a function of the time as shown in Equation (5), in which       w  ˙    x     (g VSS h−1) is the mass flow of the biomass effluent, which is obtained from the concentration of VSS in the effluent (    V S S   e    ) in g L−1 and the volumetric flow (  Q  ) in L h−1 (Equation (6)).


    x   e   =   ∫  0   t        w  ˙    x     · d t  



(5)






      w  ˙    x   =   V S S   e   · Q  



(6)







Finally,     x   d     was determined as the sum of the biomass drained through all bottom discharges. That is, the concentration of VSS of each discharge multiplied by the volume of each one.



The total substrate consumed     S   c     was calculated as described in Equation (7), in which     Q   s     (g h−1) is the flow rate of substrate as COD (Equation (8)). The term     C     S   0       (g COD L−1) is the influent substrate concentration and     C   s     (g COD L−1) is the effluent substrate concentration. Once     Y   x / s     was calculated, the mass flow of biomass     Q     w  ˙      (g VSS h−1) was obtained according to Equation (9).


    S   c   =   ∫  0   t      Q   s     · d t  



(7)






    Q   s   = Q ·     C     S   0     −   C   s      



(8)






    Q     w  ˙    =   Q   s   ·   Y   x / s    



(9)







Therefore,     x   n     (g VSS L−1) when there were no biomass discharges was estimated according to Equation (10), whilst     x   n     when there were biomass discharges was estimated according to Equation (11). In Equations (10) and (11),   d   is the VSS (g) of the discharge at the time   n  ,     V   u     is the useful volume of the reactor (L); and         x   a   +   x   s       x   T         and         x   a   +   x   s   +   x   d       x   T         refer the percentage of biomass inside the reactor. In   n = 0  , i.e., once the inoculation was finalized and continuous operation started,     x   0     was calculated according to Equation (12), in which     V   0     is the volume of synthetic wastewater prepared for the natural inoculation, i.e., 34 L for packed-bed and 43 L for structured-bed reactors.


    x   n   =       Q     w  ˙    ∆ t     V   u     ·       x   a   +   x   s       x   T         +   x   n − 1    



(10)






    x   n   =       Q     w  ˙    ∆ t     V   u     ·       x   a   +   x   s   +   x   d       x   T         +   x   n − 1   −   d     V   u      



(11)






    x   0   =     C     s   0     ·   Y   x / s   ·   V   0       V   u      



(12)








2.5. Estimating the SOLR along the Time and Scheduling Discharges of Biomass


For estimating the SOLR along the time in both reactors, the considerations presented in Table 1 were taken in account. Beginning the discharges was planned to occur when the SOLR in simulation reached 6 g sucrose g−1 VSS d−1, which is the value suggested in the literature as the most suitable for hydrogen production [20,23,28,29].




2.6. Quantification of Hydrogen Consumption


A hydrogen balance was made in order to identify the hydrogen losses. The amount of hydrogen produced was assessed according to the theoretical production expected when considering specific metabolic pathways. According to the stoichiometry, acetic and butyric acids could imply high hydrogen production with 8 and 4 mol H2 mol−1 sucrose, respectively [35]. However, acetic acid can be produced together with hydrogen (R1), via the hydrogen-consuming homoacetogenic pathway (R2), or both [12]. Thus, the molar flow of acetic acid can be defined as the sum of both production pathways, as presented in Equation (13), in which     H A c     is the total molar flow of acetic acid,       H A c       H   2       is the molar flow of acetic acid produced via the saccharolytic pathway (R1), and       H A c     H c     is the molar flow of acetic acid produced via homoacetogenesis (R2). Therefore, the theoretical hydrogen production considering the SFP identified in this work can be defined as described in Equation (14), which is an adaptation from Arooj et al. [16] and Luo et al. [17]. By substituting Equation (13) into Equation (14), the portion of acetic acid produced by the homoacetogenic pathway can be finally estimated through Equation (15). The term     H B u     is the molar flow of butyric acid,     H P r     is the molar flow of propionic acid, and     H C a     is the molar flow of caproic acid. The term         H   2       t     (Equation (14)) represents the total molar flow of hydrogen produced and was replaced by         H   2       E     (Equation (15)), which is the molar flow of hydrogen measured experimentally. It is worth mentioning that this approach does not include additional pathways, which might have contributed to hydrogen production and/or acetate consumption, such as the reverse β-oxidation of acetate into butyrate assisted by lactate [36] and capnophilic lactic fermentation [37]. Nevertheless, the assessment provides a good understanding on both the occurrence of homoacetogenesis and evolution of hydrogen.


     C   6     H   12     O   6   +   2 H   2   O →   2 C H   3   C O O H +   4 H   2   +   2 C O   2      ∆   G   0   = − 206.0   k J   



(R1)






     4 H   2   +   2 C O   2   →   C H   3   C O O H +   2 H   2   O    ∆   G   0   = − 104.0   k J   



(R2)






    H A c   =     H A c       H   2     +     H A c     H c    



(13)






        H   2       t   = 2     H A c       H   2     + 2   H B u   −   H P r   − 4     H A c     H c   − 6   H C a    



(14)






      H A c     H c   =   2     H A c       H   2     + 2   H B u   −   H P r   − 6   H C a   −       H   2       E     6    



(15)









3. Results and Discussion


3.1. Simulated and Experimental SOLR


The SOLR was estimated for 100 days of continuous operation in both reactors, as presented in Figure 2 (black dashed line). A SOLR of 6 g sucrose g−1 VSS d−1 was reached around day 10 in the packed-bed reactor and around day 20 in the structured-bed reactor. Thus, a sample of 200 mL from the bottom was dragged in each reactor on days 10 and 26, respectively. The VSS concentrations were 11.8 g L−1 and 21.6 g L−1 in the packed-bed and structured-bed reactors, respectively (Figure 3a). Subsequently, discharges were simulated as shown in Figure 2 (green line), in order to maintain a steady SOLR.



After 103 days of continuous operation, both reactors were disassembled, and the total biomass produced was obtained (Table 2). Compared with the initial considerations in Table 1, the percentage of the biomass washed out in the effluent stream was coincident in the packed-bed reactor, and 9% less in the structured-bed reactor. That observation was related to the up-flow feeding mode, which decreases the natural biomass wash out compared with the down-flow mode. The flow of washed-out biomass (Figure 3c,d) was approximately constant, with a slight increase in the structured-bed reactor between days 35 and 65. That is, the biomass washed out from the structured-bed reactor was just 2.2% higher than that observed in the packed-bed reactor. Considering the retained fraction of biomass, the attached biomass corresponded to 7.2% of the total biomass in the packed-bed reactor against 3.8% in the structured-bed reactor, indicating a better adhesion property of the irregular cylinder-shaped particles than the regular ones. On the other hand, around 21% of the total produced biomass was removed by the discharges in both reactors. That is, the percentage of suspended biomass was not affected by the differences in the bed arrangement.



The sedimentation of biomass in the bottom was shown to be decreasing in both reactors, as presented in Figure 3a,b. Consequently, the volume of the experimental discharges was increased in order to remove biomass enough to reach the stated SOLR, from 200 mL to the useful volume of each reactor (Figure 3a,b). That is, discharges embraced all the settled biomass and eventually suspended biomass when the volume of the discharge was equal to the useful volume of the reactor. With the new data, experimental SOLR was calculated, as presented in Figure 2 (blue line). Although discharges attenuated the drop of the SOLR in both reactors, those were not enough to reach the adequate value. That is, for increasing SOLR, forced biomass detachment may be required. In any case, the curves of the experimental SOLR and the estimated SOLR with periodic discharges in the structured-bed reactor (Figure 2b) showed a greater proximity, indicating that controlling the amount of biomass may be more easily achieved in that system. The conformation of the bed, which provides a higher porosity, most likely facilitates the forced removal of microbial biomass. However, excess removal of biomass may negatively impact the performance of fermentation, as discussed in Section 3.2.




3.2. Hydrogen Production


The profile of hydrogen production and overall performance were markedly different for both reactors as presented in Figure 4. The stability criterion was based on a standard deviation of less than 25% in at least one of the following parameters: volumetric hydrogen production (VHP), hydrogen yield (HY), or sucrose conversion efficiency (SCE). The packed-bed reactor reached the total conversion of sucrose on approximately day 15, with subsequent instability by 15 days (Figure 4c). The steady state was assumed from day 30 onwards, with an SCE of 89 ± 7% (Table 3). However, the conversion efficiency showed a slight decreasing tendency, which coincided with the frequent biomass discharges. Hydrogen and carbon dioxide were produced from the first day of operation, with average molar fractions of 62 ± 2% and 38 ± 2%, respectively, during the entire operating time. Methane was not detected, which shows an efficient selection of strictly hydrolytic/fermentative bacteria during the inoculum preparation. During the steady-state period, VHP was kept continuous at 2.2 ± 0.2 L H2 L−1 d−1 (Table 3), with an associated HY of 1.6 ± 0.4 mol H2 mol−1 converted sucrose (Table 3), whereas the SOLR was maintained between 4.1 and 2.2 g sucrose g−1 VSS d−1.



On the other hand, the sucrose conversion efficiency achieved a maximum of 80% on day 25 in the structured-bed reactor (Figure 4f). The steady-state was considered from day 40 onwards. However, the sucrose conversion fluctuated at 61 ± 10% (Table 3), i.e., showing a coefficient of variation of ca. 17%. Similarly to the packed-bed reactor, hydrogen with carbon dioxide was produced from the first day of operation, with average molar fractions of 65 ± 4% and 35 ± 4%, respectively, and methane was not detected. However, the VHP peaked at 3.2 L H2 L−1 d−1 on day 12 and reached a mean value of 3.1 ± 0.1 L H2 L−1 d−1 for only ten days (Figure 4d). Subsequently, biogas production decreased constantly until nearly 1.0 L H2 L−1 d−1 on day 40. A hypothesis was proposed that the relatively low SOLR (3.1 ± 0.4 g sucrose g−1 VSS d−1) between days 26 and 39 resulted in a decrease in biogas production. However, this period coincided with the beginning of the periodic biomass discharges on day 26, when the decline in the SCE was also observed, indicating that, in this case, discharges were harmful to the overall performance.



It is remarkable that, although the SOLR was lower than the optimum value (≈6 g sucrose g−1 VSS d−1), the biogas production was uninterrupted. This result is opposite to the ones observed in previous experiences with packed-bed reactors, in which the production of hydrogen did not achieve a steady-state behavior, as presented in Table 4. In most cases, hydrogen production continuously decreased after an initial peak, with eventual complete cessation after a short period. Noteworthy, the steady VHP reached in this work using the packed- and structured-bed reactors was, respectively, almost four-fold and two-fold higher than the value reported using bed structuration and flow inversion as improving strategies [13]. Furthermore, eventual discharges of biomass were shown to favor the recovery of hydrogen but were not enough to maintain continuous production [28]. Despite the unsatisfactory control of the SOLR, as discussed in Section 3.1, the controlling biomass discharges most likely positively impacted the hydrogenogenic activity, once no enhanced fermentative activity losses were observed. The low porosity of the bed most likely retained a “back-up amount of biomass” which was capable of maintaining the hydrogen production regardless of the biomass losses.



Differently from the packed-bed reactor, the amount of biomass retained in the structured bed most likely was not capable of offsetting the suspended biomass losses triggered by the discharges. Comparatively, the amount of attached biomass quantified in the packed-bed reactor (15,504 mg VSS; Table 2) was roughly 50% higher than that attached in the structured-bed system (10,207 mg VSS; Table 2), which corroborates this hypothesis. Moreover, the amount of suspended biomass discharged from the structured-bed reactor (60,798 mg VSS; Table 2) exceeds that of the packed-bed one (46,429 mg VSS; Table 2) by 30%. Recent studies on the dark fermentation of sugarcane molasses using structured-bed reactors showed that carbohydrate conversion occurs primarily in the feeding chamber of the reactors [26]. Hence, the periodic biomass discharges most likely hindered the growth of the primary fermenters in the structured-bed reactor assessed in this study.




3.3. Soluble Fermentation Products (SFP)


The SFP indicated the microbial pathways. In both reactors, sucrose was converted mainly into acetic and butyric acids and ethanol but with different production spectra, as presented in Figure 5 (temporal profiles) and summarized in Table 5. Secondarily, propionic and caproic acids were observed in concentrations lower than 100 g COD L−1. Butyric acid dominated the transient state in the packed-bed reactor (Figure 5a). However, acetic acid achieved 24% of the converted COD during steady-state operation (Table 4), indicating a shift in the prevailing pathway. Conversely, no preferential metabolic pathway was observed in the structured-bed reactor during the transient stage, with the production of similar concentrations of acetic and butyric acids and ethanol (Figure 5). Subsequently, ethanol production increased, reaching 20% of the COD converted during the steady-state operation (Table 5).



Acetic and butyric acids and ethanol have been related to hydrogen production from several substrates [15,38]. Ferreira et al. [39] observed that sucrose was converted mainly into acetic acid (between 31% and 46%), butyric acid (between 0.5% and 21%), and ethanol (23%) in an anaerobic fluidized bed reactor studied to obtain hydrogen from synthetic wastewater (5 g COD L−1) under different HRTs (1–8 h). When assessing the hydrogen production from cassava starch wastewater (8 g COD L−1) in a fixed-bed reactor, Torres et al. [25] observed acetic acid (180–587 mg L−1), butyric acid (275–672 mg L−1), and ethanol (97–925 mg L−1) as the main metabolites. Similarly, Fuess et al. [28] observed a mean production of acetic acid of 1355 mg L−1 and butyric acid of 1378 mg L−1 concomitantly with the hydrogen production from sugarcane stillage. However, a fraction of those SFP (except for butyric acid) could have been produced through hydrogen-consuming or even non-hydrogen-producing pathways, such as homoacetogenesis or ethanol-type fermentation from sugars [9].



On the other hand, propionic and caproic acid production is directly related to hydrogen consumption, according to R3 and R4, respectively [12]. The production of propionic acid in both reactors started on day 10th with ca. 20 mg COD L−1, after which an increasing pattern was observed up to ca. 80 mg COD L−1 (Figure 5c,d). In addition, traces of caproic acid were observed during the transient stage in the packed-bed reactor, and later with a mean concentration of 24 ± 7 mg COD L−1 from day 35 onwards (Figure 5c). Meanwhile, caproic acid was identified between days 28 and 76 in the structured-bed reactor, showing a mean concentration of 12 ± 3 mg COD L−1. After that, caproic acid was not detected anymore. Different from the primary SFP, the production of propionic and caproic acids started once their precursors started to build up in the bulk liquid. That is, the accumulation of H2 and butyric acid affected the microbial community, which led to the formation of secondary SFP [40]. A marked decrease in the hydrogenogenic activity was observed by Fuess et al. [28] with the concomitant report of propionic acid production (ca. 720 mg L−1), which could have inhibited acetic acid production. Menezes et al. [14] and Ferreira et al. [39] reported higher percentages of influent COD conversion into propionic acid in comparison with this work, with values ranging between 8 and 23% and 14 and 48%, respectively. Caproic acid, observed with less frequency in this study, has been related to the use of H2 as an electron donor, accounting for 16% [39] and between 3% and 56% [41] of the available COD in previous studies.


     C   6     H   12     O   6   +   2 H   2   →   2 C H   3     C H   2   C O O H +   2 H   2   O    ∆   G   0   = − 279.4   k J   



(R3)






     C H   3         C H   2       2   C O   O   −   +   2 C O   2   +   6 H   2   →   C H   3         C H   2       4   C O   O   −   +   4 H   2   O    ∆   G   0   = − 143.3   k J   



(R4)








3.4. Hydrogen Consumption


Figure 6 depicts the fraction of homoacetogenesis-derived acetic acid in both reactors. The contribution of homoacetogenesis to acetate production peaked at 37% during the transient state in the packed-bed reactor (Figure 6a), with a subsequent drop, which was consistent with the beginning of the biomass discharges. During the steady-state period, such a fraction was kept at ca. 19 ± 4% (Figure 6a). During the peak of hydrogen production in the structured-bed reactor, the percentage of homoacetogenesis-derived acetic acid was 13 ± 4% (Figure 6b); however, after the peak, this percentage showed a slight but constant increase up to 30%.



Homoacetogenesis has been observed in several types of biohydrogen-producing reactors subjected to different operating parameters and substrates. De Menezes and Silva [14] verified homoacetogenesis between 39% and 50% in expanded granular sludge bed (EGSB) reactors while assessing hydrogen production from sugarcane juice (5, 10, and 15 g COD L−1) under HRT values decreasing from 24 h to 1 h. The authors indicated that there was no relation between the HRT or substrate concentration and the occurrence of homoacetogenesis, which occurred in all operational conditions. Castelló et al. [15] observed that more than 30% of the acetic acid production was derived from the homoacetogenic pathway in a hydrogen-producing continuous stirred tank reactor (CSTR) fed with raw cheese whey. Using specific real-time PCR (fthfs genes/ng DNA or fthfs genes/L) targeting the quantification of homoacetogens, the authors confirmed the presence of the functional gene in the community. Homoacetogenesis was related to the existence of Clostridium ljungdahlii in up-flow anaerobic sludge blanket (UASB) and packed-bed (PBR) reactors under low HRT (<8 h) [42]. A relation between homoacetogenesis and CO2 proportion in the headspace was described by Zheng et al. [43]. Fermentative experiments carried out under CO2 proportions of 0%, 25%, 50%, 75%, and 100% showed that hydrogen consumption by homoacetogens was lower than 50% in CO2 proportions of 25% and 50%. Furthermore, it was observed that for those cases, the propionic acid proportion was higher than in the other CO2 concentrations, from which it was supposed that homoacetogens might have been inhibited by the propionic-producing bacteria. Anyway, the hydrogen consumption was unavoidable.



Previously, Anzola-Rojas and Zaiat [13] verified that the homoacetogenesis percentage was constant (ca. 60%) in down-flow structured-bed reactors using polyethylene, polyurethane foam, and ceramic as support materials for biomass attachment. Such an observation was related to the excess biomass accumulation, which resulted in decreasing SOLR values that triggered shifts in the microbial pathways. In this study, with the intensive biomass discharges, homoacetogenesis was markedly reduced compared with the previous study. However, the adopted strategy was not enough to completely inhibit homoacetogens. These results were compatible with the findings of Montoya-Rosales et al. [40], who suggested that the homoacetogenesis phenomenon coexists in hydrogen-producing mixed cultures. Furthermore, the authors claimed that homoacetogens can persist under different operational conditions even at low relative abundance [21,40].




3.5. Unreleased Hydrogen—Where Is the Hydrogen?


After estimating the theoretical hydrogen         H   2       t     taking into account the pathways of production and consumption of hydrogen, the relation         H   2       E   /       H   2       t     is presented in Figure 6. Noteworthily, during the steady state, the experimental hydrogen corresponded to 67% and 46% of the theoretical hydrogen in packed-bed and structured-bed reactors, respectively. In other words, Ca. 33% and 54% of hydrogen produced did not evolve to the gaseous phase in the packed-bed and structured-bed reactors, respectively. That is, biogas composed of hydrogen and carbon dioxide remained dissolved in the bulk liquid. Thus, because microorganisms can only take up gaseous substrates in their dissolved form [44], the occurrence of dissolved hydrogen could facilitate its consumption [45,46]. Noteworthily, the fraction of hydrogen released was inversely proportional to the homoacetogenic activity. Furthermore, the proportion of hydrogen trapped in the liquid phase during the steady-state period reached 54 ± 9% in the structured-bed reactor, which could have triggered ethanol production and, consequently, the low VHP (Figure 4d). Similarly, Zhang et al. [38] observed that the supersaturation of hydrogen led to low hydrogen yields, poor glucose degradation, and higher molar ratios of ethanol/(acetate + butyrate).



The supersaturation of hydrogen in the liquid phase occurs when the hydrogen production rate is higher than the gas–liquid mass transfer rate [47]. Pauss et al. [48] observed that in an anaerobic process, the H2 concentration in the liquid phase can reach 80-fold the thermodynamic equilibrium. It is noticeable that the proportion of hydrogen released was directly related to the bed arrangement in this study. A mixing regime more vigorous of the packed-bed reactor compared with the structured bed could have enhanced the gas–liquid mass transfer. Palomo-Briones et al. [45] concluded that the conditions of the mass transfer, i.e., measured by determining the volumetric mass transfer coefficient (    K   L   a  ), can control the accumulation of hydrogen, as well the overall performance of the reactors and influence the metabolic pathways and microbial community. The authors confirmed that the increase in the     K   L   a   from 1.04 to 4.23 L h−1 improved the butyrate yield from 0.31 to 0.5 mol mol−1 hexose, consequently, the VHP increased from 4.4 to 7.6 L H2 L−1 d−1.




3.6. Future Perspectives


The results presented herein indicated that controlling the amount of biomass retained in fixed-bed reactors is required to achieve continuous hydrogen production levels, regardless of the bed arrangement. However, there were notable differences between the overall performance of the packed-bed and structured-bed systems (Table 3) as a result of different factors, such as the bed porosity and hydrodynamic patterns, as well as the diversity of the microbial communities established in the reactors (although microbial community characterization was not carried out, the different metabolite profiles obtained suggested the favoring of different microbial groups). On the one hand, the packed-bed reactor presented higher biomass retention levels (Section 3.1) and a better mixing regime compared with the structured bed (Section 3.4). However, despite the scheduled bottom biomass discharges, the amount of attached biomass is still excessive to achieve the optimal SOLR in that kind of bed arrangement. On the other hand, the actual structured arrangement of the bed could present a mixing regime ineffective for the liquid–gas mass transfer. Furthermore, a previous study utilizing a structured bed system indicated a non-uniform microbial diversity along the bed, with hydrogen producers prevailing mainly in the feeding compartment [26]. The bottom biomass discharges may have adversely impacted such hydrogen-producing bacteria in this study. Therefore, hydrodynamic assays investigating other types of bed configurations that include variations in the size and shape of the media, and even the media arrangement can be required. Such assays should be directed to optimize both the bed porosity and mixing regime, maintaining a uniform microbial diversity along the bed. These optimized factors could allow biomass control by scheduled discharges with longer time intervals, minimizing any microbial diversity alteration. Other studies can include analysis and better characterization of the solids retained and washed out from the reactor because the SOLR is usually presented in terms of VSS without any differentiation between cells and extracellular polymeric substances.





4. Conclusions


The success in utilizing scheduled bottom biomass discharges as a strategy to continuously control the specific organic loading rate in fixed-bed dark fermentation reactors was demonstrated to be dependent on the bed arrangement. Continuous hydrogen production (2.2 L H2 L−1 d−1 during steady-state operation) was achieved in the packed-bed reactor, most likely because the biomass attached to the bed offset the periodic losses of suspended biomass. Meanwhile, these biomass losses negatively affected the hydrogen production in the structured-bed system (1.0 L H2 L−1 d−1 during steady-state operation) because of the lower biomass retention capacity of the structured bed. The establishment of homoacetogenesis was controlled to a certain extent with this strategy, corresponding to no more than 20–30% of the acetogenic activity under steady-state operation in both reactors. The online control of biomass concentration in fermentative fixed-bed reactors is still a challenge, and further refining the approach is required, such as better characterizing the composition of VSS and carrying out online determinations of VSS concentrations. On the other hand, hydrodynamic assays could be useful for optimizing bed arrangement and mixing regime and, consequently, the biomass distribution.
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Figure 1. Anaerobic up-flow fixed-bed reactors (A) cylinder-shaped particles of recycled low-density polyethylene used for bed packing; (B) regular-shaped cylinders of recycled low-density polyethylene used for bed structuring. 
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Figure 2. Simulated and experimental SOLR in the (a) packed-bed and (b) structured-bed reactors. 






Figure 2. Simulated and experimental SOLR in the (a) packed-bed and (b) structured-bed reactors.



[image: Fermentation 10 00213 g002]







[image: Fermentation 10 00213 g003] 





Figure 3. Biomass exiting from reactors: (a,b) VSS concentration of discharges (VSSd) and volume of each discharge (Vd), and (c,d) VSS mass flow         w  ˙    x      . 
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Figure 4. Hydrogen production and sucrose conversion in the packed-bed and structured-bed reactors: (a,d) volumetric hydrogen production (VHP) and specific organic load rate (SOLR), (b,e) hydrogen yield (YH2), and (c,f) sucrose conversion efficiency (SCE). 
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Figure 5. Soluble fermentation products (SFP) detected in the packed-bed and structured-bed reactors during transient and steady-state periods: (a,b) primary SFP and (c,d) secondary SFP. 
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Figure 6. Fraction of acetic acid produced via homoacetogenesis, and fraction of the experimental hydrogen compared with the theoretical production from SFP in the (a) packed-bed reactor and (b) structured-bed reactor. 
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Table 1. Operational features considered for estimating SOLR and scheduling biomass discharges.
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Features of Reactors

	
Value

	
Reference






	
    Y   x / s     for sucrose as substrate

	
0.06 g VSS g−1 consumed sucrose

	
[13]




	
Substrate concentration

	
1.79 g sucrose L−1

	
This work




	
HRT

	
2 h

	
This work




	
Packed-bed reactor




	
Useful volume

	
2.8 L

	
This work




	
Flow

	
1.4 L h−1

	
This work




	
Substrate conversion (as sucrose concentration)

	
80%

	
[20]




	
Biomass washed out in the effluent

	
70%

	
[20]




	
Structured-bed reactor




	
Useful volume

	
3.6 L

	
This work




	
Flow

	
1.8 L h−1

	
This work




	
Substrate removal (as sucrose concentration)

	
70%

	
[13]




	
Biomass washed out in the effluent

	
81%

	
[13]








Nomenclature:     Y   x / s    —biomass growth per consumed substrate factor, HRT—hydraulic retention time.













 





Table 2. Biomass and substrate count at the end of the continuous operation of both reactors for determining the index     Y     x   s       and percentages of retained and washed-out biomass.
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	Biomass/Substrate Count
	Packed-Bed Reactor
	%
	Structured-Bed Reactor
	%





	Retained in the reactor (mg)
	67,417
	
	78,507
	



	Attached (mg)
	15,504
	7.1
	10,207
	3.8



	Suspended (mg)
	5760
	2.7
	7502
	2.8



	Discharged frequently (mg)
	46,429
	21.4
	60,798
	22.5



	Washed out from the reactor (mg)
	149,612
	68.8
	192,282
	71.0



	Total produced biomass (mg)
	217,305
	-
	270,789
	-



	Total converted sucrose (mg)
	5,000,691
	-
	4,505,748
	-



	  Index     Y     x   s       (g VSS g−1 sucrose)
	0.043
	-
	0.060
	-










 





Table 3. Overall performance of the reactors during steady-state conditions a according to the sucrose conversion.
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Parameter

	

	
Packed-Bed Reactor

	
Structured-Bed Reactor




	
Peak

	
Steady






	
Biogas composition

Molar fraction (%)

	
H2

	
62 ± 2

	
66 ± 1

	
65 ± 4




	
CO2

	
38 ± 2

	
34 ± 1

	
35 ± 4




	
Volumetric hydrogen production—VHP

(L H2 L−1 d−1)

	
Min.

	
1.3

	
3.0

	
0.5




	
Max.

	
3.2

	
3.2

	
1.6




	
Ave.

	
2.2 ± 0.4

	
3.1 ± 0.1

	
1.0 ± 0.3




	
St. dev. (%)

	
16

	
1.6

	
30




	
Hydrogen yield—HY

(mole H2 mol−1 sucrose)

	
Min.

	
0.8

	
2.0

	
0.4




	
Max.

	
2.4

	
2.5

	
1.7




	
Ave.

	
1.6 ± 0.3

	
2.3 ± 0.1

	
0.9 ± 0.3




	
St. dev. (%)

	
24

	
5

	
30




	
Sucrose conversion efficiency—SCE

(%)

	
Min.

	
72

	
62

	
43




	
Max.

	
100

	
77

	
80




	
Ave.

	
89 ± 6

	
68 ± 4

	
61 ± 9




	
St. dev. (%)

	
7

	
5

	
15




	
SOLR

(g sucrose g−1 VSS d−1)

	
Min.

	
2.2

	
3.6

	
3.0




	
Max.

	
3.8

	
5.9

	
4.9




	
Ave.

	
2.8 ± 0.3

	
4.6 ± 0.8

	
3.7 ± 0.4




	
St. dev. (%)

	
11

	
17

	
12








Note: a packed-bed: from day 30 onwards; structured-bed reactor: from day 40 onwards.













 





Table 4. Comparative data regarding hydrogen production in fixed-bed reactors.
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Ref.

	
Fixed-Bed Arrangement/Material (Void Index)

	
Substrate

	
Assessed Condition

	
OLR

(g L−1 d−1)

	
Substrate Conversion (%)

	
YH2

(mol H2 mol−1

Substrate)

	
VHP

L H2 d−1 L−1

	
Steady State Not/Yes

(Highlights)






	
Anzola-Rojas et al. [20]

	
Packed-bed

RLDP (60%)

	
Synthetic wastewater based on sucrose

	
C/N = 40

	
24

	
88.4 ± 5.3

	
1.7 *

	
ND

	
NOT

(Continuous decrease in H2 production)




	
C/N = 90

	
92.7 ± 7.1

	
3.1 *

	
ND




	
C/N = 140

	
88.5 ± 5.1

	
3.5 *

	
ND




	
C/N = 190

	
89.5 ± 9.7

	
2.9 *

	
ND




	
Anzola-Rojas et al. [13]

	
Structured-bed and down-flow

RLPD (85%)

PF (70%)

Ceramic (72%)

	
Synthetic wastewater based on sucrose

	
RLPD

	
24

	
70 ± 11

	
0.4 ± 0.2

	
0.5 ± 0.2

	
YES




	
PF

	
24

	
71 ± 10

	
0.5 ± 0.2

	
0.6 ± 0.3

	
YES




	
Ceramic

	
24

	
58 ± 14

	
0.1 ± 0.2

	
0.2 ± 0.2

	
NOT (H2 production ceased completely after 60 d)




	
Same as above with eventual biomass discharges

	
Synthetic wastewater based on sucrose

	
RLPD

	
24

	
64 ± 11

	
0.6 ± 0.2

	
0.6 ± 0.2

	
YES




	
PF

	
24

	
66 ± 9

	
0.6 ± 0.3

	
0.6 ± 0.3

	
YES




	
Ceramic

	
24

	
48 ± 11

	
0.3 ± 0.2

	
0.3 ± 0.2

	
YES




	
Fuess et al. [28]

	
Packed-bed

Small pieces of RLPD (65%)

	
Sugarcane stillage

	
High OLR

Eventual biomass discharges

ph control between 5.1 and 5.2

	
84.2

	
64 ± 10

	
1.5 ± 1.1

	
0.8 ± 0.6

	
NOT

(H2 production recovered after operational strategies)




	
Blanco et al. [23]

	
Structured-bed

RLDP (ND)

	
Synthetic wastewater based on sucrose

	
COD/Ca =

4423

	
24

	
54 ± 12

	
0.3 ± 0.6

	
0.6 ± 0.6

	
NOT

(Continuous decrease in H2 production)




	
2079

	
56 ± 15

	
0.6 ± 0.6

	
1.2 ± 0.5




	
1357

	
57 ± 16

	
1.4 ± 1.2

	
1.4 ± 0.6




	
1012

	
61 ± 15

	
1.2 ± 1.1

	
1.3 ± 0.4




	
884

	
64 ± 15

	
0.2 ± 0.2

	
0.8 ± 0.4




	
632

	
67 ± 13

	
0.5 ± 0.4

	
1.3 ± 0.6




	
Torres et al. [25]

	
Structured-bed

RLDP (ND)

Bamboo stems

(ND)

	
Cassava starch wastewater

	
RLDP

	

	
95 ± 3

	
0.2

	
0.22

	
NOT

(Continuous decrease in H2 production)




	

	
92 ± 10

	
0.8

	
0.25




	
Bamboo stems

	

	
93 ± 11

	
0.15

	
0.17




	

	
93 ± 6

	
0.31

	
0.14




	
Corbari et al. [27]

	
Structured-bed

RLDP

(76%)

	
Cassava starch wastewater

	
Anaerobic Sludge

	
10

	
95 ± 3

	
0.2 ± 0.2

	
0.2 ± 0.2

	
NOT

(Continuous decrease in H2 production)




	
20

	
90 ± 9

	
0.2 ± 0.2

	
0.5 ± 0.4




	
Natural fermentation

	
20

	
88 ± 12

	
0.3 ± 0.4

	
0.6 ± 0.5




	
This work

	
Packed-bed (50%)

Structured-bed (85%)

	
Synthetic wastewater based on sucrose

	
Controlled biomass discharges

	
24

	
89 ± 6

68 ± 4

	
1.6 ± 0.3

0.9 ± 0.3

	
2.2 ± 0.4

1.0 ± 0.3

	
YES








OLR: organic loading rate; * maximum values reported as potential; PF: polyurethane foam; RLDP: recycled low-density polyethylene.













 





Table 5. Average concentration of the soluble fermentation products (SFP) equivalent in COD (COD eq.) during steady-state operation in the packed-bed and structured-bed reactors and during the peak of hydrogen production in the structured-bed reactor.
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SFP

	
Steady State

	
Peak




	
Packed-Bed Reactor

(mg COD L−1)

	
COD Eq. (%)

	
Structured-Bed Reactor

(mg COD L−1)

	
COD Eq.

(%)

	
Structured-Bed Reactor

(mg COD L−1)

	
COD Eq. (%)






	
Primarily SFP




	
Acetic acid

	
455 ± 87

	
24%

	
289 ± 92

	
16%

	
214 ± 27

	
12%




	
Butyric acid

	
212 ± 32

	
12%

	
166 ± 31

	
9%

	
293 ± 32

	
16%




	
Ethanol

	
344 ± 76

	
18%

	
364 ± 127

	
20%

	
256 ± 54

	
14%




	
Secondary SFP




	
Propionic acid

	
61 ± 15

	
3%

	
50 ± 19

	
3%

	
18 ± 3

	
1%




	
Caproic acid

	
24 ± 7

	
1%

	
12 ± 3

	
1%

	
-

	
-
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