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Abstract

:

Raspberry ketone (RK) has high commercial value in the food and healthcare industries. A biological route to this flavour compound is an attractive prospect, considering the need to meet consumer demands and sustainable goals; however, it is yet to become an industrial reality. In this work, fungal production of raspberry ketone (RK) and raspberry compounds (RC) via submerged fermentation of Nidula niveo-tomentosa was characterized in flask, stirred-tank reactor (STR), panel bioreactor (PBR), and fluidized bed reactor (FBR) configurations. The results indicate that the panel bioreactor resulted in larger, floccose pellets accompanied by maximum titres of 20.6 mg/L RK and 50.9 mg/L RC. The stirred-tank bioreactor with impeller mixing yielded compact elliptical pellets, induced the highest volumetric productivity of 2.0 mg L−1 day−1, and showed RK selectivity of 0.45. While differing mixing strategies had clear effects on pellet morphology, RK production presented a more direct positive relationship with cultivation conditions, and showed appropriate mixing and aeration favour RK to raspberry alcohol (RA). Overall, this paper highlights the importance of bioreactor design to fungal fermentation, and gives insight into green and industrial bioproduction of value-added natural compounds.
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1. Introduction


Bioproduction of natural and value-added compounds via cleaner pathways such as fermentation and enzymatic catalysis enables the sustainable, efficient, and purposeful production of desired chemicals [1,2]. For instance, 4-(4-hydroxyphenyl)-butan-2-one, commonly known as raspberry ketone (RK), is an important component of raspberry flavour that has been widely used in food and healthcare industries [3,4]. However, RK extraction from natural plants/fruits such as raspberries, blackberries, grapes and rhubarb is still limited by low yields (ranging from 1.1 to 4.2 mg/kg), although the price of natural RK can be as high as $20,000/kg [5]. Meanwhile, chemical synthesis can effectively stimulate RK production, but associated issues such as high energy inputs, unexpected by-products and serious environmental threats limit our ability to meet the requirements of clean and carbon-negative production [6,7].



Recently, researchers have attempted to seek more sustainable sources of bioderived RK through microbial or enzymatic methods, which qualify as natural products according to the EC Flavour Directive [8]. For instance, Andreas Boker, et al. [9] used the basidiomycete Nidula niveo-tomentosa to demonstrate a maximum yield of 200 mg/L of raspberry compounds (the mixture of RK and its alcohol by-product) in optimized media with supplied aromatic precursors of L-phenylalanine or L-tyrosine. Similarly, microbial production of natural RK from p-coumaric acid in heterologous systems such as Escherichia coli (5 mg/L) and Saccharomyces cerevisiae (trace amounts) has also been demonstrated [10]. To date, RK bioproduction has typically been reported in small flask-scale submerged cell cultivation, where mass transfer and dissolved oxygen are expected to be limited, and this affects cell growth and process performance. Additionally, raspberry ketone has been observed to be subsequently transformed into Raspberry Alcohol (RA), which was confirmed by Zorn et al. [11], who used labelling studies of 13C-labeled L-phenylalanine and [1-13C] glucose to detect the biotransformation from RK into RA in submerged cultivation of Nidula niveo-tomentosa. If optimal production is going to be achieved in terms of RK production, an understanding of the relationship between cultivation conditions and process performance would be beneficial. For industrial applications, standard reactors are available for bacteria and yeast, whereas for fungal bioprocesses, no ideal bioreactor designs have been established for routine industry production [12,13]. Therefore, there is a need to determine an appropriate bioreactor design for scaling up to an industrial bioprocess.



Bioreactor systems such as stirred-tank reactors (STR), photobioreactors, airlift bioreactors, and fluidized bed reactors (FBR) have also been used widely for bioprocessing and bioproduction [14,15]. Unlike flask cultivation, bioreactor systems enable improved bioprocess control via agitation and/or aeration, thus achieving constant cultivation conditions and promoting biological production. For instance, in a stirred-tank reactor, increasing agitation minimizes the formation of the product’s concentration gradient [16,17], but the associated intensive mechanical stirring can induce high shear stress, which could result in adverse effects on the microorganisms, especially if they are shear-sensitive [18]. Airlift bioreactors and fluidized bed reactors can bring about mixing and mass transfer while avoiding mechanical stress, and are commonly used for aerobic cultivation conditions. However, the control of mixing using upward bubble movement leads to sedimentation or wash-out when the aeration rate is too low or too high, respectively [19,20]. Regardless, different agitation and aeration systems (i.e., mechanical agitation vs. airlift) have strong effects on fungal morphology (i.e., mycelia vs. pellet vs. clump formation). For instance, Taymaz-Nikerel et al. confirmed that aeration encouraged floccose pellet formation, but the higher agitation led to dense pellets with a compact pellet surface [21]. Similarly, the effect of agitation intensity on pellet morphology was also reported by Porcel et al. [22], who demonstrated that the diameter of Aspergillus terreus pellets decreased from 2300 µm to less than 900 µm when the agitation intensity increased from 300 rpm to more than 600 rpm in a stirred-tank fermenter. These changes in morphology can subsequently influence the fermentation performance and the related productivity [23]. However, the evidence on the impact of agitation intensity on total fungal biomass provided in the literature is debatable. Porcel et al. [22] demonstrated a biomass yield of 2 g/L for Aspergillus terreus regardless of the agitation speed (i.e., 300, to 600 and 800 rpm), suggesting that mixing had no effect on this response variable. In contrast, Amanullah et al. [24] argued that the biomass concentration increased with increasing agitation intensity in fed-batch cultures of Aspergillus oryzae, as hyphal shearing from the pellet surface allows subsequent fragments to reseed, forming new pellets [25]. Alternatively, it is possible that the differences observed from these studies could be due to the aeration changes, as high levels of dissolved oxygen have been widely acknowledged to lead to a high biomass concentration [26,27].



An understanding of the relationship between pellet morphology and bioprocess performance for a given fungal strain and target bioproduct is fundamentally important, especially for sustainable, high-efficiency and high-selectivity industrial production. In this paper, the impact of various reactor designs with different modes of mixing and aeration on RK production with Nidula niveo-tomentosa is determined. Fermentations were performed on three different bench-scale fermenters, namely a stirred-tank reactor (STR, 750 mL), a panel bioreactor (PBR, 400 mL), and a fluidized bed reactor (FBR, 1L), and compared to flask culture controls (48 mL). Understanding the relationship between reactor design, fungal morphology, and subsequent metabolite production will be of fundamental importance for improved RK production and the scaling up of sustainable production in future.




2. Material and Methods


2.1. Chemicals


The substrates for culture media were purchased from Sigma-Aldrich (Singapore), Merck (Darmstadt, Germany), Kento (Tokyo, Japan), 1st BASE (Gemini, Singapore), and BD (Miami, FL, USA). HPLC calibration standards, including RK, rhododendrol and L-phenylalanine, were purchased from Sigma-Aldrich (Shanghai, China). Solvents were purchased from VWR (Paris, France) and 1st BASE (Gemini, Singapore).




2.2. Microorganism and Cultivation


The Nidula niveo-tomentosa strain (CBS strain 380.80) was provided courtesy of the Zorn group from Leibniz University Hannover [28]. For long-term storage and preservation, culture stocks of the strains were kept at −70 °C with 15% (v/v) glycerol in 1 mL aliquots. Seed culture was prepared by adding one aliquot of thawed stock culture into 40 mL of culture medium. The culture medium contained 75 g/L glucose monohydrate, 6 g/L soy peptone, 1.5 g/L yeast extract, 2.5 g/L KH2SO4, 0.5 g/L MgSO4, 73.5 mg/L CaCl2•H2O. The seed culture was grown aerobically in 100 mL Erlenmeyer flasks in a MaxQTM 6000 shaking incubator (ThermoFisher Scientific, Waltham, MA, USA) at 150 rpm and 24 °C. The cultivation period of seed culture was 14 days for fungi proliferation and pelletization, after which the seed culture was homogenized aseptically at a speed of 10,000 rpm for 1 min using a T18 digital ULTRA-TURRAX® homogenizer (IKA, Staufen, Germany). The homogenized seed culture was then used for fungal inoculum. The homogenate inoculum was then added to flasks containing sterile culture media.




2.3. Experimental Design


To stimulate RK production, 10% (v/v) of filter sterilized phenylalanine (110 mM) was added to the fungi culture medium, and the cultures were irradiated using UV-A light with a photoperiod of 10 h UV light and 14 h dark. The blacklight UV tubes (F4T5BLB 352 mm × 6, SANKYO DENKI, Hiratsuka, Japan) were mounted on the top face of incubator for flask controls, or in a UV enclosure for bioreactors.




2.4. Flask Culture


The fungi culture medium consisted of 40 mL fresh medium, 4 mL of 110 mM phenylalanine and 4 mL of homogenized seed culture in a 100 mL Erlenmeyer flask. The flask’s culture was then cultivated in a MaxQTM 6000 shaking incubator (ThermoFisher Scientific, USA) with a rotational speed of 150 rpm at 24 °C for 5 weeks.




2.5. Stirred-Tank Reactor


A lab-scale stirred-tank reactor (Sartorius Stedim, Guxhagen, Germany) of 1 L capacity was used, with a working volume of 750 mL of fungi culture medium (625 mL of fresh medium + 62.5 mL of 110 mM phenylalanine and 62.5 mL of homogenized seed culture), at 25 °C. The agitation speed and aeration flowrate were maintained at 300 rpm and 0.15 v.v.m, respectively, while the pH of the bioreactor was not controlled but monitored using the inline system.




2.6. Panel Bioreactor


Fungal fermentation using a panel bioreactor (PBR) was carried out in an FMT 150/400 flat-panel photobioreactor (PSI Photon system Instruments, Drasov, Czech Republic), in which 400 mL of fungi culture medium was cultivated (Figure 1a), with aeration provided at a fixed gas flowrate of 0.15 v.v.m. and delivered via tubing (Ø 6/3 mm) through two headplate Luer connectors to reach a bottom-mounted stainless-steel U-tube sparger with aeration holes (Ø 1 mm). To facilitate mixing, as an option, a magnetic stirrer with 35 mm long (Ø 6 mm) teflon-coated magnets controlled by the computer-controlled monitoring device could be used to promote mixing and minimize the dead zone. Similarly, the PBR was also irradiated using the same UV-A light for 10 h daily during the fermentation period.




2.7. Fluidized Bed Reactor


The schematic diagram of the experimental setup for liquid–solid and liquid–gas–solid fluidization system (1 L in total volume) is shown in Figure 1b. This lab-scale fluidized bed reactor (FBR) comprised two sections: (a) a lower section, including liquid inlets on two sides, four base-mounted gas spargers (Ø 150 µm × 4) and a main column (5 × 5 cm in cross section, 20 cm in height); and (b) an upper head plate (5 × 5 cm in cross section, 5 cm in height) containing the gas/liquid outlet. The two sections were made of 3 mm thick quartz plates (Qudao Quartz Ltd., Lianyungang, China), and connected via flat flange plates. Each plate is fitted with an O-ring rubber gasket (to prevent liquid/gas leakage). Between the two flange plates, a stainless-steel mesh screen (40 µm mesh size) was inserted to prevent pellet washout during liquid discharge for pellet fluidization. Gas sparging is carried out through four gas inlets ports at the base, with glass capillary tubing (CM Scientific, Keighley, UK) of 3 mm and 150 µm outer and inner diameter, respectively. For the purpose of consistent comparison, an air supply rate of 0.15 v.v.m was employed. A more detailed summary showing the main operating conditions in the flask, STR, PBR, and FBR is listed in Table 1.




2.8. HPLC and YSI Analysis


The RK, RA, and phenylalanine concentrations were detected via high-performance liquid chromatography (HPLC), and then quantitively calculated based on the calibration curves. Briefly, mobile phase A was 0.1 M sodium acetate buffer, whose pH was adjusted to 4.66 by acetic acid, while mobile phase B was pure methanol. The analysis involved an Agilent 1260 Infinity LC System equipped with a ZORBAX, Eclipse Plus C18, 4.6 × 50 mm2, 5 µm column. For each sample, filtered culture media were injected into the C18 column (Agilent Technologies, Santa Clara, CA, USA), and conditions were as follows: injection volume, 20 µL; mobile phase flow rate, 0.5 mL/min; column temperature: 35 °C. A gradient method comprising 0.1 M sodium acetate buffer (mobile phase A) and pure methanol (mobile phase B) was applied as follows: 0–2.5 min 75% A/25% B, 2.5–9 min 60% A/40% B. The detection wavelength for RK and RA is 280 nm, and for phenylalanine is 290 nm. The RK/RA concentrations were determined from calibration curves obtained with commercial standards.



Glucose concentrations in culture media during the fungal fermentation were measured using a YSI 2900 Analyzer (Yellow Springs Instrument Inc, Yellow Springs, OH, USA), which reflected the glucose consumption by comparing the initial and real-time glucose concentrations in different fermentation periods. As the maximum glucose concentration in YSI 2900 that can be detected is 25 g/L, all the liquid samples were diluted with ultrapure water ten times before glucose concentration measurements. Therefore, it should be noted that the actual glucose concentration of liquid samples should be ten times larger than the values displayed on the YSI screen.




2.9. Other Characterizations


2.9.1. Biomass Determination


The final biomass, expressed as the dry weight (g/L) of fungal pellets, was obtained by filtering the contents of the flask/reactor through a pre-weighed filter paper with a Buchner funnel, thereafter drying the filter paper with the residue in a 55 °C drying oven (Binder FD 240, Germany) for 24 h. The weight of the dried residue was regarded as the pellet dry weight.




2.9.2. Pellet Morphology


After the fermentation, pellet samples were collected from different bioreactors and subsequently transferred from the flask into Petri dishes for photographic image acquisition using a Scan 1200 (Interscience, Saint-Nom-la-Bretèche, France) colony counter. Pellet size and sphericity were measured using the Analyze-Particles function in ImageJ software [19,29].






3. Results and Discussion


3.1. Pellet Morphology and Biomass Distribution


To determine how the growth and morphology of filamentous fungi in submerged cultures is influenced by the bioreactor design and corresponding operating conditions, pellet morphologies of Nidula niveo-tomentosa were characterized during the 4-week fermentation in flask, STR, PBR, and FBR. As shown in Figure 2a, fungi species in flasks grew into compact pellets surrounded by hyphae, which exhibited the smallest size (2.27 ± 0.48 mm) but the highest sphericity (0.88 ± 0.06) compared to those grown in STR, PBR, and FBR. Interestingly, while the fungal pellets in the STR (Figure 2b) were also compact pellets similar to flask culture, they showed an elliptical nature, (3.16 ± 1.80 mm in diameter, 0.62 ± 0.17 mm in sphericity), and lacked a hyphal fringe. Thus, impeller-based agitation (300 rpm) of the STR had more impact on pellet sphericity than the pellets’ size. Figure 2c,d indicate the pellets’ morphologies in PBR and FBR, respectively. Both PBR and FBR had a gas flowrate of 0.15 v.v.m to suspend the pellets, but the main difference between PBR and FBR was the involvement of the magnetic stirrer in PBR, which mitigated the dead zone and improved mass transfer. However, mechanical stress from the magnetic stirrer could induce the pellets’ breakage, which was not observed in the FBR due to the absence of mechanical stirring.



As a result, the FBR showed a noticeable increase in pellet diameter (7.49 ± 1.83 mm) and sphericity (0.83 ± 0.08) compared to the pellets in PBR (4.43 ± 1.35 mm in diameter, 0.75 ± 0.10 in sphericity (Figure 2c–e). Enlargement of pellet morphology as a result of continuous gas flow in FBR designs has also been reported by Moreira et al. [30], who compared the effects of a pulsed flow and a non-pulsed system on fungal pellet morphology, confirming that a fluidized bed bioreactor without pulse treatments led to bigger pellet sizes for Aspergillus niger and Phanerochaete chrysosporium. Therefore, in using improved upward flow and minimal bubble disturbance, the FBR represents an improved design compared to the PBR, overcoming the need for magnetic stirring while avoiding bubble rupture disturbance, thereby maintaining pellet integrity.



Despite differences in morphology, the total biomass was surprisingly unchanged regardless of the cultivation system. As can be seen in Figure 2f, after 4 weeks of fermentation, the culture final dry weight reached 13.5 ± 1.0, 13.4 ± 0.2, 14.6 ± 0.5 and 13.3 ± 0.1 g/L in the flask culture, STR, PBR, and FBR, respectively, suggesting that under mixing conditions of 300 rpm agitation speed or 0.15 v.v.m gas flowrate, no comparable differences can be observed in the final obtainable biomass growth. This consistency in final biomass yields suggests that there was no limitation on growth in terms of dissolved oxygen or substrate availability. A more comprehensive study on fungal biomass growth rate is needed to confirm the relationship between fungal biomass and dissolved oxygen. In this work, it can be seen that fungal pellet morphology differs substantially between gas-mixed and impeller-agitated systems. As summarized in Figure 2g, gas mixing gives rise to expanded, low-density floccose pellets, in comparison to dense smooth pellets under mechanical mixing; however, these differences do not have any impact on the attainable biomass concentration.




3.2. Production of Raspberry Compounds and Glucose Uptake


While no difference was observed in total biomass across the systems tested, pellet morphology varied substantially according to bioreactor design, and thus the relationship between RK production, bioreactor conditions, and pellet morphology was investigated. As shown in Figure 3a, RK in flask, STR, and FBR reached maximum values of 13.7 ± 1.2 mg/L, 18.9 ± 0.7 mg/L and 7.4 ± 0.1 mg/L at week 2.5, week 3 and week 2.5, respectively, while RK in PBR kept increasing to a highest point of 20.6 ± 0.7 mg/L by the end of a 4-week fermentation. Notably, the poor RK in FBR was mainly due to the aeration rate of 0.15 v.v.m, which was insufficient to suspend the growing pellets. Importantly, as RK is subsequently converted to raspberry alcohol (RA) by a subsequent reduction, the RA in all bioreactors was observed to continually increase during the fermentation [11], as shown in Figure 3b. Thus, the sum of these two raspberry compounds (RC) can be considered an indication of the metabolite production level, giving insight into the overall fermentation (Figure 3c). Similarly to RK production, the highest RC titre of 50.9 ± 2.8 mg/L was also achieved in the PBR, followed by the STR (RC = 41.5 ± 1.5 mg/L), flask (RC = 38.3 ± 1.2 mg/L), and FBR (RC = 20.2 ± 1.9 mg/L).



Based on the summary of the titre concentration, yields, and productivities of these compounds shown in Table 2, it should be noted that the maximum values for each treatment for both RK and RC were achieved simultaneously. The time taken to reach these values (i.e., peak production point for RK) varied with the culture vessel used, wherein the flask experiments and FBR reached an endpoint after 2.5 weeks, while the STR stabilized at 3 weeks, and the PBR showed steady production over the entire 4 weeks. Importantly, the highest volumetric productivity for RK, as calculated by the peak production point, was achieved in the STR (0.90 mg L−1 day−1), followed by flask (0.78 mg L−1 day−1), PBR (0.74 mg L−1 day−1), and FBR (0.42 mg L−1 day−1). Thus, STR showed the best rates of production in the systems studied here.



The RK selectivity, defined by the fraction of RK product over total product (RC), in different bioreactors is shown in Figure 4. Similar to productivity, STR shows the strongest selectivity for RK at the peak point (i.e., 0.45), followed by PBR (i.e., 0.40), with both the flask and FBR showing a selectivity of 0.36. As both dense pellets (i.e., flask) and floccose pellets (i.e., FBR) showed equal proportions of RK and RA, this suggests RK selectivity is independent of pellet morphology and relies on more reactor conditions, whether these be dissolved oxygen levels or improved mass transfer via mixing. It is possible that STR showed better selectivity because the small compact pellets facilitated effective dissolved oxygen delivery, and efficient mixing by agitated impellers minimized the formation of a product concentration gradient, while PBR also enjoyed effectively aerated conditions [16,17]. Conversely, the lower selectivity caused by the collapsed bed of FBR helps to illustrate the link between lack of appropriate aeration, mixing, and increased RA accumulation.



As illustrated in Figure S1, phenylalanine used as the precursor could help the synthesis of RK, which was subsequently converted into RA due to the potential reductive hydrogenation in acid conditions, reflected by the pH profile in Figure 4b. The detailed phenylalanine consumption curves in different bioreactors during the fungal fermentation is shown in Table S1, which can also be used to explain the RK concentration change (Figure 4a), as well as the different RK selectivity in Table 2.



It can be observed that in the flask culture study, the proportion of RK sharply increases, followed by a strong constant decline, with the strongest transition to RA observed in this study, as evidenced by selectivity (i.e., 0.35). Conversely, both the STR and PBR did not show a rapid transition from raspberry ketone to raspberry alcohol, showing relatively stable values after an initial rise, and this may be due to relatively improved oxygenation as well as improved mass transfer when compared to that in the flask and FBR. Regardless of pellet morphology, a combination of mixing and aeration had positive effects on RK selectivity. It is also interesting to note that the glucose concentration profiles in Table S2 reveal that more glucose was consumed by the floccose pellets in the FBR and PBR compared to the compact pellets in flasks and STR. Conversely, while the flask treatment showed a low titre and selectivity, it provided the highest glucose to product yield (YP/S) of 7.1 mg/g. In all treatments, glucose consumption was steady, and often continued past endpoint. This confirms that glucose consumption is not correlated with the production of this secondary metabolite. Comparatively, RK yields with respect to phenylalanine consumption (Table 2) show that conversion was the most optimal for the STR, adding further evidence that the combination of strong mixing and aeration were beneficial for RK production.




3.3. Bioreactor Mixing Characteristics


As demonstrated above, different reactors with certain agitation and aeration designs have clear effects on pellet morphology, and these changes in morphology in turn affect reactor performance. It is interesting to note that STR pellets were small and compact, and showed better productivity (0.9 mg L−1 day−1) than the PBR treatment (0.73 mg L−1 day−1) which led to larger expanded pellets. Thus, it could be that more vigorous mixing, for example, in the flask culture and STR, promotes greater rates of production (which could be a direct impact of mixing) or the formation of smaller pellets, both of which could increase mass transfer. It may be equally possible that these smaller pellets and more rapid mixing allow for greater exposure of the fungus to UV light bombardment, which is a requisite for RK formation.



For a fair comparison, a fixed aeration rate of 0.15 v.v.m was maintained across each reactor design. The PBR required additional magnetic stirring to avoid severe dead zone formation; this caused pellet breakage and more turbid conditions (Figure 2c). Conversely, the FBR approach generates large, unbroken pellets, showing a substantially different pellet morphology from both the flask and STR. The FBR is mixed using bubbling alone, and as a result, the aeration rate of 0.15 v.v.m employed in this study was not sufficient to suspend the pellets throughout the entire culture period. As shown in Figure S2, fungal pellets were observed to be fully fluidized and homogeneously suspended by the bubble flows in the first two weeks, during which time the inoculated seed culture grew into pellets. From week 3, as pellets became enlarged and more hirsute, this led to insufficient upward flow from aeration, resulting in partial pellet agglomeration and sedimentation, with some pellets remaining in suspension. By week 4, all the pellets were settled on the bottom of column, forming a packed bed likely to be limited in air supply. The diminished circulation and air availability under the partially fluidized bed and packed bed regimes from week 3 to week 4 caused RC production to stop, and RK concentration to decrease. The poor mass and oxygen transfer may have promoted the conversion of RK to RA, as implied by the respective concentration trend in Figure 4. It would be possible to overcome this pellet agglomeration with dynamic aeration, however, and to achieve better results in the FBR.



Thus, different gas flowrates of 0.15, 0.3 and 0.45 v.v.m were studied regarding their effects on fungal growth and RK production. As shown in Figure 5a, the final biomass dry weight increased from 13.3 g/L to 18.1 and 14.8 g/L, when the gas flowrate increased from 0.15 v.v.m to 0.30 and 0.45 v.v.m, respectively. The lowest biomass growth in the experiments with a 0.15 v.v.m gas flowrate was because of the early pellet sedimentation due to the insufficient gas flow. However, the biomass in the experiments with the 0.45 v.v.m gas flowrate was lower than that with 0.30 v.v.m, indicating that the much higher gas flow might cause strong shear stress on pellet growth, as a higher gas flowrate led to more breakage of pellets into fragments. The curves of RK production are presented in Figure 5b, in which the RK concentration increased from 0 in week 0 to the maximum point at around week 2 before their reductions. Specifically, the highest RK concentration of 11.5 mg/L was achieved with a corresponding gas flowrate of 0.3 v.v.m, because both the early pellet sedimentation at a lower gas flowrate (0.15 v.v.m) and the severe pellet elutriation at a higher gas flowrate (0.45 v.v.m) inhibited the bioproduction. However, the final RK concentrations were relatively close, as RK was rapidly consumed due to the poor mixing and oxygen supply in the packed bed regime, occurring in all the cases in the final week of the experiments. The low mass transfer and poor gas supply led to the accumulation of RA, as oxygen is believed to delay the RK–RA conversion. In other words, poor gas supply will result in a greater RK reduction but a high RA accumulation. This is confirmed by Figure 5c, which shows that the highest RA concentration was from the condition with the lowest gas flowrate of 0.15 v.v.m. A slight reduction in RA was noted for the conditions of 0.30 and 0.45 v.v.m at the end of fermentation, indicating that other bioconversions involving RK and/or RA conversions took place at relatively higher gas flowrates, leading to higher compound accumulation in 0.15 v.v.m than that in higher gas flowrate conditions (Figure 5d). In summary, a fixed gas flowrate ranging from 0.15 to 0.45 v.v.m with 0.15 mm gas sparger ID cannot provide the complete pellet fluidization within the 4-week fermentation, due to the small bubble size and increased pellet biomass. The optimal gas flowrate of 0.30 v.v.m not only showed higher mass transfer and gas supply compared to 0.15 v.v.m gas flow, but also mitigated pellet elutriation compared to higher gas flowrates, thus leading to higher biomass accumulation and RK synthesis.




3.4. Challenges and Prospects of Different Bioreactor Designs


To date, RK production using Nidula niveo-tomentosa reported in the literature has mainly been conducted in flask culture. The present study sheds light on the comparative effects of different bioreactor systems on fungal morphology, which is linked to bioproduction. The results indicate that a filamentous morphology is more appropriate for long-term fermentation, as the fungal fragments in PBR resulted in a continual increase in RK over the 4 weeks of fermentation; meanwhile, RK production in the flask and STR systems rapidly accumulated faster, thus saving fermentation time, which could have significant ramifications for capital and operational costs. Care must also be taken to maintain conditions that favour RK selectivity (i.e., well-mixed aeration systems). It should also be noted, however, that excessive growth of free mycelia represents operational problems. For instance, mycelia were observed to aggregate and attach to the baffles of STR, and to form dead zones in the vessel corners of the PBR. Other issues such as fouling of the fermenter probes, back growth along nutrient feed and sampling lines, losses in efficiency due to increased viscosity, and limited mass transfer have also been reported by other researchers [30,31].



One advantage of the fluidized bed reactor is that it can provide mixing without additional hardware such as a shaking bed or impellers. Similar to batch cultivation in a flask, the design of the STR and PBR facilitates intensive mixing in a manner similar to a shaking bed with impellers, or aeration-based mixing systems. Conversely, a fluidized bed reactor relies on continuous upflow, which not only enables mixing, but also the circulation of nutrients and metabolites. However, care must be taken to avoid overly strong upflow, which can cause pellet elutriation and biomass loss. On the other hand, an insufficient upflow in an FBR could result in pellet agglomeration and sedimentation, which mitigates the bioproduction of RK, as reported here. In recent years, many researchers have also reported the application of fluidized bed reactors in bioproduction and bioprocessing. For instance, Pereiro et al. [32] used a magnetic fluidized bed to capture and detect infectious bacteria. Silva et al. [33] investigated hydrogen production using anaerobic fluidized-bed reactors, and reported that the best values of hydrogen production were achieved with the system operating at minimum fluidization velocity (1.24 cm/s). These reports were based on the fluidization of solids prepared from surface functionalized beads [32,34,35] or immobilized cells/enzymes [33,36], which had very stable solid sizes and could maintain homogenous fluidization with a fixed liquid/gas flowrate, leading to good bioproduction performance. However, in the fungal fermentation study presented here, although fungal pellets could be directly fluidized using bubble flows, without the need for surface functionalization or solid immobilization, the pellet size continued to increase and the pellet morphology became floccose during the fermentation, which means a fixed gas flowrate was unable to maintain pellet fluidization. Thus, the decrease in RK from the third week of fermentation in the FBR design reported here can be attributed to pellet settlement due to an insufficient gas flowrate (0.15 v.v.m), which could only maintain the fluidized bed in the first 2 weeks of fermentation. With continual pellet size increase and biomass growth, it gradually turned into a partially fluidized bed and packed bed; hence, the RK only increased in the first 2 weeks, which accounted for the RK increase in the first two weeks, and the reduction in the final two weeks. Further improvements in RK production with an FBR system may be achieved with dynamic management of the gas/liquid flowrate to avoid pellet settlement as well as pellet wash out, thereby achieving stable fluidization. It is quite possible that this system can perform much better in more suitable operating conditions, and may potentially surpass the limitations of other systems by contributing significantly more oxygen and mixing, while avoiding pellet disruption (leading to elutriation/fungal agglomeration).





4. Conclusions


This study comprehensively investigates the effects of agitation and aeration in different bioreactors on pellet morphology and the production of raspberry ketone and raspberry alcohol. Specifically, the PBR resulted in larger, floccose pellets accompanied by maximum titres of 20.6 mg/L RK and 50.9 mg/L RC. STR with impeller mixing yielded compact elliptical pellets, which induced the highest volumetric productivity of 2.0 mg L−1 day−1 and RK selectivity of 0.45. Conversely, the collapsed bed of the FBR led to an RK concentration of 7.4 mg/L, which was surprisingly 45.6% lower than that in the flask, with a reduction in volumetric productivity of 46%. Based on the study of different bioreactor systems presented here, clear links have been established between bioreactor design, fungal pellet morphology and resultant raspberry ketone production, showing overall that bioreactor design is fundamental in and essential for effective fungal fermentation. Thus, this paper highlights the various bioreactor designs available for fungal fermentation and subsequent bioproduction, and provides a basis for studying industrial sustainability.
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Figure 1. Schematic diagrams of the experimental setup: (a) panel bioreactor (PBR), (b) fluidized bed reactor (FBR). 
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Figure 2. Images of pellet samples after 5-week fermentations in (a) flask culture, (b) STR, (c) PBR, and (d) FBR. (e) Pellet size and sphericity after 5-week fermentation in different bioreactors, (f) Biomass concentrations of fungal cells after 5-week fermentation in different bioreactors and (g) Illustration of the pellet’s morphology variation in different bioreactors. 
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Figure 3. Bioproduction in different bioreactors over 4 weeks of fungal fermentation: (a) RK production versus time, (b) RA conversion versus time, (c) total RC concentration versus time. 
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Figure 4. (a) Selectivity of RK versus time, (b) pH profile in different bioreactor systems during fungal fermentation. 
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Figure 5. Study of gas flowrates on fungal growth and bioproduction: (a) final biomass dry weights under different gas flowrates, (b) RK curves during 4-week fermentation, (c) RA production during fermentation, and (d) RC accumulation during the fermentation. 
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Table 1. Summary of the main operating parameters in different bioreactor systems.
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	Operating Conditions
	Flask
	STR
	PBR
	FBR





	Cultivation volume (mL)
	48
	750
	400
	1000



	Aeration rate (v.v.m)
	/
	0.15
	0.15
	0.15



	Liquid flowrate (mL/s)
	/
	/
	/
	~0.25



	Agitation rate (rpm)
	/
	300
	0–180
	/



	UV-A radiation (h/day)
	10
	10
	10
	10
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Table 2. Various yield values at peak production points in different bioreactors, using glucose and phenylalanine as substrate.
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	Yields
	Flask
	STR
	PBR
	FBR





	Peak production point (week)
	2.5
	3.0
	4.0
	2.5



	RK (mg/L)
	13.7 ± 1.2
	18.9 ± 0.7
	20.6 ± 0.7
	7.4 ± 0.1



	RA (mg/L)
	24.6 ± 0.4
	22.6 ± 1.3
	30.3 ± 2.7
	12.8 ± 1.9



	RC (mg/L)
	38.3 ± 1.2
	41.5 ± 1.5
	50.9 ± 2.8
	20.2 ± 1.9



	RC YP/S of glucose (mg/g)
	7.1 ± 0.5
	3.8 ± 0.2
	2.5 ± 0.9
	1.3 ± 0.1



	RC YP/S of phenylalanine (g/g)
	52.1 ± 0.1
	68.1 ± 0.2
	54.2 ± 2.8
	49.8 ± 0.1



	RK Vol. prod.*
	0.78
	0.90
	0.74
	0.42



	RC Vol. prod.*
	2.19
	1.97
	1.82
	1.16



	RK selectivity
	0.36 ± 0.09
	0.45 ± 0.05
	0.40 ± 0.07
	0.37 ± 0.09







* Vol. productivity (mg L−1 day−1).
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